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Directeur de thèse : Pr. Eric Olmos
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Elia pour les fous rires dans le laboratoire. Merci à Cindy pour tous les moments in-
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que grâce à toi, c’est la #TeamChien qui a gagné !
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labo toi) pour ton enseignement précieux sur les transferts de fichiers et les idées de
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Introduction

In recent years, the increasing number of new exploration and resource evaluation pro-

grams has shown a significant revival in the activity of reuse of primary and secondary

mineral resources (mining waste). At the same time, the treatment processes of these

resources remain a major issue. Deposits are now indeed increasingly complex, with

resources that feature unusual characteristics due to their mineralogical complexity or

high sulphur content. They become also smaller in size and with limited valuable metal

content. Mining wastes, often responsible for acid mine drainage, are also increasingly

accumulating and remain of limited interest for exploitation because of their low metal

content. For these types of resources, conventional treatment processes, such as py-

rometallurgy, are indeed unsuitable from both economic and environmental points of

view. In this context, hydrometallurgy which presents milder conditions (lower tem-

perature and sustainability) is thus a viable alternative. Among hydrometallurgical

processes, bioleaching considers the use of microorganisms in aqueous solution, which

reduces production and operating costs while being more environmentally friendly.

More particularly, bioleaching in agitated mode using large-scale stirred tank reac-

tors is seen as a process of interest as it may allow a better control of different operating

conditions and parameters such as physicochemical (temperature, pH, aeration, agita-

tion), biological (microbial consortium) and geometrical parameters (tank, impellers,

sparger, baffles). Thus, this process offers an interesting technical alternative to static

heap applications that may present limitations for the treatment of these new uncon-

ventional resources. However, till now, due to the large operational and capital expen-

ditures of large-scale bioreactors, bioleaching in agitated mode remains mainly limited

to the few cases with sufficient high metal value. The generalization of bioleaching

stirred tank reactor requires thus further technical optimization to reach its economic

viability. Nonetheless, recent advances showed that this may be a more generalizable

technology to answer the ecological concerns related to resources extraction.

Bioleaching thus involves particles (ore), liquid phase (water-like), a gaseous phase

(aeration / carbon feed) and microorganisms to ensure the biological reactions. Con-

sequently, the bioleaching process is based on the coupling between a complex gas-

liquid-solid hydrodynamics (generated by rotating impellers), chemical and biological

reactions. On one hand, kinetic modelling was widely reviewed in the literature but the

dedicated studies focused on reaction rates modelling and considered perfectly mixed
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systems. On the other hand, the description of multiphase hydrodynamics in bioleach-

ing tanks remains scarce and still needs more intense developments. For this purpose,

even if experimental data should still be generated, process modelling and especially

computational fluid dynamics has proven to be a powerful tool for describing complex

hydrodynamics. It allows indeed to access to yet unmeasurable data (particle stress,

local turbulent dissipation rates in dense multiphase flows) or to avoid costly exper-

imental campaigns (such as screening of system designs). In static conditions, the

coupling of mass transfer and transport was successfully applied with the development

of the HeapSim model, that represents the underlying phenomena of heap bioleaching

[1].

In this context, this PhD thesis work was the main component of the MODELIX

project, which aimed at the development of an integrated model describing the trans-

port phenomena within a bioleaching tank and their impact on chemical and biochem-

ical activities.

The achievement of this general goal was carried out along four parts:

• A literature review of bioleaching process characteristics, its operation and the

models used to simulate its chemical and biological performances was first pre-

sented in Chapter 1. Considering the importance of hydrodynamics description

in this work, a particular focus was put on expected transport phenomena en-

countered in the stirred tank reactor, such as gas-liquid mass transfer and hy-

dromechanical stress.

• Then, Chapter 2 sets the building blocks necessary for the structuring and val-

idation of the bioleaching model. For this, an extended experimental study of

a laboratory-scale bioleaching stirred tank reactor was carried out to describe

the evolution of chemical and biological kinetics over time. Along this study,

the microorganisms diversity and their distribution (respectively in the liquid

and on solid phases) were obtained using molecular biology tools. Additionally,

abiotic studies of the tank were also performed to determine essential hydrody-

namics parameters, namely the just-suspended agitation rate and the gas-liquid

mass transfer coefficient and to propose models linking these variables to process

operating conditions.

• One key phenomenon identified was the particle suspension and possibly the

hydromechanical stress encountered by these particles when transported in the

liquid phase. To produce new knowledge on the couplings between bioreactor

design and operation and these hydrodynamic characteristics, the work proposed

in Chapter 3 quantifies the impact of impeller design, agitation rate and solid
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concentration on particle suspension and particle stress by using 50 solid-liquid

CFD simulations. Scale-up criteria for particle stress and suspension homogeneity

were especially looked for by comparing 2-liter laboratory- and 800-liter pilot-

scales results.

• Lastly, as gas-liquid mass transfer is also expected to be one key limitation for

bioleaching process intensification, the Chapter 4 of this PhD aimed at developing

a CFD-based compartmental hydrokinetic model to enhance the knowledge of

the local phenomena impact, at the bioreactor scale. To this end, a CFD gas-

liquid model of a bioleaching stirred tank reactor was presented and used to

determine and validate the gas-liquid mass transfer coefficient model. To ensure

its ease of use, this approach was simplified and combined with results from kinetic

modelling to establish a compartmental model, focused here on the description

of oxygen transport within the bioreactor, in presence of biological and chemical

consumptions. Lastly, a scaling study was carried out to predict the distribution

of oxygen in the bioreactor from pilot- to industrial-scale.

This project was funded by an Inter-Carnot collaboration between the Institut

Carnot BRGM in Orléans, represented by the BRGM (French geological and mining

research center) and the Institut Carnot Icéel in Nancy, represented by the LRGP (Re-

actions and process engineering laboratory). The scientific collaboration is represented

on one hand by the BRGM, with an expertise in the development and operation of

bioleaching stirred tank reactors at laboratory-, pilot- and industrial-scale. On the

other hand, the LRGP constitutes an important pole in process engineering and has

developed numerous applications for the description of cellular microenvironments in

reactors. In addition, the team strongly relies on heavily on computational fluid dy-

namics tools and on the design of setups dedicated to the development and validation

of advanced models.
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1.1 Global state of metal-based resources

1.1.1 Increase of global metal consumption

Over the past few decades, the demand for metals has promptly increased due to the

growing needs of the modern society, thus increasing the pressure on natural resources.

These needs are first related to the surge of global population, which, despite the

slowdown in its growth, is estimated to reach 8.5 billion in 2030 [1]. Moreover, the

developing countries are expected to follow the trend of the industrialized countries in

terms of needs and it is expected that the global metal demand will increase three to

nine-fold [2]. As example, China entered an intensive, steel-dependent, phase of growth

between 2000 and 2010 which resulted in a 9.1% increase of global iron extraction [3]

and a 68.5% increase of the global crude steel production (from 850 to 1433 million

tons) [4]. The trend of global steel crude production is shown on Fig. 1.1.

Figure 1.1: World crude steel production since 1950, in million tons [4].

On the other hand, metal raw materials are essential basic resources for manufac-

turing most of the products used in everyday life applications. This is explained by the

multiple properties of metals such as conductivity, ductility, hardness, heat resistance

and even appearance. These particularities are increasingly used along technological

progress and are crucial for high tech products and emerging innovations, as shown in

Table 1.1 with the projected evolution of raw materials used [2, 5]. In contrast, the

number of metals needed for the production of an average mobile phone went from

10 in 1980 to more than 60 nowadays [6, 7]. Among them are particular metals of
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various qualifications, such as “energy metals” [8] or “high-tech metals” [9], because

of the unique capabilities and combination of properties they offer as alloys and their

relevance in the renewal energy sector. To give a few examples, neodymium magnets

are the strongest magnets on earth and can be easily used in many applications such

as medical imaging or computer hard drives due to its versatility ; gold is used in

wiring due to its high conductivity capabilities and cobalt is commonly utilized for the

production of high-performance alloys because of its high durability.

Table 1.1: Growth in raw material used today and predicted for 2030 [2]. Data given in tons.

Raw material Production ETRMD 2006 ETRMD 2030
Gallium 152 28 603
Indium 581 234 1911
Germanium 100 28 220
Neodymium 16800 4000 27900
Platinum 255 very small 345
Tantalum 1384 551 1410
Silver 19051 5342 15823
Cobalt 62279 12820 26860
Palladium 267 23 77
Titanium 7211000 15397 58148
Copper 1509300 1410000 3696070
Ruthenium 29 0 1
Niobium 44531 288 1410
Antimony 172223 28 71
Chromium 19825713 11250 41900

ETRMD = Emerging Technologies Raw Material Demand

In 2010, the European Commission defined a list of critical raw materials repre-

sented by their economic importance and potential supply risk [10]. Over the years,

this list was updated and, considering the criteria and the 61 raw materials screened,

30 of them were identified as critical raw materials, as shown in Fig. 1.2 [11, 12].

With the current economic development of the world and the state of technological

progress, the interest for these so-called critical raw materials will grow increasingly in

the coming years.
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Figure 1.2: Identification of the critical raw materials. The broken red line represents the
limit set by the European Commission (2018) [5]. Figure from the European Commission
(2020) [12, 13].

1.1.2 Metal-based resources depletion

The global use of metal-based resources is expected to double between 2010 and 2030

[14]. The direct consequence is the additional pressure put on natural resources due

to mining intensification, which leads to a decrease of recoverable resources reserves.

Whereas the scarce of resources has not yet been reached, the reserves are definitely

limited and, for the moment, can only be predicted based on the resources considered

recoverable and on the known natural stocks, as shown on Table 1.2.

Table 1.2: Recoverable reserves of key resources [3].

Recoverable resources Global extraction
from known reserves in 2010

×1 × 109 t ×1 × 106 t
Oil 233 3.573
Coal 1.318 7.025
Natural gas 176 2.609
Iron ore 190 2.634
Copper ore 100 1.877
Bauxite and alumina 28 226

9



CHAPTER 1. STATE OF THE ART

The pressure on natural resources also appears through the steady decline of the

average ore grade over the years. The average ore grade over the time is obtained using

the data given by the mining companies. Calvo et al. (2016) reported it over 38 mines

analyzed, which corresponded in 2016 to 5.26 g t−1 for gold ore, 9.6 % w/w for zinc

ore, 3.4 % w/w for lead ore and 1.48 % w/w for copper ore [15]. Mudd (2009) carried

out a complete study over the mines in Australia and, among others, determined the

evolution of the average ore grade over the years, as shown on Fig. 1.3 [16].

Figure 1.3: Ore grades of mines in Australia between 1840 and 2005. Figure from UNEP
(2011) [14] and data from Mudd (2009) [16].

While the mining industry has focused on the richest deposits, ensuring profitability

at lower cost, these deposits tend to thin out, forcing the focus on other deposits of

lower grade to cover the increasing material demand. This arises the issue of operating

cost (OPEX) on less rich deposits as their exploitation will require the extraction of

more raw material to obtain a similar extraction yield to the richer deposits. Process-

ing steps between the ore extraction and the metal production (transport, grinding,

separation, etc.) have to be applied to a larger ore quantity, leading to a rise of energy

consumption. Even with the technological improvements of the metallurgical processes,

the growth of energy consumption is still higher than the increase of metal production,

as shown in Fig. 1.4 [15].

Another phenomenon induced by the intensification of metal-containing resources

is the accumulation of wastes, mostly consisting of overburden, tailings and slag, that

are often little or not used and hold a potential negative environmental effect.

10



CHAPTER 1. STATE OF THE ART

Figure 1.4: Comparison of the total energy consumed (GJ) with the copper produced (t) in
the Chilean mines between 2003 and 2013. Figure from Calvo et al. (2016) [15].

1.1.3 Expansion of the range of resources used

During the last decades, the mining and metallurgy sectors thus entered a challenging

phase due to limitations of raw material availability and quality. Moreover, growing

concerns of the ecological impacts of mining add new insights about the value chain of

metals. In this regard, new ways of extracting the resources were found and developed

around the world in order to maintain sufficient supply of critical resources. For ex-

ample, in 2015, the European Commission adopted a Circular Economy package that

redesigned the value chain in a sustainable way [5]. This included the valorization of

resources previously seen as waste through recycling. Similar policies of regulations

and waste management were developed in the USA, South Africa and even globally, as

reviewed by Matinde et al. (2018) [17].

Wastes are generated throughout the process from the raw material extraction to

the processing of a metal, such as overburden, tailings and slags, as shown on Fig.

1.5. Similarly for end-of-life metal-base products, because of the pace of technological

improvements, wastes from electrical and electronic equipments (WEEE) coming from

the so-called ”urban mine” are accumulating at an alarming rate and were estimated

at around 50 millions tonnes in 2018 [18]. This waste holds a potential detrimental

environmental impact as they may exhibit one or more hazardous properties such as

toxicity, corrosivity, ignitability and reactivity [19, 20].
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Figure 1.5: Generation of wastes and environmental effects during the mining process. Figure
from Bian et al. (2012) [21].

In a sustainable development system, waste takes on the role of a new resource

because it contains valuable and potentially exploitable materials. However, these

resources could also be qualified as ”unconventional” as they present unusual features

in terms of range of shape, size and physicochemical properties [21]. On one hand,

tailings consist of very low grade of metals and can show a complex mineralogy or

a high sulfur content. On the other hand, WEEE contains a wide variety of metals

present in high concentrations but also non-metallic materials such as plastic, ceramic,

wood, etc. [22]. The valorization of these resources requires the adaptation of the

metallurgical processes to these specific characteristics in order to limit investment and

operating costs while maintaining a high extraction efficiency.

1.2 Extractive processes using metal-based resources

The evolution of processes linked to metal extraction evolved through the ages. Never-

theless, the major technical and scientific advances of these processes were during the

Industrial Revolution when the importance and versatility of metal were discovered,

leading to an explosive development of their extraction [23]. Nowadays, most of the

progress are tied to the optimization of existing methods.
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1.2.1 Mineral beneficiation

Beside mining, which is the extraction of ore, the recovery of metal from raw material

follows a succession of operations from the ore to usable metal. The first step is known

as mineral beneficiation or mineral processing and consists in the size reduction of the

ore and the concentration of minerals of interests. It includes mechanical, physical and

physicochemical treatments that can be classified in 4 types of unit operations:

• Comminution: Particle size reduction of the ore through a succession of crushing

and grinding operations (Fig. 1.6(a-b)). This operation has two main objectives:

(i) to increase the specific surface area of the particles and (ii) to increase the

degree of liberation by releasing the wanted minerals from the ore matrix. The

final size of the ore depends on the downstream process and varies from the

centimeter scale down to less than 100 microns.

• Sizing: Separation of the particles according to their size by screening or classi-

fication. This operation can also remove undesired materials.

• Concentration: Separation of the particles using their physical and chemical

properties. The aim of concentration is to increase the relative concentration of

the valuable part (concentrate) by separating it from the gangue or undesired

minerals (tailing). Multiple methods exist to concentrate the particles depending

on the properties of both the wanted and discarded minerals. For example,

gravity concentration will separate the particles based on their relative velocity

in a force field (gravity, centrifugal, magnetic or buoyant forces) [24].

• Dewatering/Drying: Removal of moist contained in the concentrate or tailing

using solid-liquid separation. This last operation facilitates the transportation of

the concentrate/tailing and also allows to meet the regulatory specifications for

safe deposition [25].

During the past decades, few improvements were done to the main principles of

mineral beneficiation aside from the evolution and optimization of existing machinery.

One of the biggest issue of mineral processing is the energy consumption and mostly

of the comminution part, which accounts for 50-70 % of the total energy consumption

[26, 27]. This is explained by the exponential increase of energy used inversely propor-

tional to the targeted particle diameter as the surface area of particles that needs to

be treated also increases exponentially with a decreasing particle size. Considering the

treatment of ”unconventional resources”, this energy consumption is even more impor-

tant as smaller particles may be required to attain the desired materials that may be

contained in more complex substrates, such as WEEE [28]. For this, a pretreatment

step has become common practice to weaken the ore before comminuting them, such

as heating, chemical addition or electrical impulses [29].
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Figure 1.6: Photographs of communition in the Rammelsberg Mine in Germany. (a) Chain
crusher used to break large particles and (b) ball mill to grind small particles.

1.2.2 Extractive metallurgy processes

These steps are followed by extractive metallurgy, which consists in chemical operations

to extract the metal from the particle-state ores. Various methods are being used for

extractions, such as hydrometallurgy and pyrometallurgy. Branches of these methods

exist, like electrometallurgy and ionometallurgy but remains in minority compared to

the other two. The choice of most suitable extractive metallurgy operation depends on

the properties of the material used and may be combined, as shown on Fig.1.7 [30, 31].

Figure 1.7: Example of a typical extracting metallurgy process.
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Most of these processes are also applicable to the urban mine. However, due to

the nature of the materials, additional steps of dismantling and separation are to be

expected.

Pyrometallurgy

Pyrometallurgy is the oldest extractive metallurgical process and consists in the extrac-

tion or refinement of valuable materials using high temperatures. Many technologies are

used for pyrometallurgy, which depend on the base material and the metal extracted.

As example, copper and nickel may be extracted using the following unit operations:

- Copper can be recovered from copper iron-sulfide or copper-sulfide minerals such

as chalcopyrite CuFeS2 or chalcocite Cu2S. A typical process for recovery is

through smelting and refining of an ore concentrate [32]. Using secondary re-

sources, copper may be extracted from slags or scraps (electronic wires or elec-

tronic wastes) following the same process as for copper ore [22, 33].

- Nickel is extracted from sulfide ores, mostly from concentrates containing pent-

landite (Ni, Fe)9 S8, chalcopyrite CuFeS2 and pyrrhotite Fe7S8, but can also be

recovered from furnace dust, slags or Ni-Cd batteries [34, 35]. Nickel production

processes include roasting, smelting and converting steps.

In the past two decades, pyrometallurgy became the main process to recover metals

from electronics wastes due to the surge of WEEE wastes [22]. The recovery methods

using pyrometallurgy were forced to follow the regulations on sustainable development.

As such, these methods evolved to complex processes including multiple operations

(incineration, smelting, drossing, sintering, melting and reactions in a gas phase) and

were included with other processes of metallurgical extraction. These changes allowed

to limit negative environmental impacts due to noxious gases emission and wastes

accumulation, as shown by Fig. 1.8 with the evolution of the zinc extraction process

[30, 36]. For comparison, the old process on Fig. 1.8a lacked means of recycling of all

wastes, which was improved, as shown on Fig. 1.8b, by hydrometallurgical technologies

to extract the remaining iron contained in the residues. Moreover, with the addition

of an electrolysis step, the zinc purity was improved and the remaining dilute sulfuric

acid was recycled into a leaching step to replace the carbon reduction.
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Figure 1.8: Evolution of the process for zinc extraction from sulfide concentrates. (a) Old
pyrometallurgical route considering sphaleric oxidation by roasting followed by a zinc oxide
reduction and (b) new technology using pyro-, hydro- and electrometallurgical route. Figure
from Habashi et al. (2009) [30].

Hydrometallurgy

Hydrometallurgy is a multi-step process that uses aqueous solutions for metal extrac-

tion. It involves the extraction of metal via a leaching step allowing the liberation or

solubilization of the metal. Then, the metal recovery is performed through a combina-

tion of unit operations such as solvent extraction, electrowinning or cementation.

The leaching step uses diverse reagents. Due to the oxidative nature of the reac-

tions, these media will feature acidic compounds including H2SO4, HNO3, HCl and

aqua regia, and are combined with oxidants such as H2O2, O2, I2, Cl2 or Fe3+ [37–

39]. The main issue of the leaching step is the regeneration of the oxidant in order to

sustain the reaction. This regeneration may be done using chemical means, such as

oxidation using potassium permanganate, but was found to be slow nonetheless. The

other option is to used biological methods and, for comparison, the maximal biologi-

cal oxidation rate was found to be 10 to 20 times faster than the chemical methods [40].

Biohydrometallurgy is a branch of hydrometallurgy that considers the use of mi-

croorganisms to interact directly or indirectly with the mineral. The main advantages

of biohydrometallurgy compared to the traditional abiotic methods are the decrease of

operational costs (OPEX) and capital costs (CAPEX) due to the use of lower temper-

atures, and the sustainability of the process because of more environmental friendly

methods. Many applications can be considered using biohydrometallurgy to recover

metal from different resources, such as bioleaching, bioflotation, bioaccumulation, bio-

complexation, etc.. Among these applications, this study focuses on bioleaching.
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1.3 Bioleaching among the metallurgical processes

1.3.1 Bioleaching and biomining

Biomining, as defined by Johnson (2014), is a term describing the technologies that

utilize biological systems to facilitate the extraction and recovery of metals from ores

and waste materials [41]. It includes the bioleaching processes, that solubilize the tar-

get metal and biooxidation processes, that release the occluded target metal from the

mineral. Both processes of biomining share the same reactions and microorganisms.

Although the use of biomining is fairly recent in mining industry, historical record

shows that natural occurrences of bioleaching have been observed for centuries [42].

For instance, acid mine drainage (AMD) containing metals (Fig. 1.9a) were observed

by ancient civilizations such as the Romans and Phoenicians. Similar observations were

made and exploited centuries ago in the Rio Tinto Mines in Spain (Fig. 1.9b) and in

the Falun Mines in Sweden [43, 44]. In 1922, this natural phenomenon was linked to the

presence of unidentified sulfur-oxidizing microorganisms [45]. In 1947, Acidithiobacillus

ferrooxidans (formerly Thiobacillus ferrooxidans) was the first bioleaching microorgan-

ism to be isolated from an AMD of bituminous coal [46, 47]. The usefulness of these

microorganisms for extractive metallurgy led to many researches and developments of

processes that could use this potential. For this purpose, the first microorganisms-

assisted process was patented in 1955 and was used later on in 1964 for copper and

uranium extraction in the United States [48].

Figure 1.9: Photographs of (a) acid mine drainage in Pittsburgh and (b) the Rio Tinto Mines
in Spain.
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Following the first industrial bioleaching process, the technology has been widely

and increasingly reviewed and refined for a better understanding of its physical, bio-

chemical and microbial mechanisms, as shown in Fig. 1.10 [49]. Nowadays, the tech-

nology is used in dozens of large scale processes to recover metals from sulphide matrix

(or ores), mainly from refractory gold concentrates and from low-grade copper ore.

Recently, new developments have been carried out to widen its use to new resources

[50–53] such as oxidised ores (laterites) [54, 55], industrial and urban wastes (WEEE)

[22, 56] but, until now, they have not been applied at industrial scale yet. This research

work is focused on bioleaching applied to sulfide matrix.

Figure 1.10: Cumulative number of publications listed on Scopus and referring in their ab-
stract to biomining, using words such as bioleaching, biooxidation or biosolubilisation for
(A) the metal of interest and (B) the specific applications used for extraction. Figure from
Kaksonen et al. (2018) and data from Scopus [49].
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1.3.2 Common bioleaching applications

Industrially, two main techniques of bioleaching currently exist: static (percolation)

(Fig. 1.11a) and dynamic (agitation) (Fig. 1.11b) [43].

Figure 1.11: Representation of the main bioleaching principles. (a) Schematic representation
of the static heap leaching process and (b) Photograph of a stirred tank reactor in the Fairview
gold mine, in South Africa.

Percolation leaching is represented by four technologies: dump leaching, heap leach-

ing, in-situ leaching and vat leaching [57, 58]. The main technologies, dump and heap

leaching, consist in the irrigation of a heap with an acidic solution that may contain

microorganisms. The solution will percolate through the heap and as the heap rests on

an impermeable liner, the pregnant solution can later be collected at the base for metal

recovery [49]. Furthermore, the heap may be aerated to assist the permeability and the

microorganisms growth. Dump or heap leaching are essentially used for low grade ores

where concentration is usually not economy viable for common resources, such as low

grade copper sulfide [59]. Besides, the process is slow (several months or years) with a

poor yield, but is interesting due to its low OPEX [60]. Dump and heap leaching are

being used by dozens of commercial applications and produce 16% of global primary

copper [61].

Leaching in agitated mode uses stirred tank reactors in combination with microor-

ganisms for metal solubilization or liberation. On the contrary to percolation leaching,

it shows high CAPEX and OPEX. Because of this, bioreactors are mostly used for

high value ores and concentrates, containing metals such as gold, nickel or cobalt. The

extraction process is fast (several days) and the global yield is usually high (more than
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90%) [62]. The main interest of bioleaching stirred tank is the possibility to control

precisely the different parameters such as the physicochemical parameters (tempera-

ture, pH, aeration, agitation), the biological parameters (microbial consortium) and

the mass and energy transfers [63, 64].

As seen in the previous part, bioleaching is evolving towards the exploitation of

‘unconventional’ resources caused by the declining trend in mean ore grades. If heap

bioleaching has been the main process option for their treatment until now, it may

not be systematically the best solution. The main reasons that preclude heap process

are the composition of the materials to be treated (presence of carbonate causing heap

clogging, or high concentrations of sulphides that lead to uncontrolled and excessive

temperature increase in the heap) and the lack of sufficient space, especially in densely

populated areas like in Europe. In such cases, bioleaching STR might be a technical

alternative but is mostly too expensive except in very few cases when the metal value

is high enough (e.g. such as in Uganda for the cobalt recovery in flotation tailings

[65] or in Finland for the valorization of nickel from talc mining residues [66, 67]).

Further technical optimization is still needed for this technology to reach an economic

viability. Nonetheless, recent advances showed that this may be a fitting technology to

answer the ecological concerns related to resources extraction. Bioleaching processes

were proven to be used in integrative processes, such as for the CEReS and ASPIRE

projects that relate industrial symbiosis between wastes streams to enhance resource

efficiency with waste reuse [68, 69]. Khaing et al. (2019) showed that the technology is

also adaptable to environmental-friendly lixiviant, with the use of iodide-iodine mixture

as an alternative to gold cyanidation [70]. Lastly, as water scarcity is becoming an issue

while still being essential for resources extraction, Boxall et al. (2017) demonstrated

that saline and brackish water could be used in bioleaching processes as an alternative

to fresh water in water scarce regions, such as Australia and Chile [71].

1.3.3 Mechanisms of mineral dissolution

Bioleaching mechanisms have been widely reviewed in the literature to understand the

complexity lying behind the mineral dissolution and the role of the microorganisms

in this process [72–74]. The process was formerly described as ”direct” and ”indirect”

bioleaching depending on the role of the microorganisms in the leaching part [75, 76].

Direct leaching is represented by a direct electron transfer from the metal sulfide to

the attached microorganisms, as shown in the following reaction for direct leaching of

pyrite FeS2:

FeS2 + 3.5 O2 + H2O
bacteria−−−−→ Fe2+ + 2 SO 2−

4 + 2 H+ (1.1)
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However, no direct electron transfer through enzymes, nanowires, etc. were demon-

strated yet, and kinetics and electrochemical studies disproved the existence of such

transfers [77–79]. Because of this, a direct mechanism does not seem to exist. Recently,

new terms were suggested to better fit the actual process: ”contact” and ”non-contact”

leaching [77, 80]. Both terms are related to the indirect leaching where the metal sul-

fide is oxidized by ferric iron (Fe3+) which comes from ferrous iron (Fe2+) oxidation by

iron-oxidizing bacteria, as shown on Fig.1.12. Contact or non-contact leaching respec-

tively correspond to attach or planktonic cells.

Figure 1.12: Description of contact and non-contact bioleaching mechanisms by planktonic
and attached cells, respectively. The different layers are the extracellular polymeric substance
(EPS), inner membrane (IM), periplasmic space (PS) and outer membrane (OM). Figure
reprinted from Srichandan (2019) [81].

The regeneration of Fe3+ takes place in an extracellular polymeric substance (EPS)

layer, secreted by the microorganisms on the mineral surface and containing these

microorganisms [82, 83]. EPS are composed of polysaccharides, proteins and lipids

that are secreted by acidophilic microorganisms and adhere to the cell walls [84]. This

layer seems to play an essential role in metal dissolution as its properties allow an

increase in cell adhesion to metal sulfide and a reaction space for Fe3+ [85–87]. It was

indeed shown, using atomic force microscopy, that the removal of EPS on the surface

of chalcopyrite led to a decrease of attached cells on the particle surface [88].
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Attached cells on the particle surface assist both mechanisms and release sulfur

colloids, sulfur intermediates and minerals fragments. These compounds are managed

by the planktonic cells in the non-contact mechanisms and the combination of both

processes was qualified as ”cooperative leaching” [80, 89]. These mechanisms describe

the role of microorganisms in the process and their interaction with the mineral sulfides

but fail to describe the chemical reactions that take place in the liquid broth. For this,

the work of Schippers et al. (1996) identified two different pathways: the thiosulfate and

the polysulfide pathways, as shown on Fig.1.13 [73, 90, 91]. These different pathways

result from the existence of two groups of metal whose respective atomic properties,

make them soluble or insoluble in acid media [92].

Figure 1.13: Schematic representation of (a) the thiosulfate and (b) polysulfide mechanisms
during the bioleaching of a metal sulfide. Af, Lf and At represent Acidithiobacillus ferrooxi-
dans, Leptospirillum ferriphilum and Acidithiobacillus thiooxidans, respectively. Figure from
Srichandan et al. (2019), modified from Schipper and Sand (1999) [91, 93].

Thiosulfate Pathway

The thiosulfate pathway is the reaction mechanisms for acid-insoluble metals, repre-

sented by pyrite (FeS2), molybdenite (MoS2) and tungstenite (WS2) (Fig. 1.13a). This

pathway consists in an oxidation of the metal sulfide through an attack of Fe3+, leading

to a soluble sulfur oxyanion (S2O
2–

3 ) and a ferrous iron ion (Eq. 1.2). The thiosulfate

is highly unstable in acid conditions and is oxidized to tetrathionate, which will be

degraded into differents compounds, such as elemental sulfur, sulfite, trithionate and

pentathionate. Finally, due to the composition of the medium and the presence of

sulfur-oxidizing microorganisms, most of these compounds will be oxidized to sulfate

(Eq. 1.3) [41, 94].
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FeS2 + 6 Fe3+ + 3 H2O −−→ 7 Fe2+ + S2O 2−
3 + 6 H+ (1.2)

S2O 2−
3 + 2 O2 + H2O −−→ 2 SO 2−

4 + 2 H+ (1.3)

As seen previously, ferric iron is regenerated by the iron-oxidizing microorganisms

(Eq. 1.4). This reaction requires oxygen as it is the final electron acceptor in the cell,

as seen in Fig. 1.12. An abiotic oxidation of ferrous iron is also possible but is very

slow in acidic and low temperature media and, as such, is negligible compared to the

microbial oxidation. Using microbial oxidation of sulfur-oxidizing species, elemental

sulfur can also be oxidized into sulfuric acid using Eq. 1.5.

14 Fe2+ + 3.5 O2 + 14 H+ −−→ 14 Fe3+ + 7 H2O (1.4)

S0 + 2 O2 + 2 H+ −−→ H2SO4 (1.5)

Polysulfide Pathway

The dissolution of most metal sulfides, which are acid-solubles, such as sphalerite (ZnS),

galena (PbS), arsenopyrite (FeAsS), chalcopyrite (CuFeS2) and hauerite (MnS2), is

done according to the polysulfide pathway (Fig. 1.13b). In this mechanism, the metal-

sulfur bond of the metal sulfide is cleaved by proton attack [73] (Eq. 1.6, with a

monosulfide as example). The resultant sulfidic sulfur is then frequently dimerized into

hydrogen disulfide which is oxidized into elemental sulfur via polysulfides using ferric

iron [93] (Eq. 1.7). It is interesting to note that this oxidation does not necessarily

need ferric iron as dioxygen could act as the electron acceptor. Nonetheless, due to

the low efficiency of this reaction, the presence of ferric iron is preferable [91]. Lastly,

the elemental sulfur is further oxidize to sulfuric acid by the sulfur-oxidizing microor-

ganisms (Eq. 1.8). In the absence of these microorganisms, elemental sulfur is usually

stable enough to remain in the medium.

MeS + Fe3+ + H+ −−→ Me2+ + 0.5 H2S2 + Fe2+ (1.6)

0.5 H2S2 + Fe3+ −−→ 0.125 S8 + Fe2+ + H+ (1.7)

0.125 S8 + 1.5 O2 + H2O −−→ SO 2−
4 + 2 H+ (1.8)

23



CHAPTER 1. STATE OF THE ART

1.3.4 Complementary mechanisms

Bioleaching liquors contain a wide variety of species in solution, necessary for mi-

crobial maintenance. For example, the 0Km medium contains (NH4)2SO4, H3PO4,

MgSO4 · 7 H2O and KOH in non-negligible quantities [95]. In addition to the reactive

species mentioned above, extreme physicochemical conditions are encountered in bi-

oleaching liquors, such as low pH and high redox potential, which may be responsible

for additional reactions that can go against the bioleaching mechanisms, such as pas-

sivation, precipitation or cementation.

Precipitation is one of the most common complementary mechanism in bioleaching

and may be used to remove iron from the medium as with jarosite formation using

ferric iron. However, it could also have a detrimental effect as ferric iron is necessary

for metal sulfide dissolution. Jarosite formation occurs at low pH, usually between 1.7

and 2.1 (Fig. 1.14), and requires a monovalent cation, such as potassium (K+), sodium

(Na+), ammonium (NH +
4 ) or hydronium (H3O

+) [96–98]:

A+ + 3 Fe3+ + 2 SO 2−
4 + 6 H2O −−→ AFe3(SO4)2(OH)6 + 6 H+ (1.9)

where A+ represents the monovalent cation.

Figure 1.14: Schematic representation of the jarosite formation depending on the pH. Figure
from Kaksonen et al. (2014) [97].

Between pH 2 and 4, ferric iron may also precipitate into schwertmannite where

there is a deficit of monovalent cations using the mechanism presented in Eq. 1.10.

Schwertmannite can further be converted to jarosite through ageing and decomposition

processes [99].

8 Fe3+ + SO 2−
4 + 14 H2O −−→ Fe8O8(OH)6(SO4) + 22 H+ (1.10)
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1.3.5 Diversity of microorganisms involved in bioleaching

Since the discovery of microorganisms in AMD and the awareness of their roles in

mineral dissolution processes, microorganisms have been used extensively in many ap-

plications. They have indeed key functions in biomining mechanisms thanks to their

robustness, capabilities and diversity, as shown in Table 1.3. As described previously,

their main interest is their ability to oxidize ferrous iron and elemental sulfur, allowing

the constant regeneration of the leaching oxidant and maintaining a low pH, which is

beneficial for the metal sulphide dissolution [61]. Even if most researches were focused

on At. ferrooxidans as the first microorganism to be discovered and isolated, a wider

range of microorganisms with similar physiological characteristics exists, including Ar-

chaea. These microorganisms were identified by many studies that followed the discov-

ery of At. ferrooxidans on the basis of their interest in biohydrometallurgy, as shown in

Fig. 1.15 [100]. In general, a consortium contains several bacterial and archaeal species

of each oxidizing types (iron- or sulfur-oxidizing). Consortia can either be found nat-

urally (indigenous consortium) or artificially created (designated consortium) [64]. A

common example of laboratory-used consortium is the BRGM-KCC consortium [101].

It is an indigenous consortium that combines several species including Leptospiril-

lum ferriphilum (iron-oxidizing), Acidithiobacillus caldus (sulfur-oxidizing), Sulfobacil-

lus benefaciens (iron- and sulfur-oxidizing), Sulfobacillus thermosulfidooxidans (iron-

and sulfur-oxidizing) and Ferroplasma acidiphilum (iron-oxidizing). In biomining op-

erations and especially for stirred-tank reactors, each process has its own consortium as

the microbial composition is expected to depend on the operating conditions (mineral,

temperature, pH, aeration) [102, 103].

Figure 1.15: Number of acidophilic microorganisms (Bacteria and Archaea) isolated following
the discovery of At. ferrooxidans. Figure from Watling (2016) [100].
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Most of bioleaching microorganisms were discovered in harsh environment, where

the conditions could be considered toxic to the vast majority of lifeforms. Amend et

Shock (2000) reported some of these discoveries, such as Thermocrinis ruber, discov-

ered in the alkaline hot spring in the Lower Geyser Basin if Yellowstone National Park

in USA, Methanococus jannaschii hosted by deep-sea hydrothermal systems at a depth

of 2600 m on the East Pacific Rise or Acidianus infernus, found in the Solfatara fields

of Naples in Italy [104]. Considering these environments, temperature is a good param-

eter to classify the different microorganisms in three main groups: mesophilic bacteria

(20-40°C), moderately thermophilic bacteria (40-60°C) and extremely thermophilic Ar-

chaea (60-80°C), depending on their optimal growth temperatures [74, 100, 105]. This

parameter is important in applications such as heap leaching because of the exothermic-

ity of metal sulphide dissolution that may dramatically increase the temperature of the

heap [106, 107]. As example, the oxidation of pyrite and chalcopyrite produces 2.578

and 2.883 kJ mol−1, respectively [104]. Brierley (2003) demonstrated that increasing

the temperature of a heap column for gold-recovery containing mesophilic, moderately

thermophilic and extremely thermophilic microorganisms led to important variation

of microbial consortia depending on the temperature and position in the heap, which

led to various degrees of sulfur oxidation [108]. Moreover, while the different microor-

ganisms have shown similar efficiency for metal recovery in heap leaching, extreme

thermophile microorganisms have proven to be slightly more beneficial, with the ex-

ample of Sulfolobus spp. which was found to be persistent in heap that can maintain

a high temperature for a long time, as in Escondida heap, in Chile [100, 109, 110].

Apart from the high temperatures, these environments also feature low pH (< 3)

because of the oxidation of sulfur components into sulfuric acid, leading to an acidifica-

tion of the surrounding medium. Bioleaching microorganisms are acidophiles in nature

because of their ability to thrive in these environments. They are able to maintain

a neutral internal cellular pH, which is essential for their energy intake mechanisms

as species such as ferrous iron are weak reductant [111, 112]. As such, pH is closely

related to bacterial growth and efficiency, as shown by Plumb et al. (2008) for various

bioleaching organisms in stirred tank reactor [113]. The growth diversity of microor-

ganisms can be showed by comparing optimal growth pH and temperature (Fig. 1.16)

[100].
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Figure 1.16: Optimal growth pH and temperature of most microorganisms associated with
biohydrometallurgy. The microorganisms are represented by their metabolism, namely iron-
oxidizing (Fe OX), iron- and sulfur-oxidizing (Fe+S OX), sulfur-oxidizing (S OX) and het-
erotroph (HET). Figure from Watling (2016) and data from commercial culture-collection
database [100].

Lastly, the substrate composition and concentration have a particular interest in

biomining processes considering their respective influence on microorganisms. The

leaching of a substrate will inevitably lead to the solubilization of components that may

have a detrimental effect on the microorganisms. Two phenomena are thus commonly

observed: inhibition and toxicity.

• Inhibiting components can be products, substrates in high concentration or even

biological-based components that will slow-down or limit the microbial activity

via fixing mechanisms on the enzyme responsible for this activity. In biomining

processes, these inhibitions may alter the microorganisms ability to fix or process

ferrous iron or elemental sulfur. For example, Nurmi et al. (2009) demonstrated

that, for cultures of Leptospirillum ferriphilum, ferric iron had an inhibiting effect

on ferrous iron oxidation [114].

• Toxic components will directly affect vital functions such as enzyme inactivation,

cell damage or formation of precipitates with essential metabolites, which may

lead to cellular death [115]. While some metals are usually necessary for basic

cellular mechanisms, they are considered toxic at high concentration. As biomin-

ing operations feature such conditions, it is often necessary to adapt the strains

used to high metal concentrations. However, it was shown that a higher metal

tolerance is not related to bioleaching efficiency, as shown by Watkin et al. (2008)

for a copper-tolerant thermophilic consortium in a copper sulfide heap [116].

Recently, researches in biohydrometallurgy made consistent progresses in prospect-

ing of new microorganisms that may be suited for various processes. Considering the

current issues raised in the previous parts of this work, some focus were made to find

suitable consortia in order to reach a sustainable approach. Kaksonen et al. (2018) pre-

dicted the requirement of chloride-tolerant acidophilic microorganisms that could allow
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the use of seawater in arid regions [49]. In a different approach, consortia with high re-

sistance to multiple metals are sought for e-waste bioleaching due to their polymetallic

composition and high metal concentrations [117].

1.4 Improvement of bioleaching processes through mod-

elling

1.4.1 Towards the digital evolution of bioleaching processes

Biohydrometallurgy and its underlying technologies were vastly improved for the past

decades. Many researches were made to understand the complex mechanisms that com-

pose these processes and to optimize them. This effort was dependent on an important

interdisciplinary engagement including the work of geologists, chemists, metallurgists,

microbiologists and chemical engineers [118, 119].

The digital revolution is beginning to offer powerful tools to assist the mining in-

dustry, such as modelling, artificial intelligence and machine learning. These tools have

the potential to use the knowledge of a technology in order to optimize a process, lim-

iting greatly the necessity of costly and lengthy experimental campaign.

Bioleaching, among the biohydrometallurgy processes, was focused by modelling

tools to improve some aspects of its operation. As a biochemical engineering pro-

cess, existing models were modified and apply to represent phenomena such as micro-

bial growth, oxygen transfer, ore oxidation, energy balance and transport phenomena

[120, 121]. These models were adjusted to account for their correlation with physico-

chemical parameters of the system considered, as reviewed by Mahmoud et al. (2017)

[122]. For example in stirred tank reactor bioleaching, the couplings between microbial,

mineralogical, physicochemical and geometrical factors need to be taken into account

to optimize the process design and efficiency (Fig. 1.17).

As of today, the most comprehensive model is the HeapSim model of Petersen and

Dixon (2007), which is an approach to represent the underlying phenomena of heap

bioleaching [123]. The model was used to a great extend to establish and optimize

multiple heap processes, for example van Staden et al. (2017) used it to model a high

temperature heap bioleaching in Mintek, South Africa [124]. Based on the HeapSim

model, Ahmadi et al. (2012) established a kinetic model for complex copper sulfide ores

bioleaching in stirred tank reactor, adapted for multiple minerals and microorganisms

[125]. However, this model lacked the physical modelling description of the complex

hydrodynamics observed in STR.
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Figure 1.17: Factors influencing bioleaching in STR. Figure reprinted from Mahmoud et al.
2017 [122].

1.4.2 Sulfide mineral oxidation

In mineral leaching, the mechanism of dissolution of a sulfide ore is an oxidative-

reduction reaction. Thus, the kinetics of dissolution is tied to the chemical and electro-

chemical conditions of the environment [126]. Moreover, due to the particulate nature

of sulfide mineral in bioleaching processes, the size variation of the particle during dis-

solution also plays an important role. For this, Bouffard et al. (2006) represented the

rate of dissolution rs (mol kg−1 h−1) as a function of 3 parameters [127]:

rs = Gs · dXc,s

dt
= Gs · K(T ) · f(C) · g(dp,0, Xc,s) (1.11)

where Gs (mol kg−1) is the initial sulfide mineral grade, Xc,s (−) is the mineral

conversion, K(T ) a temperature-dependent rate constant, f(C) a chemical function

depending on the media composition and g(dp,0, Xc,s) a topological function represent-

ing the size variation of a sulfide ore of initial particle size dp,0 (m) during leaching.

Thermal function K(T )

The thermal function K(T ) can be expressed by the Arrhenius equation:

K(T ) = Kref · exp
[
−Ea

R

( 1
T

− 1
Tref

)]
(1.12)

where Kref (h−1) and Tref (K) represent the reference temperature and kinetic con-

stant value respectively, Ea (J mol−1) is the activation energy and R (=8.314 J mol−1 K−1)

is the ideal gas constant.
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Chemical function f(C)

The chemical function f(C) represents the impact of the solution composition on the

rate equation. Over the years, dozens of empirical functions were established based on

the assumption of a rate-limiting reaction [127]. For this, experimental measurements

were carried out to determine the order of reaction of the sulfide ore, relatively to the

component of the solution, as shown in Table 1.4 for pyrite.

Holmes and Crundwell (2000) assessed the issue through the electrochemistry of

the reaction [126]. As the leaching mechanism is an oxidative-reduction reaction, the

chemical function is the kinetics result of two half-cell reactions. For example using

pyrite, the first reaction is given by the oxidation of pyrite (Eq. 1.13) and the second

is the reduction of ferric iron and oxygen (Eq. (1.14-1.15)).

FeS2 + 8 H2O −−→ Fe +
2 + SO 2−

4 + 16 H+ + 14 e− (1.13)

Fe +
3 + e− −−→ Fe +

2 (1.14)

O2 + 4 H+ + 4 e− −−→ 2 H2O (1.15)

Crundwell (2013) explained that these reactions occur at all points on the mineral

surface and at the same potential, the mixed potential, at which the net production

of electron is zero [79]. Thus, the necessary condition for dissolution occurrence is

that the net rate between anodic and cathodic reactions is also zero. Furthermore,

the Butler-Volmer equation can be used to describe the rates of the respective half-

reactions, where the anodic half reaction is considered irreversible and the cathodic

half-reaction is considered reversible:

ra = ka × exp
(

γaFEm

RT

)
(1.16)

rc = kc
[
Fe3+

]
× exp

(
(γc − 1)FEm

RT

)
− k1

c

[
Fe2+

]
× exp

(
γcFEm

RT

)
(1.17)

where k and k1 (−) are kinetic rate constants of the dissolution, γ (−) is the

transfer coefficient, F is the Faraday’s constant and Em (V) is the mixed potential.

The transfer coefficient γa and γc were reported symmetrical by several studies and it

can be assumed that γ = γa = γc [126]. With the previous hypothesis that ra = rc, the

following expression can be obtained:

Em = F

RT
× ln

(
kc [Fe3+]

ka + k1
c [Fe2+]

)
(1.18)
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This last expression can be injected into 1.16 to obtain the chemical function of the

rate of dissolution:

f(C) = ka ×
(

kc [Fe3+]
ka + k1

c [Fe2+]

)0.5

(1.19)

Following this, two distinct types of leaching kinetics exist and relate the limiting

form of the previous equation [139]:

> Type I for ka ≫ k1
c [Fe3+], where ferric reduction is relatively slow:

f(C) ∝
[
Fe2+

]0.5
(1.20)

> Type III for ka ≪ k1
c [Fe2+], where ferric reduction is relatively fast:

f(C) ∝
(

[Fe3+]
[Fe2+]

)0.5

(1.21)

It was shown by Bouffard et al. (2006) that, for pyrite, the optimal value of ka is

zero and thus, pyrite oxidation is characterized by type III leaching [127].

Topological function g(dp,0, Xc,s)

The topological function comes from the particulate nature of the leached mineral.

The mineral available surface will decline during the dissolution, as shown in Fig.

1.18, which will affect the available reactive surface and thus, the reaction rate [140].

Moreover, the sulfide mineral may be contained in a non-soluble silicate matrix, which

could complicate the estimation of the dissolution kinetics.

Figure 1.18: Schematic representation of the shrinking of a particle during dissolution.

The topological function is commonly represented using shrinking sphere or shrink-

ing core type models, which will assume a constant, uniform size reduction of a spherical

particle [141]. However, due to the observed variation of particle grade, size and shape,

these models are often difficult to apply. A generalized model is given as the power-law

expression proposed by Dixon and Hendrix [142]:
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g(1 − Xc,s) = (1 − Xc,s)φ (1.22)

where φ is a topological parameter that can be adapted depending on the particles

characteristics. The parameter will be equal to 2/3 for spherical particles and was

observed to be as high as 3 for a wide size distribution [142]. This parameter could be

used dynamically, as the particle distribution will evolve during the leaching. Further-

more, multiple rate equations could be determined, each representing a specific size

distribution with a particular φ.

Lastly, the topological function can further be improved by adding the initial parti-

cle size d0 (m) and the solid molecular mass Ms (kg mol−1) and mass density ρs (kg m−3)

as proposed by Bouffard (2003) [127, 140]:

g(1 − Xc,s) = 6Ms

ρsd0
(1 − Xc)γ (1.23)

Combining Eq. 1.11, 1.12, 1.21 and 1.23, the overall equation for spherical pyrite

particles dissolution can be determined [125]:

rs = Kref × exp
[
−Ea

R

( 1
T

− 1
Tref

)]
×
(

[Fe3+]
[Fe2+]

)0.5

× (1 − Xc)γ (1.24)

where

K = Kref × 6Ms

ρsd0
(1.25)

This equation can be further improved by adding the impact of jarosite precipitation

on the presence of Fe3+. Bouffard and Dixon (2009) assumed a linear equilibrium

between Fe3+ and H2SO4 to approximate the jarosite formation [143]:

Kjar = [H2SO4]
[Fe3+] = 0.3 (1.26)

where Kjar is the equilibrium constant.

1.4.3 Microbial modelling

In bioleaching mechanisms, microbes are mainly responsible for the oxidation of ferrous

iron (Eq. 1.4) and elemental sulfur (Eq. 1.5). A particular attention was given to the

development of a rate equation for the oxidation of ferrous iron due to the importance

of ferric iron for mineral dissolution. Most of these are unstructured kinetic models

which represent growth and ferrous oxidation using simple mathematical models [144].
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The rate of biomass growth rX (cell l−1 h−1) can be modelled as the difference be-

tween microbial growth and death:

rX = d [X]
dt

= (µ − kD) [X] (1.27)

where [X] (cell l−1) is the biomass concentration, kD (h−1) the death rate and µ

(h−1) the specific growth rate. The later can be modelled using various models that may

consider one or multiple substrates consumption and inhibition from different sources.

The most common model is the Monod equation, which is a simple empirical model

representing the specific growth rate based on a limiting substrate utilisation [145]. For

example, the specific growth rate for iron-oxidizing bacteria can be represented by the

following Monod equation:

µ = µmax ·

[
Fe2+

]
KFe2+ +

[
Fe2+

] (1.28)

where µmax (h−1) is the maximal specific growth rate and KFe2+ (mol l−1) is the

half-velocity constant, where µ/µmax = 0.5. As the Monod equation is an empirical

correlation, both µmax and KFe2+ are obtained experimentally and are dependent on the

microbial species and the experimental conditions. Moreover, important differences are

still observed from one strain to another [146]. Due to these facts, it is often difficult to

obtain precise data for bioleaching microorganisms kinetic parameters as the microbes

strive in various environments and often work in consortia, which highly impacts the

values of the parameters. Nonetheless, average values are often taken to represent a

specific class of bacteria based on their oxidizing type and temperature dependency.

Bouffard and Dixon (2009) reviewed some of these values as shown on Table 1.5 [143].

Table 1.5: Growth parameters for bioleaching microorganisms [143].

Parameter Temperature Iron-oxidizing Sulfur-oxidizing

µ (h−1)
M 0.11 0.007

MT 0.11 0.009
T 0.11 0.035

K (mol l−1) − 0.1 × 10−3 0.1

M = Mesophilic ; MT = Moderately thermophilic ; T = Extremely thermophilic.

Considering the common data available during experimental measurements, an al-

ternative formulation in terms of ferrous iron consumption rate, via the Pirt equation,

was proven better [147]. Furthermore, this formulation allows to take the microbial

maintenance mFe2+ (h−1) into account, representing the basic energy expenses of a

microorganism to maintain its primary functions:
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rFe2+ = rX

Y max
FeX

+ mFe2+ [X] (1.29)

where Y max
FeX (mol cell−1) is the ferrous oxidation yield per unit of biomass.

Lastly, the previous formulation can be related to the biomass concentration using

the specific ferrous iron consumption, as shown by the following equation:

qFe2+ = rFe2+

[X] (1.30)

Review of literature rate equations

Over the last decades, the rate equation for the microbial oxidation of ferrous iron

was widely reviewed, as shown by Table 1.6 [148]. Multiple assumptions were made to

characterize the phenomena influencing microbial growth. While the kinetic constants

will vary depending on the microbial strain considered, a general equation can still be

established. Jones et al. (1983) observed an inhibition of At. ferrooxidans at high

concentration of Fe3+, which they translated into an additional term on the Monod

equation, as shown on Eq. 1.31 [149].

µ =
µmax

[
Fe2+

]
Km

(
1 + [Fe3+]

Ki

)
+
[
Fe2+

] (1.31)

with Ki (mol l−1) an inhibition constant.

Similar observations were made by Nurmi et al. (2009) who observed a competitive

inhibition of Fe2+ by Fe3+ for L. ferriphilum cultures in fluidized bed bioreactor [114].

Braddock et al. (1984) proposed to include a threshold value of Fe2+ which takes into

account the absence of microbial growth at too low concentration (Eq. 1.32) [150].

µ =
µmax

([
Fe2+

]
−
[
Fe2+

]
t

)
Km +

([
Fe2+

]
−
[
Fe2+

]
t

) (1.32)

with
[
Fe2+

]
t

(mol l−1) the ferrous iron concentration threshold value. The value was

experimentally determined for At. ferrooxidans at 2.5 × 10−4 mol l−1.
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Furthermore, Özkaya et al. noticed that, in batch bottles cultures of L. ferriphilum,

this value linearly increased with the initial concentration of Fe2+ and Fe3+ [146].

Nikolov et al. (1992) represented the rate equation using a Haldane kinetics, which

represents the impact of self-inhibition of the substrate, which was later proved to be

adapted for cultures of At. ferrooxidans and L. ferriphilum [114, 146, 151]. Nurmi et

al. (2009) also added the effect of multiple metal concentrations and their inhibiting

effect on microbial growth as observed for L. ferriphilum cultures [114]. The work of

Crundwell (1997) has shown that the model could be widen to multiple substrates and

products such as H+ or O2 concentrations [152]. As O2 supply is known to be one rate-

limiting mechanisms in bioleaching, its importance as a substrate in the specific growth

rate equation was used in multiple complete model such as the HeapSim model. For

this, Bouffard and Dixon (2009) used a dual substrate equation to include the impact

of dissolved oxygen concentration on growth, as shown by Eq. 1.33 [143].

µ = µmax ·

[
Fe2+

]
KFe2+ +

[
Fe2+

] · [O2]
KO2 + [O2]

(1.33)

where KO2 is the half-velocity oxygen constant (= 5 × 10−5 mol l−1).

The rate equation for the elemental sulfur oxidation may be obtained using similar

equations. As sulfur-oxidizing bacteria growth is also limited by dissolved oxygen

availability, a dual-limiting substrate equation is also often used to represent the growth,

as shown by Eq. 1.34.

µ = µmax · [S]
KS + [S] · [O2]

KO2 + [O2]
(1.34)
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Modelling of the effect of pH and temperature on microbial growth

In microbial processes, it is known that microorganisms are sensible to environmental

conditions, viz. medium composition, pH, temperature and oxygenation. As shown in

the previous part of this work, each microorganism has an optimal range of pH and

temperature for its growth (Table 1.3).

Ojumu and Petersen (2011) showed that the specific microbial oxidation rate for L.

ferriphilum cultures follows a symmetrical bell-shaped curved with the variation of pH

of the medium around the optimum of the microorganism considered [159]. As a matter

of fact, a pH below the optimal value has a negative effect on bacterial growth due to

the difficulty to maintain a neutral cytosolic pH. On the other hand, a pH higher than

the optimal value limits the availability of protons, which are needed for ferrous iron

oxidation [152]. Moreover, as seen in the previous section, precipitation phenomena

occur at pH above 1.7, which restraints iron and monovalent cation availability and

indirectly affects the growing efficiency [97, 98]. As shown by the model of Crundwell

(1997), this variation can directly be represented in the rate equation as a function of

H+ concentration (Eq. 1.35) [152].

rFe2+ = K1


[
Fe2+

]
/ [H+]

Km +
[
Fe2+

]
/ [H+] + Ki

[
Fe3+

]
0.5 (

[O2]
KO2 + [O2]

)0.5

(1.35)

The effect of temperature on microbial growth can be described with a bell-curved

below the optimal temperature but after this temperature, the growth decreases sharply

to 0. It is explained by the absence of microbial activity observed at lower temperature

and the cell destruction at higher temperature [148, 160]. Various models may be used

to represent such impact. The most commonly seen in the literature is the Ratkowsky

equation, that represents the impact of temperature on the maximal specific growth

rate:

µmax = b (T − Tmin) [1 − exp (c (T − Tmax))] (1.36)

where b (h−1) and c (°C−1) are constants that depend on the microbial strain. Franz-

mann et al. (2005) determined the value of these constants and growth temperature of

several Bacteria and Archaea, as detailed in Table 1.7 [161].
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Bouffard and Dixon (2009) also developed an alternative to the Ratkowski model to

determine the impact of temperature, which can be used in specific microbial oxidation

rate models [143]. This model characterized mathematically the asymmetrical, bell-

shaped curve with the minimum, maximum and optimal temperature of microbial

viability. This is represented by the function fg(T ), which varies depending on the

temperature, as shown by the following equations:

fg(T ) = B

exp (T ) + exp (−AT ) (1.37)

where

B = A
1

1+A + A
−A

1+A (1.38)

T = ln (Bcoshπ)
[
− 1

A
+
(

T − Tmin

Tmax − Tmin

)(
1 + 1

A

)]
(1.39)

Then, A can be evaluated using the implicit equation:

Tmin + (Tmax − Tmin)
[

A

(1 + A)2
lnA

ln (Bcoshπ)

]
= Topt (1.40)

This function fg(T ) can directly be included in the rate equation. It will act as a

progressive switch depending on the medium temperature. For T ≈ Topt, fg(T ) will

be maximum and roughly equal to 1. For T ≤ Tmin or T ≥ Tmax, fg(T ) will be at its

lowest and nearly equal to 0. As described by Fig. 1.19 for L. ferriphilum, both models

produced equivalent results to show the impact of temperature on bacterial growth.

While the adapted model failed to represent accurately the absence of microbial growth

at both extremes, it offered the advantages of avoiding the necessity of the required

constants of the Ratkowski model.
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Figure 1.19: Impact of temperature on L. ferriphilum growth using the Ratkowski model and
the adapted model of Bouffard and Dixon (2009) [143].

1.4.4 Transport phenomena modelling

As explained in the previous section, bioleaching is based on a chemical dissolution

of a metal sulphide which is assisted by microorganisms. The biological and chemi-

cal models alone assume the homogeneity of biomass, substrates and dissolved gases

throughout the system considered. This is nearly met for small scales system such as

laboratory-scale set-up but is hardly reached when considering the usual industrial-

scale bioleaching processes. As a matter of fact, static processes can extend up to

millions of cubic meters and dynamic processes are often carried out in multiple tanks

of size up to 1000 m3. Whether this process is carried out using static or dynamic

approaches, transport phenomena is thus expected to play an important role on the

process efficiency.

Heap leaching is based on the irrigation of a heap with an acidic solution that

percolates through flowing channels within solid particles that constitute the heap.

Additionally, aeration of the heap is performed to assist permeability and bacterial

growth. This leads to multiple flow domains that should be considered for transport

phenomena modelling: solid, stagnant liquid, flowing liquid and gas. Prior to the cre-

ation of the HeapSim model, the transport phenomena within a heap were investigated

by multiple authors, as pointed Bouffard and Dixon (2001) who further developed the

models [120, 162]. Current models assume a plug flow behaviour of the flowing so-
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lution through the heap and mass transfer phenomena between stagnant and flowing

solutions using side-pore diffusion. The later is determined using mathematical models

such as the mixed side-pore diffusion (MSPD) that considers solution concentration

homogeneity of the pores (Fig. 1.20).

Figure 1.20: Representation of the MSPD model. Figure reprinted from Bouffard and Dixon
(2001) [120].

In mechanically-mixed systems, kinetic models were translated from the existing

static models as kinetics is mostly dependent on the substrates and microorganisms.

Additionally, theoretical models of gas-liquid mass transfer can be used to represent

the oxygen mass transfer into the solution [163]. However, the transport phenomena

highly differ from the ”static” processes as the system is mechanically mixed. Various

parameters have proven to be of influence on the distribution of the scalars transported

in the flow, as shown on Fig. 1.21. A better control of these parameters is expected to

enhance process efficiency [164].

Currently, experimental representation of the solid mixing efficiency in a STR ex-

ists, such as the determination of mixing indices using a mesh tank by Harrison et al.

(2020) [164]. Furthermore, recent studies of Zheng et al. (2018) used CFD modelling

to represent the three-phase hydrodynamics of a bio-oxidation STR [165, 166]. How-

ever, despite the availability of both kinetic and hydrodynamic studies, no model fully

represents the coupling of these methods on STR, which is critical considering the com-

plexity and size of industrial bioleaching STR. Hence, the importance of hydrodynamics

in bioleaching STR processes will be looked for in the next section.
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Figure 1.21: Representation of a bioleaching gas-liquid-solid STR and the components influ-
encing scalars transport.

1.5 Importance of hydrodynamics in bioleaching STR pro-

cesses

Bioleaching mechanisms were widely reviewed to represent the intricacy of both mi-

crobial growth and activity, and mineral dissolution. However, the modelling of these

mechanisms and standard bioreactor scale-up rules generally assume the homogeneity

of biomass, substrates and dissolved gases concentrations throughout the reactor. This

is nearly met for laboratory scale reactors but hardly reached at the industrial scale

due to higher circulation timescales.

1.5.1 Quality of mixing in STR

As in any chemical engineering process, the management of bioleaching stirred tank

bioreactors is aimed at optimizing the reacting conditions to accelerate the oxidation

processes of the sulphides and to maximize the solubilization or liberation efficiency

of valuable metals. This optimization of the reacting conditions is probably closely

related to the homogeneity of biomass, substrates and dissolved gases throughout the

reactor in order to maximize the contact between these components [167, 168]. This

is especially important considering that the interactions between the microorganisms
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and sulphides (microbial attachment and biofilm formation) are considered as key pa-

rameters to improve bioleaching [61, 122]. To this end, improving mixing efficiency

would result in a decrease of the mixing time, which will be translated by a better

mass transfer and an improvement of the suspension quality [121, 169].

As previously presented in Fig. 1.21, a bioleaching stirred tank is described as a

cylindrical baffled tank with a flat or dish bottom. The gases are distributed in the

medium using a perforated sparger. Lastly, mixing is carried out by means of a stirring

shaft containing one of multiple impellers. While the medium used in bioleaching is

close to the composition of water, with similar viscosity and density, it also contains

often high level of solid (up to 30% w/w) and must be well aerated due to the oxygen

demand of the oxidation reactions. Due to these, the impellers are carefully chosen

to ensure: (i) the homogenization of the solution component, (ii) the solid particles

suspension and dispersion, (iii) the bubbles dispersion and breakages while avoiding

impeller flooding to enhance gas-liquid mass transfer.

Mixing was focused by a large number of studies and, independently of the solid

and gas phases dispersion, the relation between liquid mixing and impeller geometry

was closely considered [170]. The common approaches to evaluate the impact of an

impeller on blending fluids are to estimate the pumping capacity of the impeller and

the mixing time. The pumping number NQ can be used to represent the volumetric

pumping capacity of an impeller relative to its diameter and rotational speed:

NQ = Qp

ND3 (1.41)

with Qp (m3 s−1) the impeller pumping capacity, N (s−1) the agitation rate and D

(m) the impeller diameter. On the other hand, the mixing time θm represents the time

needed to obtain a certain degree of homogeneity, which directly depends on the local

turbulence, responsible for local mixing [171]. Nienow (1997) established a relation

of θm for single impeller systems, which is related to the tank and impeller diameters,

and the turbulent energy dissipation ε (m2 s−3) but is independent on the impeller type

[172]:

θm = 5.9 ·
(

T

D

)1/3
ε−1/3T 2/3 (1.42)

with T the tank diameter (m). The mixing time is usually in order of magnitude

of several seconds to several minutes to achieve a mixing efficiency of 95% [173].

Considering the various parameters impacting mixing, medium composition will

have a negligible impact as most bioleaching media may be considered similar to wa-

ter. The temperature can greatly vary on bioleaching processes depending on the
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consortium and substrate used, which can significantly impact the liquid viscosity.

Nevertheless, this factor is rather easily controlled in stirred tank reactor and remains

fixed during the process. On the other hand, geometry, composition (liquid, solid and

gas) and component parameters (particle and bubbles diameters) are essential for opti-

mizing the mixing conditions [168, 174]. Significant power consumption of the process

comes from mechanical mixing, which is partially related to the solid content (through

sufficient agitation rate ensuring suspension and gas-liquid mass transfer efficiency)

and its physical properties [175, 176]. Bioleaching in STR involves substantial power

consumption to reach these mass transfer performance, which results in high OPEX

that limit, until now, the use of this technology to the treatment of high added-value

resources (mainly refractory gold ores). Besides these commodities, the expansion of

bioleaching to ‘unconventional’ primary resources requires adapting the STR process

to the characteristics of these resources in order to limit CAPEX and OPEX while

maintaining high extraction efficiency [65, 177]. These resources present a wide range

of shape, size and physical properties which makes difficult the establishment of gen-

eralized scale-up rules.

Power consumption

The power number Np was the first and most widespread parameter used to link the

power consumption to the geometric parameters of the tank and impellers [178]. Fur-

thermore, it allows the determination of the power consumption per unit of volume

P/V , which is considered as the best criterion for the scale-up of STR [179, 180] as

it could be related to mass transfer capacities or mixing times [181, 182]. The power

number Np, initially depending on the Reynolds number Re, the Froude number Fr

and the dimensionless geometric parameters of the tank, was refined over the year until

the work of Rushton et al. (1950), which presented the following equation [178, 179]:

NP = P

ρlN3D5 = f

(
Re = ρlND2

µ
, Fr = N2D

g

)
(1.43)

with P (W) the power required for the impeller rotation, ρl (kg m−3) the fluid

density and µ (Pa s) the liquid viscosity. As most bioleaching STR feature baffles to

avoid the formations of a whirlpool, the impact of the Froude number is negligible in

comparison with the Reynolds number impact. Furthermore, it is a well-known result

that, for a turbulent regime (Re > 104) of baffled vessels, the power number is also

independent of the Reynolds number and reaches a constant value that only depends

on bioreactor design [179]. The impeller power number for various impellers is shown

on Table 1.8. It is also important to emphasize that the required power P (which is

related to the electric power consumption) should be preferentially minimized to limit

the OPEX of the bioleaching process, which is antinomic with high hydrodynamic

performance.

46



CHAPTER 1. STATE OF THE ART

Table 1.8: Literature data of asymptotic impeller power numbers in turbulent regime.

Impeller NP Literature reference
RT4B 4.0 [183]
RT6B 4.0 - 6.0 [180]
R600 4.2 [183]
HTPGd 0.67 [183]
EEd 1.7 - 2.1 [184, 185]
A310 0.3 - 0.5 [186]

RT4B = 4-bladed Rushton turbine ; RT6B = 6-bladed Rushton turbine ; R600 = R600 spiral
backswept impeller ; HTPGd = HTPG down impeller ; EEd = Elephant-Ear down impeller
; A310 = Lightnin A310 impeller

1.5.2 Solid suspension

Although the power number was widely used in the literature to define standard designs

of solid-liquid stirred tank, this parameter is not sufficient to describe the suspension

quality, defined by the spatial distribution of the particles within the flow. Alternative

parameters need to be considered in order to optimize the solid distribution [187, 188].

Experimentally, various approaches allowed to measure the influence of geometry or

experimental conditions on solid distribution, such as sample withdrawal, conductiv-

ity, laser Doppler velocimetry, optical attenuation, magnetic resonance imaging and

electrical resistance tomography [164, 168, 175, 176, 189–191]. These studies used dif-

ferent parameters to describe the homogeneity of the solid such as the cloud height,

the just-suspended agitation rate and the suspension quality.

To describe a specific suspension state, the just-suspended agitation rate Njs, shown

in Eq. 1.44, defines the minimal agitation rate ensuring the suspension of all solid parti-

cles [192–195]. This parameter also has the advantage of being the optimal condition to

limit the hydromechanical stress in these bioreactors as it minimizes dissipated power,

which makes it an interesting parameter to design tank operation. The following equa-

tion, called the Zwietering’s equation, represents the just-suspended speed Njs as a

function of geometrical and physicochemical parameters:

Njs = S · ν0.1
l ·

[
g (ρs − ρl)

ρl

]0.45

· W 0.13
s · d0.2

p · D−0.85 (1.44)

with νl (m2 s−1) the liquid kinematic viscosity, Ws (−) the solid-liquid mass ratio,

dp (m) the particle diameter, D (m) the impeller diameter and S (−) a function of

various geometrical ratios of the tank and impeller.

However, despite the interest of determining the Njs and its wide use in recent

works, it is insufficient to represent the distribution of particle suspension as it only
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informs the state of the suspension at one particular point. Mak (1992) established a

parameter, the suspension quality, that allows the determination of standard deviation

of the local solid concentration as a way to characterize the solid distribution [196]. The

suspension quality Hs can be calculated as the volume-averaged difference between the

local and the mean concentration of solid particles [197–199]:

Hs = 1 −
√

1
Vtot

·
∫∫∫

Vtot
(αs − ⟨αs⟩)2 dV (1.45)

with Vtot (m3) the total volume, αs (−) the local volume fraction of the solid phase

and ⟨αs⟩ the volume-averaged value of particle concentration in the vessel. However,

the experimental set-up complexity makes difficult the use of this method to screen a

high number of bioreactor designs. A previous study by Harrison et al. (2012) has

proven a proper bioleaching system with a meshed tank could give enough data for

this parameter to be experimentally determined [168]. Nonetheless, due to the diffi-

culty of experimental implementation and measurement, the screening of suspension

performance may advantageously also be reached through numerical means such as

Computational Fluid Dynamics (CFD).

1.5.3 Gas-liquid mass transfer

Dissolved gases such as oxygen (O2) and carbon dioxide (CO2) play an important role

in bioleaching mechanisms. As seen previously in the microbial oxidations, shown in

Eq. 1.4 and 1.5, O2 is the final electron acceptor for the renewal of essential substrates,

such as ferric iron. Consequently, aeration must be carefully designed in bioleaching

processes when using aerobic consortia as O2 is one of the limiting components for

iron and sulfur oxidation and bacterial growth [200, 201]. Moreover, it was shown that

increasing dissolved oxygen (DO) leads to an increase of sulfide oxidation rate [202]. In

all cases, it is preferable to optimize the gas-liquid mass transfer to ensure a sufficient

supply of DO. From another perspective, the oxygen demand is related to the sulfide

content. For example, the oxidation of 1.0 mol of pyrite requires 3.5 mol of oxygen [203].

Also, because of the high temperatures, low pH and the presence of soluble metals in

bioleaching, reactive oxygen species can be formed, which were proven to be harmful

to the process [204, 205].

Carbon dioxide is the carbon source for autotrophic microorganisms and may be

used by some mixotrophic. Some researches investigated the impact of CO2 on bi-

oleaching efficiency with a shared result of an increase of efficiency when the air was

supplemented with CO2 [206–208]. Recently, Guezennec et al. (2018) provided more

insight concerning the impact of CO2 supplementation using a sulfidic copper concen-

trate and means to report the availability of CO2 to the biomass [209]. From this
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study, three main conclusions were drawn: (i) an increase of efficiency, up to 30%, was

observed with CO2-enriched air with a decreasing and nearly inhibiting result at higher

concentration, (ii) the absence of CO2 enrichment is responsible for a lag phase of the

microbial activity due to carbon limitation and (iii) CO2 enrichment impact both the

concentration and composition of biomass, thus it is difficult to estimate the optimal

CO2 concentration. Nonetheless, the underlying mechanisms that are impacted by

CO2 enrichment are still being investigated as it is still unknown whether it is the mass

transfer or the biological fixation that affects bioleaching efficiency.

A significant attention was put into gas-liquid mass transfer mechanisms in bioleach-

ing processes, especially for STR. The gas-liquid mass transfer rate can be modelled

using the following relation:

rgl = kla(c∗
g − cg,l) (1.46)

where rgl (mol l−1 h−1) is the gas-liquid mass transfer rate, kla (h−1) is the overall

mass transfer coefficient, c∗
g (mol l−1) is the equilibrium concentration, cg,l (mol l−1)

is the dissolved gas concentration. The model is dependent on a wide number of

parameters, mostly translated through the determination of kla and c∗
g.

Overall and local mass transfer coefficient

The overall mass transfer coefficient kla represents the resistance to the transfer en-

countered in the liquid and gas films between the gas and liquid bulk, as shown on Fig.

1.22. The resistance of the gas film is often considered negligible compared to the resis-

tance of the liquid film. This parameter is dependent on the geometrical parameters of

the tank (type, size and impeller, baffles and sparger design) and the physicochemical

composition of the medium (gas, liquid and solid) [40, 210].

kla is the product of kl, the mass transfer coefficient and a, the effective interfacial

area per unit volume. kl can be estimated from the surface renewal rates or the contact

time between gas and liquid while a will mainly depend on the distribution of bubble

sizes. Both of these parameters are difficult to measure and often approximated as a

global kla using static or dynamic method. For this, various approaches were developed

to estimate locally kl and later reviewed by Kulkarni et al. (2007) [211]. The main

used approaches are the two-fluid model and the penetration theory.
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Figure 1.22: Schematic representation of gas-liquid mass transfer in a triphasic medium.

The two-fluid model of Whitman (1924) supposes that the gas-liquid interface is

an interface between two stagnant fluids of different concentrations [212, 213]. Using

Fick’s law of diffusion, the mass transfer coefficient can be estimated:

kL = Dl

δ
(1.47)

where Dl (m2 h−1) is the diffusivity of gas in liquid and δ (m) is the film thickness.

The penetration theory of Higbie (1935) assumes that the mass transfer is an un-

steady mechanism due to a brief contact time between phases [214]. Gas-liquid mass

transfer will occur as long as there is contact between gas and liquid and each liquid

element will be exposed to gas for the same period of time, as shown by the following

equation.

kL = 2
√

Dl

πtK

(1.48)

where tK (h) is a characteristic time in turbulent flow, equal to
√

ν/ε. This uses

the Kolmogorov’s theory of isotropic turbulence which assumes that the gas-liquid in-

terface is isotropic.

The interfacial area per unit volume a can be calculated using the gas fraction αg

and the mean bubble diameter, as shown in Eq. 1.50. As the bubbles can present

various sizes and shapes, the mean bubble diameter has to be calculated using the

bubble size distribution n(l) (BSD). A common representation is the Sauter diameter

d32 (m), which uses the BSD and corresponds to the ratio of the third moment of the

distribution to the second moment:
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d32 =
∫ x

0 l3n(l)dl∫ x
0 l2n(l)dl

(1.49)

As the interfacial area per unit of volume represents the total bubbles surface on

the total volume V (m3), it can be related to the Sauter diameter and the gas fraction

by the following equation:

a =
∫ x

0 πl2n(l)dl

V
= π

∫ x
0 l2n(l)dl

Vg

Vg

Vl + Vg
= π

∫ x
0 l2n(l)dl

π
6
∫ x

0 l3n(l)dl
αg = 6αg

d32
(1.50)

The bubble size can also be determined using various empirical correlations which,

depending on the approximation, can depend on the sparger geometry, the gas flow

rate, the gas and liquid physicochemical parameters and the energy dissipation. In

bioleaching applications, the presence of solid particles may impact the liquid effective

density and viscosity. Recently, Davoody et al. (2016) suggested a correlation of the

bubble diameter based on previous empirical formula, that can be adapted for slurry

reactors [215, 216]:

db = 1.98φ0.5
g ρ−0.6ε−0.4σ0.6 + 0.0015 (1.51)

where φg is the gas holdup and ρ (kg m−3) the slurry density, equal to φgρg +φlρl +
φsρs, ε (m2 s−2) the energy dissipation rate and σ (N m) the surface tension.

Equilibrium concentration c∗
g

According to Henry’s law, the equilibrium concentration c∗
g is given by:

c∗
g = Pg

H
(1.52)

where Pg (Pa) is the partial pressure of the gas in the bubbles and H (mol l−1 Pa−1)

is Henry’s law constant. Henry’s law shows that an increase of Pg will lead to an increase

of c∗
g and thus, to a rise of the driving force (c∗

g − cg,l) in the equation describing the

gas-liquid mass transfer rate (Eq. 1.46).

The solubility of a gas in a liquid is also affected by the composition of the medium,

represented through Henry’s law constant H. Due to the presence of ionic solutes in

bioleaching media, solubility is negatively impacted by salting-out. The magnitude of

this salting-out effect can be represented using Sechenov’s equation [217]:

log
(

c∗
w

c∗
e

)
= kSe,e × ce (1.53)

where c∗
w and c∗

e are the solubility of the gas in water and in the electrolyte re-

spectively, kSe,e is the Setchenov’s saline effect parameter of the electrolyte and ce is
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the electrolyte concentration in the medium. To determine the solubility of a gas in a

solution with multiple electrolyte, the Schumpe’s model can also be used [218]:

log
(

c∗
w

c∗
e

)
=
∑

i

hi × ci (1.54)

where hi is an empirical parameter depending on the ion i. Few models exist for

bioleaching media because of the wide variety and complexity of media used. For

instance, Mazuelos and al. (2017) established an empirical relation to determine the

oxygen solubility for copper-based sulphide mineral bioleaching:

c∗
g = c∗

w − 12.698 × 10−pH − 0.0555cF e2+ − 0.0290cF e3+ − 0.0265cCu2+ (1.55)

Advantages of STR for gas-liquid mass transfer

As seen previously, dissolved gases are essential in bioleaching mechanisms due to the

necessity of oxygen for mineral dissolution and microbial oxidations. STR processes

offer great capabilities for gas-liquid mass transfer, which is related to the important

gas mass flow rates used, the supplementation of air with carbon dioxide and the use of

spargers that lowers the initial bubble size. Furthermore, most impellers are adapted

for bubble breakage and dispersion throughout the tank, which increases the gas-liquid

mass transfer. Because of these, higher oxygen transfer rates may be achieved in STR

with a relative easy operability. For example, Guezennec et al. (2017) reported a max-

imum OUR of up to 1.8 g l−1 h−1 under oxygen-enriched atmosphere for the leaching of

a pyritic tailings.

Despite these advantages, the aeration must be cautiously considered as power

consumption is directly related to the gassing rate. This is shown using the aeration

number NA which translates the gassing rate Qg (m3 s−1) on the impellers parameters:

NA = Qg

ND3 (1.56)

Taghavi et al. (2011) observed the ratio between gassed and ungassed power con-

sumption Pg/P at different aeration number and showed that Pg/P was inversely pro-

portional to NA [219]. The power loss depends on the impeller and gassing rate used,

with the Rushton impeller showing Pg/P below 0.4 [220, 221].

The power loss varied from 5 to 50% depending on the impeller and gassing rate

used, which is explained by the formation of gas-filled cavities behind the blades at the

highest gas flow numbers.
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1.5.4 Hydromechanical stress

In most cases, the improvement of mixing efficiency is closely related to an increase of

power dissipated by the impeller. However, from a physical point of view, the hydrome-

chanical stress generated by the agitation may also prevent the microbial adhesion or

even lead to lower process performances. This may be particularly detrimental for bi-

oleaching processes due to the major importance of microbial attachment and biofilm

formation [203, 222]. For instance, Xia et al. (2008) observed this detrimental effect

with At. ferrooxidans cultures in shaking flasks [223]. Similar observations were made

in STR during thermophilic cultures of Sulfolobus sp. [224, 225]. Moreover, it was

shown by Wang et al. (2014) that, for moderately thermophiles cultures, the propor-

tion of attached cells is higher than of planktonic cells [25]. Also, altering the capacity

of the cells to attach on the mineral surface leads to a decrease of bioleaching efficiency

[226]. Considering the effect of solid loading which can also induce physical stresses, it

was demonstrated by Witne and Phillips (2001) that the increase of solid concentration

in continuous STR induced an increase of the leaching rate until a point where it had

a negative effect, which could be caused by the attrition of cells [206]. Similar results

were observed by Raja (2005) in shaking bottles where a decrease in specific oxygen

consumption rate and cell viability was observed at increasing quartzite concentra-

tions [227]. In the same way, Nemati and Harrison (2000) observed that, if a partial

suspension of the pulp was obtained for a concentration of 18% w/v (corresponding

to 16% w/w with the hypothesis of ρs = 2610 kg m−3), the rate of iron solubilization

was reduced [228]. They concluded that, beyond a critical pulp concentration, cells

were disrupted and their metabolic activity impaired. However, achieving complete

particle suspension led to an apparent cell damage, as shown by a reduced cell count.

More generally, it must be underlined that solid concentration has not the same influ-

ence on mesophilic and moderately thermophilic bacteria (such as Leptosirillum and

Acidithiobacillus sp.), and extremely thermophilic archaea (such as Acidianus, Metal-

losphaera, and Sulfolobus sp.). STR bioleaching with archae cannot be operated at

a solid concentration above 12.5% whereas solid concentration can reach 20% in bi-

oleaching plants using mesophile and moderate thermophiles [61]. This difference is

generally attributed to the shear sensitivity of archaea that have no rigid cell wall.

To understand the previous results, it is important to consider that, in bioleaching

reactors, hydromechanical stresses may impact the process performance following three

phenomena: (i) direct shear of the liquid phase on the microorganisms in suspension

(Fig. 3.1a), (ii) shear stress on particles that potentially hold adhered microorganisms

or biofilms (Fig. 3.1b), and (iii) particle-particle frictions and collisions (Fig. 3.1c).
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Figure 1.23: Description of the hydromechanical stress applied on microorganisms due to:
(a) direct shear of the liquid; (b) shear stress on particles; (c) particle-particle frictions and
collisions.

The occurrence of direct shear is still debated. It is generally assumed, but not

completely demonstrated, that only the turbulent eddies of the same order of length

or lower than the particle size are potentially detrimental to the particles and thus the

microbial adhesion and biofilm formation [229]. In this case, namely some turbulent

eddies are lower than approximately the particle diameter, particles are transported in

the inertial subrange of turbulence and are subjected to turbulent stresses. To quantify

the relationships between particle stress and hydrodynamics, Thomas (1964) provided

the expression of particle stress σp (Pa) as related to the local mean square fluctuating

liquid velocities u′
l [230]:

σp = ρlu′
l
2 ≃ 0.7ρl (εdp)2/3 ∝ ε2/3 (1.57)

In isotropic and homogeneous turbulence, the local mean square fluctuating liquid

velocities depend on the local turbulent dissipation rate ε (m2 s−2) and on particle

diameter dp (m). These researches were emphasized by the work of Kolmogorov (1941),

who introduced microscales to represent the local isotropic state in turbulent flow

[231, 232]. The Kolmogorov length scale lK = (ν3/ε)0.25
gives an estimation of the

size of the smallest eddies in the flow. In this equation, ε is the power dissipation per

unit of mass (or turbulent dissipation rate) and ν is the kinematic viscosity. Using

this parameter and the previous assumption, hydrodynamics should have no impact

on planktonic microorganisms if, locally, the Kolmogorov length scale is higher than

the microorganism diameter [233]. This means that, if dp < lK , the particles are

transported in the viscous subrange of the turbulence and are mainly subjected to

viscous stresses, which translates with the following equation:

σp = µG = µ

√
ε

νl
∝ ε1/2 (1.58)

with G (s−1) the local velocity gradient. Considering microorganisms of the mi-

crometer scale, the maximal power dissipation necessary to induce direct cell damage
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would be ε ∼ 1 × 106 W kg−1, which is unlikely to be reached in standard stirred tank

bioreactors. In comparison, the value of power dissipation that would induce hydrody-

namic stress on particle with a diameter in the range 10 - 100 µm would be ε ∼ 0.01 -

100 W kg−1, which is more likely to be observed with usual mixing conditions.

Lastly, particle-particle frictions frequency and intensity depend on the local volume

fraction of particles and the relative velocity between particles, and consequently on the

design of the bioreactor, the agitation rate and the mean particle concentration. Cherry

and Papoutakis (1988) estimated that the energy of a particle-particle collision Ec

could be approximated by the kinetic energy of a particle moving at the velocity of the

smallest eddies, namely the velocity scale ulK , as defined by Kolmogorov [231, 234, 235]:

Ec = 1
2 · m · u2 ∝ 1

2 ·

4
3πρp

(
d

2

)3
 · u2

lK
(1.59)

ulK = (ε · ν)1/4 (1.60)

However, as bioleaching uses small particle size, from 10 µm to 1 mm, and mostly

solid concentration of less than 20% w/w, the resulting collision energy can be neglected

compared to the other mechanical stresses impacting microorganisms. To summarize,

the shear stress on particles is probably the most dominant phenomenon and should

be closely observed.

1.5.5 Scaling-up of bioleaching processes in STR

Bioleaching stirred tank has been commercially implemented for decades, mostly using

large tanks of working volume up to 1000 m3. As enlightened in the previous sections,

the implementation and control of large industrial-scale processes requires upstream

optimization due to the high CAPEX and OPEX. For this, the scale-up approach has

been used as an experimental tool to answer these issues.

The scale-up procedure depends on the acquisitions of information on a small scale,

typically laboratory scale (shake-flask, Erlenmeyer, stirred tanks, etc.), such as design

rules and optimal operating conditions [236]. However, the complete physical extrap-

olation of a bioreactor is not possible, so the choice of optimization criterion must be

carefully chosen. For mixing processes such as stirred tank reactor, the scaling factors

are often determined through an overall equation [237]:

N iDj = constant (1.61)

with i and j are process-dependent constants.
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Furthermore, as defined through dimensional analysis by Zlokarnik (2006), most

dimensionless parameters could be used as a basis of establishment of a scaling criterion

[238]. For example, Nienow (2010) obtained the mixing parameters for the scale-up of

a gas-liquid STR on the basis on a constant mass transfer coefficient kla and gassing

rate (Table 1.9).

Table 1.9: Influence of scaling on mixing parameters at constant kla and gassing rate for a
geometrical scaling ratio of 10. Reproduced from Nienow (2010) [236].

Parameter Large scale/Small scale ratio
P ∝ N3D5 520
ε ∝ N3D2 0.52

N 0.17
Tip speed utip ∝ ND 1.7

Re ∝ ND2 17
θm ∝ N−1 5.9

In bioleaching processes, mixing efficiency is considered as a key parameter due

to the necessity to disperse both solid particles and gases. Harrison et al. (2020)

showed that P/V or ND could be used as optimization criteria for mixing efficiency in

bioleaching STR (Table 1.10) [239].

Table 1.10: Influence of scaling on mixing parameters at constant P/V or ND for a scaling
of factor 85. Reproduced from Harrison et al. (2020) [239]

Parameter
Large scale/Small scale factor
P/V constant ND constant

P 85 19
P/V 1.0 0.2
N 0.4 0.2
D 4.4 4.4

ND 1.6 1.0
Re 7.2 4.4

1.5.6 CFD as a tool to characterize bioreactor hydrodynamics

Principles and applications of CFD

As seen previously, it is difficult to obtain a full description of the bioreactor hydro-

dynamics, such as the solid and/or the gas distribution, when relying only on experi-

mental approaches. Computational Fluid Dynamics (CFD) can be used as an efficient

approach to locally represent or calculate the hydrodynamics parameters of these pro-

cesses. Among others, the local solid concentration, the liquid mean and fluctuating

velocities and the impeller torque are representative parameters, as shown in Fig. 1.24

[216, 240]. Additionally, chemical reactions and their related parameters such as heat
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and mass transfer may also be simulated using these tools [241]. As the numerical mod-

els are based on computer-aided design (CAD) geometries, design optimisation and/or

scaling criteria are easily implemented, allowing the comparison of various designs and

validation of experimental processes.

Figure 1.24: CFD simulation of the solid cloud height in STR. (a) αs = 1% w/v and N =
1000 rpm ; (b) αs = 7% w/v and N = 600 rpm ; (a) αs = 7% w/v and N = 800 rpm ; (a)
αs = 7% w/v and N = 1000 rpm. Figure from Wadnerkar et al. (2012) [240].

The underlying principles of CFD are to model fluid dynamics of a system such as

a STR, through the solving of multiple equations representing fluid flows, governed by

the Navier-Stokes equations, and fluid-fluid or fluid-solid interactions. These equations

include turbulence modelling to represent the fluctuating component of fluid flow in

particular conditions. Moreover, additional parameters can be considered as the resul-

tant of the flows, such as solid homogeneity and particle shear stress. As most CFD

tools are combined with CAD software, the system can be adapted to any geometry

modifications, namely the tank geometry and scale, and the number and type of im-

peller.

In bioleaching processes, the numerical simulation of hydrodynamics has been pre-

viously applied in heap applications. These works on heap bioleaching were recently

thoroughly reviewed by McBride et al. (2018) [242]. Other works have observed the

action of bioleaching conditions on local phenomena. Mousavi (2009) observed the im-

pact of mass transfer and the flow behaviour around a single particle [243]. Metodiev

(2006) characterized the flow and concentration profiles around a single cell of At. fer-

rooxidans [244]. However, the availability of other bioleaching applications by CFD

is still lacking in the literature with only few studies available. Song et al. (2015)

investigated the impact of various impellers speed on gas distribution in an industrial-

scale gas-liquid STR [245]. The most complete model was established by Zheng et al.

(2018) for a gas-liquid-solid biooxidation STR with integrated bubble size distribution

and the impact of shear stress on microorganisms [216]. However, despite the lack of

numerical studies on tank leaching applications, the description of a CFD model can

be approximated using the wide literature of chemical processes representing liquid,

solid-liquid, gas-liquid or gas-liquid-solid STR.
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General approaches

The flow field generated in a stirred tank reactor may be approached using either the

Eulerian or the Lagrangian specification (Fig. 1.25) [246]. The Eulerian approach

represents the flow field at fixed locations and time. Thus the fluid properties are func-

tions of space and time. This is the most common approach as process parameters are,

most of the time, measured at a specific location of the process. On the other hand,

the Lagrangian approach will model the flow as individual parcels that will be tracked

over time. This approach is useful to obtain the streamlines of the flow which, applied

to solid particle, may allow to obtain the evolution of location and physicochemical

parameters of each solid particles through time.

Figure 1.25: Eulerian (left) and Lagrangian (right) specification of the flow field. Figure from
Shadloo et al. (2016) [246].

For multiphase flows, the governing equation are solved for each phase and, as such,

multiple approaches may be used depending on the phase considered. The Eulerian-

Eulerian approach models both the continuous and dispersed phases as interpenetrating

continuum. The components of the dispersed phase, namely particles, droplets or bub-

bles, are averaged out to determine the local parameters such as the local velocity or

volume fraction [247]. However, single mean size component distributions are often

used because of the loss of that information during the local averaging. This may be

negligible for small-sized solid distributions but have an important impact on bubbles

for gas dispersion as breakage and coalescence phenomena induce a wide size distribu-

tion [248]. A common approach to include a particle size distribution is to couple the

Eulerian-Eulerian specification with a population balance model (PBM). This model

will represent the size segregation with the transport of both physical and internal

variable space [248, 249]. Furthermore, the model may include additional phenom-

ena that impact the component size variation such as coalescence, breakage, growth
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and nucleation. Lastly, the Eulerian-Lagrangian approach depicts the continuous phase

with an Eulerian approach and the dispersed phase with a Lagrangian framework [250].

Bioleaching applications in STR are carried out in a solid-liquid-gas flow, i.e. a

continuous liquid phase and two dispersed, gas and solid phases. The Eulerian ap-

proach may be preferable to represent the three phases as the particle tracking is not

needed for process optimization and the local properties may offer more information.

A previous study by Zheng et al. (2018) used an Eulerian-Eulerian-Eulerian approach

to represent the fluid flow and extrapolate the bubble diameter using local parameters

[216]. Considering the impact of particle size, due to the small diameter of solid par-

ticles used in bioleaching (from 10 µm to 1 mm) compared to the scale of the process,

the benefit of a particle size distribution is negligible compared to a mean diameter

hypothesis. However, considering a bubble size distribution could be important due to

the impact of gas-liquid mass transfer on bioleaching efficiency.

Hydro-biological coupling

Kinetics modelling of bioreactor assumes the homogeneity of biomass, substrates and

dissolved gases throughout the tank. However, spatial heterogeneities are induced by

the differences between the reaction timescale and the mixing timescale [251]. From a

single cell point of view, this leads to a continuous change of the environment along

time. The impact of these changes on cell metabolism is dependent of the cell reaction

time to the environment, leading to two possibilities: (i) the cell reaction time is slower

than the environmental changes and, as such, the mean concentration may be consid-

ered for the whole flow environment [252]; (ii) the cell reaction time is faster than the

environmental changes and will suffer from periods of starvation, excess or limitation

depending on the concentration field [253]. The first case may be validated for small,

laboratory-scale bioreactors as the mixing time is usually short and kinetic models

alone may be sufficient to simulate the environment. However, large scale bioreactors

may present high concentrations gradients due to slower mixing time. These limita-

tions impose the need to consider hydrodynamics in order to relate the biomass state

to the local concentration field, as shown on Fig. 1.26 [254].

Using CFD models and Eulerian approaches, the local concentrations and velocity

field may be obtained and transfered to a kinetic model that reacts to local substrate

concentrations. This allows a reactive response of the bacterial environment to the

local hydrodynamics.
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Figure 1.26: Representation of the coupled mechanisms between kinetics and hydrodynamics
modelling. Figure reproduced from Wang et al. (2020) [254].

Compartment models

Despite the recent improvements in CFD, the solving methods and the computing

power in hand, multiphase simulations are still difficult to implement [255]. The de-

velopment of coupled hydro-kinetics models led high computing time as the implemen-

tation of kinetic reactions is responsible for the multiplication of the computing cost

due to their resolution on each finite volume element [256]. Furthermore, for batch

processes, the characteristic time of biological and chemical phenomena is much larger

than of hydrodynamics. To address this concern, the compartment model (CM) ap-

proach was developed as an alternative to common CFD simulations and relies on the

division of the flow model on multiple compartments, based on experimental evalua-

tions, where flow properties, such as concentration, volume fraction and turbulence,

are considered homogeneous [257, 258]. Each compartment of the model are intercon-

nected through mass exchanges at the compartments interfaces, as shown on Fig. 1.27.

This method enables a very significant reduction of computational cost but may reduce

the simulation accuracy [259].
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Figure 1.27: Interconnection between compartments in a compartment model approach. The
compartments are represented by squares (□) and the mean flow rates between compartments
are represented by arrows (⇆). Figure inspired from Delafosse et al. (2014) [255].

The CM method has been refined by coupling it with CFD modelling where the

flow field is solved using CFD simulation and the properties are then averaged on a

compartment description. The resulting simplified model may then be used to solve

additional parameters such as chemical or biological reactions [260]. The advantages

of this second approach is the ability to choose how the division of the flow field is

done, because a specific split could be beneficial for the purpose of the model. For this,

several compartmentalization algorithms exists that allow to split the flow field based

on multiple flow variables accounting for mixing and other fluid properties [258].
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1.6 Scientific approach and objectives

Bioleaching has been successfully implemented over the last decades to recover metal

from sulfidic resources using static and dynamic processes. The knowledge of both

physical and biological mechanisms was widely improved through a multitude of scien-

tific works. Following the logical flow of the digital revolution, some part of bioleaching

evolution have to be through modelling. This has allowed numerous process improve-

ments while avoiding the multiplication of costly experimental pilot applications. For

this, many models were developed to represent both the microbial kinetics and the

sulfidic material dissolution. Furthermore, hydrodynamic studies added the effect of

transport phenomena on the previous kinetics models, leading to complete models such

as the HeapSim model. However, most of these researches focused on static processes

and numerical studies on dynamic STR applications are scarce and incomplete. This

project, named MODELIX, aimed at filling this gap by modelling and simulating the

bacterial microenvironment / response through the development of a coupled bioleach-

ing STR hydrokinetic model.

The kinetic models describing bioleaching applications are mostly seen separated

and few works are using them in complete models, representing both microbial and

chemical reactions function together. Furthermore, the kinetic parameters composing

these models are often adapted to the study and generally for restricted conditions,

which do not highlight the synergies observed on the complete process. To fill this

lack, the Chapter 2 describes an extended experimental study of a laboratory-scale

bioleaching STR that related most parameters that may be obtained on a bioleaching

study. Additionally, abiotic studies of this STR were also performed to determine es-

sential hydrodynamics parameters.

Few studies addressed the hydrodynamics for bioleaching STR due to the complex-

ity of the three-phase flow encountered. This work divided this issue into two stages:

(i) solid-liquid flow modelling which allows to observe the impact of the tank and im-

peller geometry on particles dispersion, and (ii) gas-liquid flow modelling as a basis

for gas-liquid mass transfer representation. Solid distribution and particle stress were

widely reviewed in the literature. Despite the referenced studies, the identification of

the impact of impeller geometry choice on bioleaching reactor hydrodynamics remains

incomplete, especially in multi-stage bioreactors, which are the most commonly used

at the industrial scale. Moreover, no study puts into evidence the coupling between

power dissipation, solid homogeneity and occurrence of particle stress. For this, the

Chapter 3 uses multi-scales STR CFD models to simulate particle suspension and par-

ticle stress at different agitation rates and solid concentrations. The comparison of the

effects of the impellers design on the hydrodynamics was assessed for the previously
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stated parameters.

As seen in this chapter, gas-liquid mass transfer phenomena are essential in bi-

oleaching applications. STR are well-adapted to achieve high oxygen transfer rates

but must be carefully designed. Furthermore, these transfer rates are highly impacted

by the bacterial presence due to constant consumption for the oxidations. Chapter 4

describes the gas-liquid flow of a bioleaching STR through CFD modelling and uses the

results to establish a compartment approach. In parallel, a bioleaching kinetic model

was developed to represent the chemical dissolution, the biological oxidations and the

oxygen gas-liquid mass transfer. This model was validated using the experimental val-

ues and used to validate the hypothesis of the previous gas-liquid CFD model. Lastly,

the results of both model were used to develop a compartment model that considered

only gas-liquid dispersion and mass transfer. This model was employed in a scaling-up

study to predict the impact of bioreactor scale on its oxygenation.

Figure 1.28: Global methodology of this work.
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[67] J. Neale, J. Seppälä, A. Laukka, P. Aswegen, S. Barnett, and M. Gericke. The

MONDO Minerals Nickel Sulfide Bioleach Project: From Test Work to Early

Plant Operation. Solid State Phenomena, 262:28–32, August 2017.

[68] S. King, M. Ayre, G. Simpson, D. Lusher, and J. Hopkins. Sustainable Re-

gional Development Through Networks–the case of ASPIRE (Advisory System

for Processing, Innovation and Resource Efficiency) to support industrial sym-

biosis for SMEs. In Seventh Regional 3R Forum in Asia and the Pacific. UNCRD

Melbourne, 2016.

[69] C. G. Bryan, B. J. Williamson, J. Ca lus-Moszko, Q. van Haute, A. G. Guezennec,

S. Gaydardzhiev, P. Wavrer, and R. Fr ↪aczek. CEReS – co-processing of coal mine

& electronic wastes: Novel resources for a sustainable future. Hydrometallurgy,

197:105444, November 2020.

[70] S. Y. Khaing, Y. Sugai, and K. Sasaki. Gold Dissolution from Ore with Iodide-

Oxidising Bacteria. Scientific Reports, 9(1):4178, March 2019.

[71] N. J. Boxall, S. M. Rea, J. Li, C. Morris, and A. H. Kaksonen. Effect of high sul-

fate concentrations on chalcopyrite bioleaching and molecular characterisation of

the bioleaching microbial community. Hydrometallurgy, 168:32–39, March 2017.

[72] D. B. Johnson. Development and application of biotechnologies in the metal

mining industry. Environmental Science and Pollution Research, 20(11):7768–

7776, November 2013.

[73] M. Vera, A. Schippers, and W. Sand. Progress in bioleaching: Fundamentals and

68



CHAPTER 1. STATE OF THE ART

mechanisms of bacterial metal sulfide oxidation—part A. Applied Microbiology

and Biotechnology, 97(17):7529–7541, September 2013.

[74] H. Zhao, Y. Zhang, X. Zhang, L. Qian, M. Sun, Y. Yang, Y. Zhang, J. Wang,

H. Kim, and G. Qiu. The dissolution and passivation mechanism of chalcopyrite

in bioleaching: An overview. Minerals Engineering, 136:140–154, June 2019.

[75] K. Bosecker. Bioleaching: Metal solubilization by microorganisms. FEMS Mi-

crobiology Reviews, 20(3-4):591–604, July 1997.

[76] H. L. Ehrlich. Geomicrobiology: Its significance for geology. Earth-Science Re-

views, 45(1):45–60, November 1998.

[77] A. Schippers, S. Hedrich, J. Vasters, M. Drobe, W. Sand, and S. Willscher.

Biomining: Metal Recovery from Ores with Microorganisms. In A. Schippers,

F. Glombitza, and W. Sand, editors, Geobiotechnology I, volume 141, pages 1–

47. Springer Berlin Heidelberg, Berlin, Heidelberg, 2013.

[78] F. Crundwell. How do bacteria interact with minerals? Hydrometallurgy, 71(1-

2):75–81, October 2003.

[79] F. K. Crundwell. The dissolution and leaching of minerals: Mechanisms, myths

and misunderstandings. Hydrometallurgy, 139(Supplement C):132–148, July

2013.

[80] H. Tributsch. Direct versus indirect bioleaching. Hydrometallurgy, 59(2):177–185,

February 2001.

[81] H. Srichandan, R. K. Mohapatra, P. K. Parhi, and S. Mishra. Bioleaching ap-

proach for extraction of metal values from secondary solid wastes: A critical

review. Hydrometallurgy, 189:105122, November 2019.

[82] T. Gehrke, J. Telegdi, D. Thierry, and W. Sand. Importance of Extracellular

Polymeric Substances from Thiobacillus ferrooxidans for Bioleaching. Applied

and Environmental Microbiology, 64(7):2743–2747, July 1998.

[83] S. Feng, K. Li, Z. Huang, Y. Tong, and H. Yang. Specific mechanism of

Acidithiobacillus caldus extracellular polymeric substances in the bioleaching of

copper-bearing sulfide ore. Plos One, 14(4):e0213945, April 2019.

[84] L. Fang, Q. Huang, X. Wei, W. Liang, X. Rong, W. Chen, and P. Cai. Mi-

crocalorimetric and potentiometric titration studies on the adsorption of cop-

per by extracellular polymeric substances (EPS), minerals and their composites.

Bioresource Technology, 101(15):5774–5779, August 2010.

[85] W. Sand and T. Gehrke. Extracellular polymeric substances mediate bioleach-

ing/biocorrosion via interfacial processes involving iron(III) ions and acidophilic

bacteria. Research in Microbiology, 157(1):49–56, January 2006.

[86] R.-L. Yu, J.-X. Tan, Y. Peng, S. U. N. Jing, X.-J. Ouyang, and Y.-J. Dai.

EPS-contact-leaching mechanism of chalcopyrite concentrates by A. ferrooxidans.

Transactions of Nonferrous Metals Society of China, 18(6):1427–1432, 2008.

[87] Z. Huang, S. Feng, Y. Tong, and H. Yang. Enhanced “contact mechanism” for

69



CHAPTER 1. STATE OF THE ART

interaction of extracellular polymeric substances with low-grade copper-bearing

sulfide ore in bioleaching by moderately thermophilic Acidithiobacillus caldus.

Journal of Environmental Management, 242:11–21, July 2019.

[88] J. Zhu, Q. Li, W. Jiao, H. Jiang, W. Sand, J. Xia, X. Liu, W. Qin, G. Qiu, Y. Hu,

and L. Chai. Adhesion forces between cells of Acidithiobacillus ferrooxidans,

Acidithiobacillus thiooxidans or Leptospirillum ferrooxidans and chalcopyrite.

Colloids and Surfaces B: Biointerfaces, 94:95–100, June 2012.

[89] D. E. Rawlings. Heavy Metal Mining Using Microbes. Annual Review of Micro-

biology, 56(1):65–91, October 2002.

[90] A. Schippers, P. Jozsa, and W. Sand. Sulfur chemistry in bacterial leaching of

pyrite. Applied and Environmental Microbiology, 62(9):3424–3431, September

1996.

[91] A. Schippers and W. Sand. Bacterial Leaching of Metal Sulfides Proceeds by

Two Indirect Mechanisms via Thiosulfate or via Polysulfides and Sulfur. Applied

and Environmental Microbiology, 65(1):319–321, January 1999.

[92] F. Crundwell. The influence of the electronic structure of solids on the anodic

dissolution and leaching of semiconducting sulphide minerals. Hydrometallurgy,

21(2):155–190, December 1988.

[93] H. Srichandan, R. K. Mohapatra, P. K. Parhi, and S. Mishra. Bioleaching ap-

proach for extraction of metal values from secondary solid wastes: A critical

review. Hydrometallurgy, 189:105122, November 2019.

[94] H. Tao and L. Dongwei. Presentation on mechanisms and applications of chal-

copyrite and pyrite bioleaching in biohydrometallurgy – a presentation. Biotech-

nology Reports, 4:107–119, December 2014.

[95] P. D’Hugues, F. Battaglia-Brunet, M. Clarens, and D. Morin. Microbial diversity

of various metal-sulfides bioleaching cultures grown under different operating

conditions using 16S-rDNA analysis. 2003.

[96] J. P. Gramp, F. S. Jones, J. M. Bigham, and O. H. Tuovinen. Monovalent cation

concentrations determine the types of Fe(III) hydroxysulfate precipitates formed

in bioleach solutions. Hydrometallurgy, 94(1):29–33, November 2008.

[97] A. H. Kaksonen, C. Morris, S. Rea, J. Li, J. Wylie, K. M. Usher, M. P. Ginige,

K. Y. Cheng, F. Hilario, and C. A. du Plessis. Biohydrometallurgical iron ox-

idation and precipitation: Part I — Effect of pH on process performance. Hy-

drometallurgy, 147-148:255–263, August 2014.

[98] A. H. Kaksonen, C. Morris, S. Rea, J. Li, K. M. Usher, R. G. McDonald, F. Hi-

lario, T. Hosken, M. Jackson, and C. A. du Plessis. Biohydrometallurgical iron

oxidation and precipitation: Part II — Jarosite precipitate characterisation and

acid recovery by conversion to hematite. Hydrometallurgy, 147-148:264–272, Au-

gust 2014.

[99] H. Wang, J. M. Bigham, and O. H. Tuovinen. Formation of schwertmannite

70



CHAPTER 1. STATE OF THE ART

and its transformation to jarosite in the presence of acidophilic iron-oxidizing

microorganisms. Materials Science and Engineering: C, 26(4):588–592, May

2006.

[100] H. Watling. Microbiological Advances in Biohydrometallurgy. Minerals, 6(2):49,

June 2016.

[101] F. Battaglia-Brunet, M. Clarens, P. d’Hugues, J. Godon, S. Foucher, and

D. Morin. Monitoring of a pyrite-oxidising bacterial population using DNA

single-strand conformation polymorphism and microscopic techniques. Applied

Microbiology and Biotechnology, 60(1):206–211, October 2002.

[102] N. Okibe, M. Gericke, K. B. Hallberg, and D. B. Johnson. Enumeration and

Characterization of Acidophilic Microorganisms Isolated from a Pilot Plant

Stirred-Tank Bioleaching Operation. Applied and Environmental Microbiology,

69(4):1936–1943, April 2003.

[103] D. Mikkelsen, U. Kappler, A. G. McEwan, and L. I. Sly. Archaeal diversity in

two thermophilic chalcopyrite bioleaching reactors. Environmental Microbiology,

8(11):2050–2056, 2006.

[104] J. P. Amend and E. L. Shock. Energetics of overall metabolic reactions of ther-

mophilic and hyperthermophilic Archaea and Bacteria. FEMS Microbiology Re-

views, 25(2):175–243, April 2001.

[105] A. Schippers. Microorganisms Involved in Bioleaching and Nucleic Acid-Based

Molecular Methods for Their Identification and Quantification. In E. R. Donati

and W. Sand, editors, Microbial Processing of Metal Sulfides, pages 3–33. Springer

Netherlands, Dordrecht, 2007.

[106] D. W. Shiers, D. M. Collinson, and H. R. Watling. The impact of heap self-

heating on microbial activity during the bioleaching of low-grade copper sulfide

ores. In Solid State Phenomena, volume 262, pages 233–236. Trans Tech Publ,

2017.

[107] W. Liu and G. Granata. Temperature control in copper heap bioleaching. Hy-

drometallurgy, 176:26–32, March 2018.

[108] J. A. Brierley. Response of microbial systems to thermal stress in biooxidation-

heap pretreatment of refractory gold ores. Hydrometallurgy, 71(1):13–19, October

2003.

[109] T. C. Logan, T. Seal, and J. A. Brierley. Whole-Ore Heap Biooxidation of Sulfidic

Gold-Bearing Ores. In D. E. Rawlings and D. B. Johnson, editors, Biomining,

pages 113–138. Springer, Berlin, Heidelberg, 2007.

[110] P. Soto, M. Acosta, P. Tapia, Y. Contador, A. Velásquez, C. Espoz, C. Pinilla,

P. A. Galleguillos, and C. Demergasso. From mesophilic to moderate thermophilic

populations in an industrial heap bioleaching process. In Advanced Materials

Research, volume 825, pages 376–379. Trans Tech Publ, 2013.

[111] J. C. Cox, D. G. Nicholls, and W. J. Ingledew. Transmembrane electrical potential

71



CHAPTER 1. STATE OF THE ART

and transmembrane pH gradient in the acidophile Thiobacillus ferro-oxidans.

Biochemical Journal, 178(1):195–200, January 1979.

[112] D. E. Rawlings. Characteristics and adaptability of iron- and sulfur-oxidizing

microorganisms used for the recovery of metals from minerals and their concen-

trates. Microbial Cell Factories, 4(1):13, May 2005.

[113] J. J. Plumb, R. Muddle, and P. D. Franzmann. Effect of pH on rates of iron and

sulfur oxidation by bioleaching organisms. Minerals Engineering, 21(1):76–82,

January 2008.
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2.1 Introduction

The aim of this chapter was to describe a laboratory-scale bioleaching STR through

an extended experimental study. Literature studies indeed mainly focus on a limited

number of parameters, such as kinetic or hydrodynamic parameters, which provides

a partial description of the tank [1]. Due to this, it is difficult to model the various

phenomena occurring during a bioleaching batch based on literature data alone. Fur-

thermore, no studies offer a complete data set of a bioleaching STR. To fill this gap, it

was proposed in this chapter to carry out a complete set of hydrodynamic and kinetic

measurements on a defined common bioleaching system. This chapter is thus divided

into two sections: bioleaching experiments dedicated to kinetics determination and abi-

otic experiments dedicated to hydrodynamics studies.

Bioleaching kinetics is represented by chemical mineral dissolution coupled with

biological oxidations of elemental sulfur and ferrous iron. These phenomena are com-

plementary and mutually dependent as the absence of one could limit or negate the

other. Section 2.3 aims to describe these processes through the evolution of the main

components along the time of the experiments. Furthermore, the microbial commu-

nities involved in the bioleaching mechanisms were characterized for the experimental

conditions used and the respective distribution on the solid and in the liquid was de-

termined for each microbe.

Abiotic phenomena should also be considered as the geometric design of the tank

and the composition of the medium could affect the bioleaching efficiency. As seen

in the previous chapter, hydromechanical stress may impact the process performance

and it was often recommended to use the just-suspended speed to limit this stress [2].

Similarly, oxygen transfer rate is critical as dissolved oxygen is a limiting component for

microorganism growth. The oxygen mass transfer coefficient has thus to be determined

to evaluate the capacity of the system to dissolve oxygen. In section 2.4, the just-

suspended agitation rate and oxygen mass transfer coefficient were determined and

compared with data and models from the literature. Furthermore, this work proposed

a new model for the representation of the just-suspended agitation rate under gassed

conditions.

87



CHAPTER 2. CHARACTERIZATION OF BIOLEACHING IN STR THROUGH
BIOTIC AND ABIOTIC EXPERIMENTATIONS

2.2 Material and methods

2.2.1 Sulfidic material source and characteristics

The sulfidic material used for this work consisted of flotation tailings particles from

a European copper mine (Aı̈tik, Sweden). On site, the valuable chalcopyrite is con-

centrated by flotation after grinding of the ore. From the flotation step, two types of

tailings are produced: low sulfide tailings and high sulfide tailings. The latter is mainly

composed of pyrite and silicates and was selected to carry out this study. It does not

hold any economic value but its bioleaching amenability was already proven and its

mineralogical characteristics makes it a suitable material to establish kinetics model.

The final particle size distribution was determined by a ”Gilas-Alcatel” granulometer

HR 850 and found to have a P80 of 59 µm on average. The complete granulometry of

the sample is shown on Fig. 2.1.

Figure 2.1: Size distribution of the flotation tailings sample used for the experiments.

Analytical determination of the chemical composition of the tailings particle was

performed and the results are shown on Table 2.1. S0 and SO4
2- concentrations were

determined by gravimetry and total S by combustion. Co and Cu concentrations were

obtained through triacid leaching (HNO3 − HClO4 − HF) followed by inductively

coupled plasma mass spectrometry (ICP-MS) using a Thermo Scientific XSERIES 2.

Lastly, concentrations of CaO, FeO, K2O, MgO, P2O5 and SiO2 were found using

X-Ray Fluorescence (XRF) using a Malvern Panalytical Zetium.
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Table 2.1: Composition of the sulfidic material used for the experiments.

Component Concentration Unit
SO 2–

4 2.66 % w/w
S0 0.34 % w/w
S 32.4 % w/w

Co 586 mg kg−1

Cu 951 mg kg−1

FeO 37.8 % w/w
CaO 1.47 % w/w
SiO2 23.6 % w/w
K2O 1.47 % w/w
MgO 0.58 % w/w
P2O5 0.11 % w/w

The tailings material was mainly comprised of pyrite minerals, while the remaining

part corresponded to the gangue, composed of silicate minerals. Pyrite concentration

was estimated from the total iron and sulfur concentrations where both components

were considered to be only part of pyrite minerals. This concentration was found to be

63.1% w/w using total iron and 60.6% w/w using total sulfur. The lower value, namely

from total sulfur, was kept as the limiting component that could be part of pyrite.

2.2.2 Microorganisms and culture conditions

The BRGM-KCC microbial consortium was used to inoculate the bioreactors. It in-

cluded Leptospirillum, Acidithiobacillus and Sulfobacillus species which are the main

and predominant bacteria that can be found in industrial bioleaching STR, due to their

efficiency in the process [3, 4]. The culture originated from BRGM stock culture which

is continually kept in a shaking incubator at 40 °C and 100 rpm. It was subcultured

several times from 150 ml Erlenmeyer flask up to 2-litre stirred tank reactor according

to the adaptation protocol used by Hedrich et al. (2016), which aimed at progressively

adapting the microorganisms to the mineral used (which is different from the stock

culture) and to higher solid concentrations [5]. The different steps are showed on Fig.

2.2. The first set was done in 150 ml Erlenmeyer flasks where the initial stock culture

was subcultured three times, in duplicate, at a solid concentration of 3% w/w and an

inoculum of 10% v/v, taken from the previous culture. The same experimental condi-

tions were used for the cultures: 40 °C, 100 rpm on a shaking incubator and a culture

time between 5 to 7 days depending on the kinetics, as the culture was stopped at the

end of the exponential growth phase and subcultured. The second series of cultures

was performed in a 2-liter batch STR at 42 °C to approach the optimal temperature

conditions of the consortium. The first test, named MDX1, was performed at 4.8% w/w

solid concentration using the last cultures in shake flasks as inoculum. It was followed

by 2 successive subcultures performed at a solid concentration of 9.2% w/w (MDX2
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and MDX3). The last culture, MDX3, was the base of all experiments as few to no

evolution of the kinetics and yields were observed, showing that the culture had reached

its maximum efficiency and could be used for a kinetic study. MDX3 was successively

subcultured 5 times in duplicate, from MDX4 to MDX8, using similar experimental

conditions described in the following subsection.

Figure 2.2: Summary of the bioleaching experiments in Erlenmeyer flasks (left) and stirred
tank reactors (right).

The nutrient medium used was 0Km medium, which is adapted for bacterial growth

on cobaltiferous pyrites. It is a modification of the standard 9K medium as it contains

no iron and the basal salts composition was slightly modified. It contained (NH4)2SO4,

3.70 g l−1, H3PO4 85% w/w, 0.80 g l−1, MgSO4 · 7 H2O, 0.52 g l−1 and KOH, 0.48 g l−1.

2.2.3 Experimental setup and procedures

All experiments were done using the standard BRGM laboratory-scale bioreactor, a

glass tank (Fig. 2.3) with a working volume of 2 l, a diameter T = 0.12 m, liquid

height H = 0.187 m and a flat bottom. The tank was equipped with four conical

baffles of width equal to T/10, placed symmetrically. Reactors temperature was main-

tained at a constant value of 42 °C using a refrigerated/heated circulation of water and

thermocouples placed in the tank. Water losses from the tank were prevented using

a water cooled condenser placed at the top of the tank. Considering the height on

tank diameter ratio (H/T = 1.56), the choice of a multi-stage design is recommended

to provide sufficient liquid mixing near the surface. For this, a dual impeller config-
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uration was chosen using a bottom 6-bladed Rushton turbine (RT6B ; diameter D =

0.05 m) providing a radial flow which allows an efficient gas and solid dispersion. The

top Lightnin A310 impeller operated in up-pumping mode (A310 ; diameter = 0.06

m) which combined with the radial flow of the bottom RT6B and assisted stirring of

the tank. The RT6B was placed with an off-bottom clearance C = D above the gas

sparger and a spacing equal to 0.06 m was chosen between the RT6B and the A310

impeller.

Figure 2.3: Two-stage stirred tank reactor used for the bioleaching experiments with: (left)
schematic representation and (right) photography of the tank.

10 tests were performed consisting of 5 successive duplicates sharing the same ex-

perimental conditions. The initial solution was comprised of 1.8 l culture medium and

200 g of a quartered sample of the previously described sulfidic material (9.2% weight

of solid per weight of pulp). Inoculations were performed at 10% v/v approximately

by adding 0.2 l taken from the previous culture to 1.8 l of 0Km medium, as described

previously. The agitation rate was set to 700 rpm, allowing full turbulent conditions

within the medium (Re = 5 × 104). CO2 enriched air (1% CO2 v/v) was provided at

a rate of 0.5 l min−1 using a cylindrical non-porous sparger (diameter = 0.005 m), in

order to provide CO2 for the biomass growth and O2 for the oxidation of ferrous iron

and sulfur species [6]. The pH was adjusted daily to ensure a value between 1.2 and 1.4

by using either a 1 mol l−1 H2SO4 solution or a 1 mol l−1 NaOH solution. The water

level was also maintained daily by adding distilled water to the tank.
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2.2.4 Analysis techniques

The purpose of these experiments was to obtain a complete set of data to feed different

models of a bioleaching STR. This was ensured by doing this set of analysis:

• Physicochemical parameters: pH, electrochemical potential and temperature,

• Dissolved metals: iron, cobalt and copper,

• Solid fractions: metal content, sulfur and carbon speciation,

• Gas analysis: in and out O2 / CO2 gas flows, and dissolved O2,

• Biological parameters: cell counting and strain identification.

Daily monitoring

The daily monitoring consisted of basic measurements to ensure a robust operation of

the tank, namely pH, electrochemical potential and temperature. The electrochemical

potential was measured using a mixed electrode consisting of a platinum electrode and

a Ag/AgCl/KCl (3 mol l−1) reference electrode, which was then normalized to the stan-

dard hydrogen electrode (SHE) using the temperature value. Using the electrochemical

potential, the Fe2+/Fe3+ ratio was calculated from the empirical correlation of Yue et

al. (2014) , as shown in Eq. 2.1 [7]. This method is based on the electrochemical

potential, ferrous and ferric iron in the solution.

E = −10−3 · θ2 + 0.91 · θ + 2.303 · 103 · Rθ

nF
· log

[
Fe3+

]
[
Fe2+

] + 492 (2.1)

With E (V) the normalized electrochemical potential, θ the temperature (here in

K), n (= 2) the number of electrons involved in the Nernst equation of the Fe2+/Fe3+

couple, and F (= 96485 C mol−1) the Faraday’s constant.

The concentrations of O2 and CO2 in the gas phase were determined at the gas

inlet and outlet using a multi-gas analyzer ADC MGA 3000 (Analytical Development

Company Ltd). Also, dissolved oxygen concentration [O2] (mg l−1) was measured using

a polarographic probe. Using these data and mass balance on oxygen and nitrogen,

the oxygen uptake rate (OUR) (mg l−1) and oxygen transfer rate (OTR) (mg l−1) were

calculated:

OTR = OUR + d [O2]
dt

=
Qin,O2

− Qout,O2

V
(2.2)

With QO2
(mg h−1) the oxygen gas flow rate, where the subscripts ”in” and ”out”

respectively represent the inlet and outlet, and V (l) the liquid phase volume.
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The variation of dissolved oxygen concentration (d [O2] /dt) in Eq. 2.2 was consid-

ered negligible in front of the OUR at all time. This is true at steady-state because the

gas flow content in the inlet and outlet was stabilized, meaning that the dissolved oxy-

gen concentration remained constant, hence d [O2] /dt = 0. However, d [O2] /dt ̸= 0 for

the remaining of the experiment, but due to the high oxygen demand of the bioleach-

ing oxidations, the OUR was several order of magnitude higher than the variation of

dissolved oxygen (d [O2] /dt) in the tank. With these assumptions, we can consider

OTR = OUR at any time. Furthermore, the inlet and outlet gas flow rate can be

determined using the gas partial pressure, obtained from the gas analyzer, as shown

by the following equations:

Qin,O2
= Qin · PO2,in (2.3)

Qout,O2
= Qout · PO2,out (2.4)

With Q the gas flow rate, and PO2
(Pa) the O2 partial pressure.

Additionally, Qout may be simplified considering that nitrogen concentration does

not change between the inlet and outlet, leading to Qin,N2
= Qout,N2

. Eq. 2.2 can then

be rewritten into the following equation:

OTR = OUR = Qin

V
·
(

PO2,in − PO2,out ·
PN2,in

PN2,out

)
(2.5)

Using similar considerations, the carbon uptake rate (CUR) can also be calculated

by the following expression:

CUR = Qin

V
·
(

PCO2,in − PCO2,out ·
PN2,in

PN2,out

)
(2.6)

With PCO2
(Pa) the CO2 partial pressure.

Metal content was measured via atomic absorption spectrometry using a VARIAN

SpectrAA 220FS spectrometer. For the daily measurement, only the main metals of

the medium were considered, namely iron, cobalt and copper. The sample consisted

of 5 ml of medium filtered at 0.45 µm and stabilized using 1% w/w nitric acid. The

concentration of metal was then obtained by atomization of the sample under adapted

hollow cathode lamps (Fe, Co and Cu absorption wavelengths).
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Lastly, planktonic cells density was obtained using a Thoma cell counting chamber.

For this, a 2 ml unfiltered sample was taken from the medium. The sample was then

diluted (1:20 to 1:200 depending on the leaching stage) and dropped on a Thoma cell

before counting. The procedure was reproduced thrice, and the mean value of the

measurements was used.

Microbial community characterization

The microbial diversity was characterized by DNA sequencing of the consortium used

in the experiments. Moreover, the evolution and distribution of the microbial strains

on the solid and in the liquid were monitored by characterizing the biomass in the

liquid phase, on the solid phase and in the whole pulp. For this, two homogeneous

pulp samples of 2 ml each were taken daily. In one of the samples, a decantation

was performed by letting it stand for 15 minutes before collecting the supernatant.

The two resulting samples (referred to as liquid and solid samples) were then filled

to 2 ml using distilled water. The three samples obtained (solid, liquid and pulp)

were washed in Tris buffer (100 mM, pH = 8) to neutralize the acidity. The washing

was done by centrifuging the samples at 14000 g for 10 minutes then re-suspended

in Tris buffer. This protocol was repeated 3 times until a pH around 7 was reached.

DNA were extracted from the samples using the MP Biomedicals FastDNA SPIN

Kit for Soil and the associated protocol. These extractions were validated by PCR

(Polymerase Chain Reaction) amplification using the universal reverse primer w34 (5’-

TTACCGCGGCTGCTGGCAC-3’) labelled with FAM and the cubacterial forward

primer w49 (5’-ACGGTCCAGACTCCTACGGG-3’). Amplification was done in a C-

1000 BioRad thermocycler and then analyzed by gel electrophoresis on agarose followed

by fluorescent revealing using ethidium bromide. Specific PCR were carried out to

detect the presence of the main BRGM-KCC consortium bacteria: Leptospirillum fer-

riphilum (primers Lpf392F and Lpf556R), Acidithiobacillus caldus (primers AcaldusP1

and NRR2), Sulfobacillus benefaciens (primers Sb96F and Sb355R) and Sulfobacillus

thermosulfidooxidans (primers StFwd and StRev). Moreover, a cloning and sequenc-

ing were performed to specify the bacterial strain, this was done using the TOPO TA

Cloning Kits for Sequencing and the associated protocol. DNA sequences were an-

alyzed and their phylogeny was observed by comparing the sequences to the BRGM

sequence database. For validation purposes, SSCP (Single Strand Conformation Poly-

morphism) were performed on the clones. This was done by diluting 5 to 200-fold

the PCR products of the clones, mixing 1 µl of the product with 0.4 µl of GeneScan

600 LIZ dye size standard and 18.6 µl of Applied Biosystems Hi-Di formamide, and

heat-denaturing the product for 5 minutes at 95 °C. Lastly, the product was analyzed

by the Applied Biosystems ABI Prism 310 Genetic Analyzer and the provided software.
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The quantification of the different strains was performed by quantitative real-time poly-

merase chain reaction (qPCR) using the assays developed by Hedrich et al. (2016) due

to their performances for targeting the KCC consortium species [5]. For this, the SYBR

Green PCR master mix from Applied Biosystems was used with the previously men-

tioned specific primers. The reaction was performed in a C-1000 BioRad thermocycler

for amplification of the 16S rRNA of each species. The results relating the abundance

of each species was given in gene copy number per ml (for liquid and pulp) or per mg

(for solid).

Solid analysis and mass balances

Mass balance was verified through complete analysis of major elements of the solid

and liquid at the end of each test. For this, the full final pulp was filtered through

Whatman filter paper (2.7 µm) and the remaining cake was washed using 20 ml of

acidified water (pH 1.6), prepared using nitric acid. The resulting liquid was weighted

and the solid was dried and weighted before being used for analysis.

Dissolved metals (Fe, Co, Cu, Mg and K) were analyzed by a Thermo Scientific

XSERIES 2 ICP-MS (Inductively coupled plasma mass spectrometry) using the NF

EN ISO 17294-2 standard on filtered (0.45 µm) and stabilized samples (1% w/w nitric

acid). The medium nutrients were also measured: NH +
4 and PO 3–

4 were determined

by colorimetry assays (NF ISO 15923-1 standard), and SO 2–
4 by ICP (NF EN ISO

11885). Total organic carbon was obtained by heat-activated persulfate oxidation.

Additionally, daily samples from two of the batch experiments were analyzed to

obtain the kinetics of sulfate, total sulfur, inorganic and organic carbon using the

aforementioned methods.

2.2.5 Methods for abiotic characterization of the bioreactor

Additionally to the bioleaching experiments, two abiotic parameters were measured,

the just-suspended speed and the oxygen mass transfer coefficient.

Measurement of the just-suspended agitation rate Njs

The just-suspended agitation rate Njs was measured according to Zwietering definition

and procedure that defines Njs as the minimal agitation rate ensuring the suspension

of all solid particles [8]. For this, a mirror was placed below the vessel to allow a

visual determination of the particle settling. For each experimental condition, the just-

suspended speed was determined with two measurements. Firstly, all particles were

settled, followed by a slow increase of the agitation rate until Njs was reached, repre-

sented by the cyclical movement of the particles at the bottom of the vessel. Then,
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all particles were suspended followed by a slow decrease of the agitation rate until Njs

was reached. The just-suspended agitation rate was then obtained using the mean of

the two measurements. It was observed that both measurements had, at most, a 10

rpm difference, which was negligible.

These experiments were performed using the same solid used for the bioleaching

experiments. The particle size distribution is shown on Fig. 2.1. In preparation for

these tests, this solid was divided into size classes using sieves of varying frames. This

led to 5 size classes: ≤ 20 µm ; 20-40 µm ; 40-100 µm ; 100-200µm ; ≥ 200 µm.

Approximately 120 conditions were studied using the following parameters:

• Particle size categories:, obtained from the sieving of the sulfidic material used

for the bioleaching experiments: ≤ 20 µm ; 20-40 µm ; 40-100 µm ; 100-200µm ;

≥ 200 µm,

• Solid concentration: 4.8% (w/w) ; 9.2% (w/w) ; 13.1% (w/w) ; 16.8% (w/w),

• Impeller configuration: double RT6B (referred to as DR) ; RT6B + A310 (re-

ferred to as RH),

• Aeration rate: 0 l h−1 ; 30 l h−1 ; 60 l h−1.

The results were then used to determine the dimensionless parameters S of the

Zwietering correlation (Eq. 2.7).

Njs = S · ν0.1
l ·

[
g (ρs − ρl)

ρl

]0.45

· W 0.13
s · d0.2

p · D−0.85 (2.7)

with νl (m2 s−1) the liquid kinematic viscosity, Ws (−) the solid-liquid mass ratio, dp

(m) the particle diameter, D (m) the bottom impeller diameter and S (−) a function

of different geometrical ratios and position of the tank and impeller. The solid-liquid

mass ratio Ws was used for the calculations in weight of solid per weight of liquid.

However, for clarity purposes of the chapter, the values were presented in weight of

solid per weight of pulp. The particle diameter dp was taken as the mean particle

diameter of any particle size category, based on the granulometry of the initial sample.

Although the selected averaging method will influence the final value of the correlation,

this choice was decided by convention for these experiments and will have a negligible

effect on the final values. The exponents on the different variables are parameters that

have been determined experimentally by Zwietering.
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The Zwietering model does not account for the presence of gas, which led to the

establishment of a gaseous just-suspended speed, Njsg. For this, two models were used

where gas parameters such as the aeration rate were added to the ungassed Njs. The

first model, named Njsg,add, was used and validated by previous literature studies and

was represented by a linear increase of Njsg,add with the gas flow rate, as shown by Eq.

2.8 [9–11].

Njsg,add = Njs + aadd · Qg,vvm (2.8)

where aadd (min−1) is a constant and Qg,vvm (vvm) the air flow rate.

However, this model is not dimensionless due to the presence of a time-dependent

constant. Thus, this may impact its robustness during a scale-up strategy or when

sensible modifications of bioreactor design are made. For this, the present work devel-

oped a second model, provided by Njsg,na, which depends on the aeration number NA,

as shown by Eq. 2.9.

Njsg,na

Njs
= 1 + A · Nα

A (2.9)

Where A (−) and α (−) are dimensionless parameters. The aeration number NA =
Qg/ (N · d3) represents the ratio between the gas flow rate and the liquid flow rate

generated by the impeller. In the turbulent regime, the flow number NQ = Qp/ (N · d3)
is indeed constant. Thus, NA = NQ · Qg/Qp. The aeration number has been proved to

clearly correlate the power loss of impellers due to aeration (especially impeller flooding

effects) ; this loss may negatively impact particle suspension.

Characterization of the oxygen mass transfer coefficient kla

The overall oxygen mass transfer coefficient kla was determined through the static

gassing-out method. The dissolved oxygen concentration was obtained by a polaro-

graphic probe linked to an acquisition unit. All measurements were done in a 0Km

medium of the same composition as the one used for the bioleaching experiments. The

experiment was initialized by flushing nitrogen in the tank until the oxygen concen-

tration reached a value near zero. After setting the desired experimental conditions,

gassing of air was performed and dissolved oxygen concentration was measured every

second until saturation. The kla (h−1) was determined by the following equation:

d [O2]
dt

= kla · ([O2]
∗ − [O2]) (2.10)

With [O2] (mg l−1) the dissolved oxygen concentration and [O2]
∗ (mg l−1) the satu-

rated dissolved oxygen concentration.
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The previous equation was integrated, as shown by Eq. 2.11, and the kla was

calculated as the slope of the function −ln ([O2]
∗ − [O2]) = f(t).

− ln ([O2]
∗ − [O2]) = kla · t (2.11)

The experiments were done in triplicate and two different probes were used to ensure

the validity of the results. In total, 72 conditions were studied:

• Solid concentration: 0% (w/w) ; 4.8% (w/w) ; 9.2% (w/w) using the sulfidic

material described previously,

• Impeller configuration: double RT6B (refered as DR) ; RT6B + A310 (refered

as RH),

• Agitation rate: 300 rpm ; 500 rpm ; 700 rpm,

• Gas flow rate: 30 l h−1 ; 60 l h−1 ; 90 l h−1 ; 111.3 l h−1.

2.3 Bioleaching experiments results

2.3.1 Bioleaching kinetics

The bioleaching kinetics were expected to be similar for the 10 batch experiments and,

as such, were represented by their mean and standard deviation. The material used

contained predominantly cobaltiferous pyrite. As part of the main component, cobalt

was used as a marker of pyrite dissolution and the dissolution was estimated from the

dissolved cobalt concentration.

Fig. 2.4 shows the pyrite dissolution over time, it includes the instantaneous pyrite

dissolution rate and the change in dissolved Co concentration. The instantaneous pyrite

dissolution rate corresponds to the rate of pyrite dissolution between two measurements,

calculated from the amount of dissolved cobalt divided by the total available cobalt in

the sulphidic material. Kinetics was represented by a two-phase process: (i) settling

phase with a low, increasing rate of pyrite dissolution, lasting for approximately 4 days

and (ii) plateau with constant pyrite dissolution which ended with the depletion of

pyrite.
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Figure 2.4: Instantaneous pyrite dissolution rate and cobalt concentration over time.

In parallel with the dissolution of pyrite, the evolution of the bacterial population

was observed through the increase in biomass concentration (Fig. 2.5) and bacterial

activity. Bacterial activity is characterized differently depending on the strain type con-

sidered. On one hand, iron-oxidizing bacteria activity is represented by the evolution

of the
[
Fe3+

]
/
[
Fe2+

]
ratio (Fig. 2.5) and by the increase of electrochemical potential,

as shown on Fig. 2.6. On the other hand, sulfur-oxidizing bacteria activity is trans-

lated into a pH decrease, as shown by Fig. 2.6. For the first day, the bacterial activity

was low because of the low biomass concentration. Moreover, ferric iron consumption

by the chemical oxidation of pyrite was faster than its regeneration by iron-oxidizing

bacteria, as represented by the low
[
Fe3+

]
/
[
Fe2+

]
ratio. This was quickly followed by

an exponential growth of the microorganisms lasting for 3 to 4 days and represented by

a high bacterial activity. The rise of electrochemical potential, from 750 mV to nearly

900 mV, translated the iron-oxidizing bacteria activity because of the increasing ferric

iron regeneration. This was also marked by a rapid increase of the
[
Fe3+

]
/
[
Fe2+

]
ratio, up to 2200. Also, the oxidation of reduced sulfur species into H2SO4 by the

sulfur-oxidizing bacteria was represented by a quick diminution of the pH, down to 1.1.

Both bacterial activities were connected to the growing dissolution rate of the sulphidic

material, which released both Fe2+ and S0 into the medium. Moreover, this dissolution

was, in return, emphasized by the bacterial activity which provided the regeneration

of the substrate, Fe3+, and low pH conditions which minimized the precipitation phe-

nomena. After the exponential growth phase, a plateau of the bacterial population

was observed, likely due to the diminution of available substrates such as Fe2+ and S0.
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At this point, around the fifth day, the maximum instantaneous pyrite dissolution rate

was calculated at 434±75 mg l−1 h−1. Thus, the maximal formation rate of Fe2+ and

S0 was also attained at this moment.

Figure 2.5: Biomass concentration and ferric to ferrous iron ratio over time.

Figure 2.6: pH and electrochemical potential change over time.
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As cobalt is embedded in the sulfidic material, the liberation of cobalt is related

to the dissolution of pyrite. The extent of pyrite dissolution at the end of each batch

can be extrapolated from the quantity of dissolved cobalt, which was closed to 74%

of total cobalt after 8 days. The complete dissolution was avoided to maintain the

state of exponential growth of the biomass for the following culture. However, one of

the experiment, which was maintained for 13 days, showed a dissolution closed to 99%

of total pyrite material. As a main component of pyrite, iron concentration was also

looked for and demonstrated a similar evolution as cobalt concentration, as shown by

Fig. 2.7. However, while a liberation of 74% of total cobalt was observed, only 54% of

the iron, previously contained in the sulphidic material, was detected within the media.

This difference can be attributed to the precipitation of jarosite, which is expected at

the pH and temperature used for this experiment [12].

Copper dissolution occurred at the very beginning of the tests but remained low

compared to cobalt dissolution, as shown by Fig. 2.7, probably because of the recalci-

trance of chalcopyrite to leaching in atmospheric conditions [13].

A study of the sulfur species present in the medium was also carried out by measur-

ing total sulfur and sulfates in the liquid phase. The results are shown in Fig. 2.8. As

expected, the total sulfur showed a similar trend to that of the iron. However, it was

expected that most of the sulfur in the medium would be present as sulfate as the most

oxidized species. The results showed that, after the second day, a growing part of the

sulfur species was not obtained in the form of sulfate, with a difference between total

sulfur and sulphate up to 45% at the end of the experiment. Further analysis of the

different forms of sulfur would have been necessary to identify the missing elements.

This study was also used to validated the previous assumption that the difference in

dissolved iron observed could be attributed to the precipitation of jarosite. For this,

the evolution of cobalt concentration was compared to the total sulfur present in the

medium. The results showed that at the end of the experiment, 68% of the total sulfur

contained in the pyrite was found in the medium, which concurred with the dissolved

cobalt concentration.
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Figure 2.7: Dissolved iron and copper concentration over time.

Figure 2.8: Variation of sulfate and total sulfur over time.
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Gas analysis were also performed along the experiments and used to determine

their uptake rate. The OUR was determined and reported on Fig. 2.9. OUR evolution

was characterized by a two-phase process, similar to the sulfidic material instantaneous

dissolution rate : (i) low and increasing uptake rate phase, lasting for 4 to 5 days and

(ii) decreasing uptake rate phase until the end of the experiment. The trend of the

first phase is similar to the sulfidic material dissolution rate due to the oxygen demand

for the various oxidation reactions. As shown on a previous study by Guezennec et al.

(2017) using the stoechiometry of the dissolution equation (Eq. 2.12), it is estimated

that 1 kg of oxygen is consumed for the bioleaching of 1 kg of pyrite [14]. This con-

curred with our data as the OUR grew with the pyrite dissolution rate, up to 396±116

mg l−1 h−1 of oxygen consumed for 434±75 mg l−1 h−1 of pyrite on day 5. After this

growing phase, the value slowly decreases due to the exhaustion of accessible pyrite,

which is also marked by a decrease of microbial growth and activity.

2 FeS2 + 4 H+ + 7 O2 + 2 H2O −−→ 2 Fe2+ + 4 H2SO4 (2.12)

Figure 2.9: Evolution of the OUR during the culture.
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2.3.2 Microbial community evolution

The daily characterization of the microorganisms consisted in counting the cells present

in the supernatant, which is only an approximate method; it did not allow neither to

quantify the biomass attached on the solid particles nor to differentiate the bacterial

genera. For this, molecular biology methods were used to identify the bacterial strains,

to determine their biomass concentration through DNA quantification and to observe

their distribution in the medium, i.e attached to the solid particles or suspended in the

liquid.

Specific PCR and SSCP were used to validate the presence of the expected BRGM-

KCC bacterial strains, namely L. ferriphilum, At. caldus, Sb. thermosulfidooxidans.

These results were approved by sequence comparison between the isolated clone and a

database. Firstly, it is interesting to note that Sb. benefaciens, commonly found in the

BRGM-KCC consortium, was absent of the liquid. This result is not uncommon as it

was shown that, depending on the experimental conditions, the bacterial composition

may be highly variable [5, 15]. This is due to the respective affinity to temperature,

pH or dissolved components of each microbe, leading to competitive advantages in a

given condition. This variability has no particular impact on bioleaching efficiency.

The spatial distribution of the different strains was assessed through qPCR of the

previous samples. The biomass concentration and the strain specific abundances were

measured using the quantity of gene copies of the bacterial 16S rRNA, expressed per

ml (for the liquid and pulp) or per mg (for the solid). Observation of the bacterial

distribution, as shown by Fig. 2.10, indicates that more than 99% of biomass was

within the liquid. However, these results may be discussed considering the drawbacks

of the separation method. Firstly, separating by decantation may not be the best

suitable method for solid-liquid separation as a portion of the liquid will still be within

the solid sample. And secondly, the DNA extraction on the solid may be inefficient due

to the porous nature of the sulfidic particles during and at the end of the experiment,

which would lead to only a small portion of microorganism DNA to be extracted. It

could be advised to use a more suitable method for solid-liquid separation or to carry

out the DNA extraction on triplicates in order to validate the value obtained. The later

was not feasible on this experiment due to the multiple samples which were already

taken from the tank.
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Figure 2.10: Distribution of the biomass in the reactor by assessing the number of 16S rRNA
gene copies in the pulp, liquid and solid. The data are shown for one representative batch.

The strain specific abundances were also determined in the pulp, solid and liquid,

as shown in Fig. 2.11. The results showed that the liquid contained a higher ratio of

suspended L. ferriphilum while attached At. caldus and Sb. thermosulfidooxidans are

more prevalent than L. ferriphilum on the solid. This agrees with previous experiments

of Zhou et al. (2007), which showed that At. caldus improved bioleaching efficiency by

removing the sulfur layer that form on the surface of the mineral [16]. Nonetheless, it

is important to qualify this result by remembering that in quantitative terms, most of

the bacteria were suspended in the liquid. Looking at the ratios evolution along time,

At. caldus and Sb. thermosulfidooxidans displayed a better growth than L. ferriphilum

on the first two days, with L. ferriphilum representing as low as 15% of the 16S rRNA

gene copies in comparison to the 50% of the inoculum. Due to its relative abundance,

At. caldus acted as the main sulfur-oxidizing bacteria. As Sb. thermosulfidooxidans

is both a sulfur-oxidizing and iron-oxidizing bacteria, it assists the process of sulfur

removal while allowing ferrous iron to be oxidize back to ferric iron. After the first

few days, the growth trend of the consortium is quickly reversed as L. ferriphilum be-

came the main iron-oxidizer, consisting of 45% of biomass. This also leads to a relative

diminution of Sb. thermosulfidooxidans down to 3% of biomass as L. ferriphilum is

more efficient at oxidizing ferrous iron. Moreover, Nurmi et al. (2009) has shown that

L. ferriphilum displays a polymetallic resistance, which explains its abundance at later
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stage of the batch [17]. Lastly, At. caldus was the dominant sulfur-oxidizer, as shown

by its ratio of 55% of total biomass. Previous studies had also shown the high effi-

ciency of co-cultures of At. caldus and L. ferriphilum for mineral dissolution [16, 18, 19].

(a) Liquid ratio (b) Solid ratio

(c) Pulp ratio

Figure 2.11: Strain specific abundances of the biomass in the reactor.

A comparison between qPCR and cell count results was also performed, as shown

on Fig. 2.12. Since the Thoma cell counting method can only differentiate suspended

cells in the liquid phase, comparison was made with qPCR results obtained from the

liquid. The results showed that both counting methods results were in agreement and

can be linearly correlated with a coefficient equal to 0.97. This comparison may be

summed up with the number of gene copies equal to 1.48 times the number of cells

counted.
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Figure 2.12: Comparison between qPCR and cell count results. Data from the liquid were
used as the qPCR results.

2.4 Abiotic experiments

2.4.1 Measurement and modeling of the just-suspended speed

The just-suspended agitation rate was measured for the various conditions of particle

size, solid concentration, impeller configuration and aeration rate. The results were

compared to the Zwietering correlation and the gassed just-suspended agitation rate

models. Lastly, the effects of the studied parameters on the just-suspended agitation

rate were observed.

Comparison of the experimental results with the Zwietering correlation

The just-suspended agitation rates were modeled using Eq. 2.7 and the exponents

proposed by Zwietering for different variables. For this, the same ungassed conditions

as used experimentally were employed. The unknown for the model was the parameter

S, which was determined by minimizing the mean squared error between experimental

and modeled just-suspended speed to adjust its value. As S is dependent on geometrical

ratio such as D/T , C/T or the impeller type, it was determined separately for the

double RT6B (DR) and for the RT6B + A310 (RH) configurations. As observed on

Fig. 2.13, the results showed that the experimental values of Njs could be modeled

with a mean relative error of 3.9%. The values of the constant S were obtained for

both configurations and it was found that SDR = 8.60 and SRH = 9.06, which is close
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to the value of 7 found by Zwietering for similar C/T = 0.42 [8].

Figure 2.13: Comparison of the experimental and modeled just-suspended speed Njs for
various impeller configuration and Qg = 0 vvm.

The previous just-suspended agitation rate model was extended to account for the

presence of gas. This was done using the results from the ungassed conditions to

calculate Njsg,add and Njsg,na, as shown by Eq. 2.8−2.9. The results, reported on Fig.

2.14, showed that Njsg,add offered a good fit on the experimental values, with a mean

approximation error of 4.0%. This was done using aadd = 315.9 min−1 as a constant,

which was found of the same order of magnitude that of similar studies [11], leading to

a global equation:

Njsg,add = Njs + 315.9 · Qg (2.13)

The second model was used to determine the relation between Njsg,na/Njs and the

aeration number NA using Eq. 2.9. The results showed a good fit of the relation (R2 =

0.95) using the parameters A = 26.9 and α = 1. The coefficient of α equal to 1 suggested

that Njsg,na/Njs and NA are linearly related, hence the relation Njsg,na/Njs = 1+26.9·NA

for 0 < NA < 0.012. Both correlations used additive terms to represent the impact of

the aeration rate on the just-suspended agitation rate and could be used to extrapolate

Njsg in the range of parameters employed in this study. It is also important here to

note that the previous model is valid for the range of aeration numbers studied. Design

of the sparging system may also significantly impact the effects of the aeration on the

suspension process. From a physical point of view, the mechanical power needed to
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ensure particle suspension should be the same whatever the gas flowrate applied. Gas

flow rate may have two opposite impacts on this power dissipation:

- First, gas expansion within the liquid phase (let suppose it adiabatic) is converted

into mechanical power. This brings additional power that should lead to a decrease of

the agitation rate at the just-suspended state. This additional power Padd is given by

the following equation:

Padd

Vl
= ρlugg = ρlQgg

πT 2 (2.14)

With ug (m s−1) the superficial gas velocity. The order of magnitude of this addi-

tional power is approximately :

Padd

Vl
≃ 1000 ×

100 × 10−3

3600
π × 0.122 × 10 = 6 W/m3 (2.15)

Which is sensibly lower than the mechanical power brought by the impeller. These

positive effects of gas flow rate on particle suspension could be thus neglected.

- The second effect of gas flow rate arises from progressive impeller flooding due

to weak dispersion of bubbles by the bottom impeller. Despite incomplete impeller

flooding obtained during the experiments, power loss due to aeration was expected.

Calderbank (1958) showed that, for a Rushton turbine impeller, the power loss was

related to the aeration number [20]:

Pg

P0
= 1 − 12.6 · NA (2.16)

For NA < 0.035.

This relation is expected to be strongly dependent of bioreactor and sparger designs

due to their impact on gas dispersion. However, no measurements of power loss were

done in our study and thus, only suggestion regarding the impact of agitation rate

may be made. It is suggested that the increase of agitation rate to ensure particle

suspension is related to a weaker bubbles dispersion by the impeller and a progressive

loss of mechanical power.

In order to decipher the various phenomena taking place in the bioreactor, the

specific impact of Qg on Njsg was established, as shown on Fig. 2.15 for each range of

particle diameters. Using multiple linear regressions, the relation between Njsg and Qg

was determined and found to be linked by the relation Njsg ∝ 2.64 · Qg. These results

also show that this impact seems significantly independent of particle diameter, in the

range of particle diameters studied.
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Figure 2.14: Comparison of the models for the just-suspended speed Njs under gassed condi-
tions for various impeller configuration using (left) Njsg,add and (right) Njsg,na.

Consequences on bioreactor and process control are thus clearly important and

should be considered prior optimization. Oxygenation control is indeed generally based

on either modification of agitation rate or gas flow rate. These results show that

the increase of the gas flowrate only may rapidly have deleterious effects on particle

suspension as Njs,g ∝ Qg. Regarding dimensionless model of suspension, it should be

advised either to apply an oxygenation control that maintains the aeration number

constant throughout the process (which is equivalent to N ∝ Qg) or to verify that,

when the oxygen demand is maximal, the agitation rate is still sufficient to ensure a

good dispersion of the particles.

Effect of the different variables affecting the just-suspended agitation rate

The impact of particle size and solid concentration on the just-suspended agitation rate

was also investigated. The respective influence of these parameters was compared with

the trends observed by Zwietering.

The effect of particle size on Njs was observed for three particles size categories,

ranging from 20 to 200 µm and under different conditions of aeration rates and solid

concentrations, as shown by Fig. 2.16. The Zwietering correlation suggested a strong

impact of the particle size due to its influence on terminal settling velocities. This

effect was confirmed in this study as the global exponent on the particle size was found

to be 0.25 ± 0.02 (R2 > 0.95), leading to Njs ∝ d0.25
p . This value, higher than the 0.2

determined by Zwietering, is not uncommon as similar impact were reported by other

studies, which was found to be relative to the difference of geometry [11]. It should be

also noted that the dependence of Njs on the particle diameter is not impacted either

by the solid concentration or by the gas flow rate. From an economical point of view,
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Figure 2.15: Effect of the aeration rate on the just-suspended agitation rate for different solid
concentrations and particle diameters. Solid concentrations are given in weight of solid per
weight of pulp.

the dependence of Njs on dp shows that, the corresponding mechanical power necessary

to ensure particle suspension would be related to P ∝ N3 ∝ d0.75
p .

Lastly, the impact of solid concentration was also considered for values ranging from

4.8 to 16.8% w/w solid. The results, shown on Fig. 2.17, demonstrated a weak effect of

solid concentration on Njs. The calculated overall coefficient on solid concentration was

found to be 0.06 ± 0.01 (R2 > 0.95), which is lower than the 0.13 found by Zwietering.

This difference could be attributed to the low clearance used for the bottom RT6B

impeller, which assisted particle suspension.
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Figure 2.16: Effect of the particle diameter on the just-suspended agitation rate.

2.4.2 Determination of oxygen mass transfer coefficient

The oxygen mass transfer coefficient was measured in the 2-liter tank for various con-

ditions of impeller configuration, agitation rate, gas flow rate and solid concentration.

The results are represented on Fig. 2.18. The results for 300 rpm were unsatisfying due

to bubble accumulation on the probe that could not be prevented at this agitation rate,

as the probe used for measuring dissolved oxygen was not beveled and was responsible

for bubble retention at its surface. Therefore, these data were not shown.

For all conditions tested, as expected, the oxygen mass transfer coefficient increased

with the aeration rate, with a single exception for the DR at 500 rpm and 4.8% solid

where it decreased, which could be attributed to experimental error margin. Similarly

to the aeration rate, the agitation rate impacted positively the kLa values, with a kLa

up to 3 to 5 times higher at 700 rpm compared to 500 rpm. Lastly, the solid concentra-

tion also affected positively the kLa. The kLa was, on average, increased by 16% when

solid was added in the vessel, except for the RH configuration at 500 rpm where rises

up to up to 120% were observed. However, few differences were observed between 4.8

and 9.2% (w/w) of solid. At first glance, it could be expected a decrease of the kLa with

increasing solid fraction, as reported in most of studies of literature. However, it was

also shown that for low volume fractions of solid in suspension in water, an increase of
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Figure 2.17: Effect of the solid concentration on the just-suspended agitation rate for various
aeration rates and particle diameters.

the kLa could also be observed [21]. These complementary results and the one obtained

in the present study confirm the conflicting effects of solid phase on mass transfer. For

low volume fractions, the presence of a solid phase with a diameter close to the liquid

film thickness encountered at the gas-liquid interface may disrupt bubble coalescence

in coalescing media such as the one used here. In this case, a decrease of the interfacial

area may be suggested. On the other hand, higher solid fractions may contaminate

the gas-liquid interface and limit the diffusion of oxygen through it or even reduce the

available ”clear” interface for the highest concentrations. Consequently, establishing

general rules for gas-liquid mass transfer in slurry reactors remains hardly realizable

regarding the effects of bioreactor design, particle diameters, or physicochemical prop-

erties of the liquid phase. A case-by-case study is thus certainly still necessary during

bioleaching process sizing.

By comparing the two impeller settings, it is shown that the DR configuration of-

fered better gas dispersion capabilities than the RH configuration due to its higher kLa

values for all used conditions. However, the difference of kLa was relative to the agi-

tation rate, with up to 50% differences at 500 rpm but little to no differences at 700 rpm.
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Figure 2.18: Oxygen mass transfer coefficient in function of aeration rate for various configu-
ration, agitation rates and solid concentrations. (top left) RH configuration at 500 rpm ; (top
right) DR configuration at 500 rpm ; (bottom left) RH configuration at 700 rpm ; (bottom
right) DR configuration at 700 rpm. Solid concentrations are given in weight of solid per
weight of pulp.

The results of each set of conditions of configuration, agitation rate and solid con-

centration were fitted using a power law (kLa = a · Qb
g). The models, shown on Table

2.2, offered good matches (R2 > 0.90) with the same exception for the DR at 500 rpm

and 4.8% w/w. The power constant b was found to be equivalent for all results at

0.31±0.04. The constant a had a higher variability and is dependent of the impeller

but remains in the same order of magnitude than values than can be found in literature

(see for instance [22]).
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Table 2.2: Coefficient for the power law fitting of the kLa values for various conditions of
configuration, agitation rate and solid concentration.

500 rpm 700 rpm
0% w/w 4.8% w/w 9.2% w/w 0% w/w 4.8% w/w 9.2% w/w

a 8.96 17.44 15.18 36.11 37.84 51.93
RH b 0.32 0.31 0.33 0.28 0.31 0.23

R² 0.70 1.00 1.00 0.92 0.98 0.99
a 17.13 89.56 22.08 24.75 30.82 48.60

DR b 0.34 -0.02 0.31 0.39 0.36 0.27
R² 0.91 0.13 0.97 0.99 0.95 0.93
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2.5 Chapter conclusions

In this chapter, a complete description of a laboratory-scale bioleaching stirred tank

reactor was obtained through biotic and abiotic experiments.

At first, 10 batch bioleaching STR were carried out with common experimental pa-

rameters, in order to generate data on solid, liquid, gas and biomass and for modelling

purpose. Progression of the experiments was determined over the time using dissolved

metal content and gas analysis. Furthermore, biological kinetics were observed using

biomass counting and molecular biology. DNA sequence analysis was used to recognize

the different strains present in the medium during the experiment. The results vali-

dated the presence of expected BRGM-KCC bacterial strains, namely L. ferriphilum,

At. caldus and Sb. thermosulfidooxidans. It was also found that L. ferriphilum acted

as the main iron-oxidizer and At. caldus as the main sulfur-oxidizer. Moreover, DNA

quantification allowed to observe the distribution of these strains in the medium, which

helped determining their attachment to the solid particles or suspension in the liquid.

It was shown that over 99% of biomass were suspended in the liquid. Furthermore, the

strain specific abundances of the biomass was observed for each phase (liquid, solid or

pulp). Lastly, a relationship between cell count and the gene copy number was estab-

lished.

As a matter of fact, most biokinetic models are constrained by experimental con-

stants such as the gas-liquid mass transfer coefficient or bacterial growth parameters.

The previously obtained data will be used in the chapter 4 as a baseline for the estima-

tion of these constants. Moreover, the experimental data will also be used as a mean to

validate the different models established, before their transposition to industrial scale.

Abiotic experiments were also performed to characterize the tank ability to homog-

enize solid, liquid and gas. Two different parameters were determined: just-suspended

speed and gas-liquid mass transfer. Both parameters were obtained for a wide range

of conditions, including solid fraction, solid concentration, impeller configuration and

gas flow rate. Moreover, supplementary studies were done on the just-suspended speed

to model it using the Zwietering correlation and it was also shown that adjustments

of the correlation could lead to a correct approximation of the gassed just-suspended

speed. Based on this assumption, a new dimensionless model was established to link the

just-suspended agitation rate under gassed conditions to the aeration number. Sim-

ilarly, the gas-liquid mass transfer was modeled using a power law with a common

power superscript for all results. Our results confirm the complex interactions that

take place within gas-liquid-solid stirred tank bioleaching reactors. From this point

of view, global experimental measurements, despite their utility for proposing basal
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scale-up and process optimization rules, can not be sufficient to decipher the physical

phenomena coupling that take place in the bioreactor. One consequence is thus the

need to perform more advanced hydrodynamic characterizations, which is proposed in

the next chapter through CFD simulations.
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3.1 Introduction

Bioleaching in stirred tank reactor is a powerful application of hydrometallurgy to ex-

tract metals on a short time with high efficiency. However, this process shows high

OPEX, mainly due to the substantial energy consumption, which limit its use to high

value-added resources. For this, operative conditions and tank characteristics must be

carefully chosen to maximize cost efficiency. As seen in the state of the art, this surely

includes adaptation of multiphase hydrodynamics generated in the tank, with the help

of reliable models, especially Computational Fluid Dynamics (CFD).

The main goal of this chapter was to determine the impact of various process param-

eters on particle suspension, known as one of the critical parameters for optimization

of the reacting conditions. For this, descriptive laboratory and pilot scale CFD mod-

els were applied to two BRGM tanks hydrodynamics. As a first step of the complete

description of this hydrodynamics, liquid-solid numerical simulations were carried out

and the impact of the impeller geometry, agitation rate and solid concentration were

asserted on power dissipation and mixing efficiency.

Studies demonstrated that cells attachment was linked to bioleaching efficiency [1].

For this, the previously developed models were also used to quantify the hydrome-

chanical stress perceived by the particles and its spatial distribution for various solid

concentrations. For this purpose, approximately 50 numerical simulations were real-

ized at the 2 l laboratory-scale (published paper in Hydrometallurgy, see section 3.2)

and the results robustness was evaluated at the 800 l pilot-scale (section 3.3). From

the results obtained, it was proposed new insights for reactor design and scaling of

bioleaching stirred tank reactor and more specifically on the limitation of the shear

stress encountered by the attached bacterial communities.

123



CHAPTER 3. MODELLING OF PARTICLES SUSPENSION AND
HYDROMECHANICAL STRESS IN MULTI-SCALE BIOLEACHING STR

3.2 Impact of impeller design and solid concentration on

particle suspension and hydromechanical stress

As seen previously, particle suspension is a critical parameter for both chemical and

biological reactions efficiency. It is closely linked to the tank and impellers geometries

as responsible for hydrodynamics of the medium. These parameters must be carefully

chosen in order to maximize solid homogeneity while limiting hydromechanical stress

on the biomass. This first study will describe the results for a laboratory scale STR in

the form of a scientific paper in Hydrometallurgy.

CFD numerical simulation of particle suspension and stress in various
designs of multi-stage bioleaching reactors

Jonathan CHERONa, Céline LOUBIEREb, Stéphane DELAUNAYa, Anne-Gwénaëlle

GUEZENNECb, Eric OLMOSa,*

a Laboratoire Réactions et Génie des Procédés, Université de Lorraine, CNRS, LRGP,

54000 Nancy, France
b Bureau de Recherches Géologiques et Minières, BRGM, 45100 Orléans, France

* Corresponding author: eric.olmos@univ-lorraine.fr (E. Olmos).

Abstract: The performance of bioleaching stirred tank reactors (STR) is related to

the homogeneity of biomass, substrates and dissolved gases. This work was focused

on the characterization of the impeller design on bioreactor hydrodynamics and, more

specifically on power, mixing efficiency and particle stress. Few studies addressed the

issue of the impact of the impeller design on these, especially for multi-stage bioreactors

which are the most commonly used at the industrial scale. To fill this lack, a two-

stage solid-liquid computational fluid dynamics (CFD) model was simulated on more

than 50 conditions to assess power consumption, dissipated power, suspension quality

and particle stress. A dual impeller configuration was chosen using Rushton turbines,

R600, Hydrofoil, Elephant Ear and HTPG impellers. Grinded pyrite-rich materials

(average particles size: 80 µm) were considered as the solid phase at 3 different solid

concentrations (10, 18 and 26 % w/w). Considering the impeller power number (NP ),

the configuration with an axial impeller consumed less energy than a radial impeller

in concordance with literature data. The results show that the impeller design had

few to no effect on mixing efficiency considering a given power dissipation per unit

volume. Independently on the impeller used, unique relationships were found between

particle stress and mixing efficiency. This study gives new insights for reactor design

and scaling of bioleaching stirred tank reactor and more specifically on the reduction

of shear stress for the attached bacterial communities.
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3.2.1 Introduction

In the last decades, bioleaching has been successfully implemented at the industrial

scale and used, either in the form of dump or heap treatments, or by using large-scale

stirred tank reactors (STR) [2, 3]. Dump or heap treatments were widely used for

low-grade copper-based sulphides because of the low cost of implementation and main-

tenance of these processes. On the other hand, bioleaching STR have proven to be

more efficient to extract metals from low-grade or refractory ores but are limited to

precious metals because of their significant cost of implementation [4]. Nonetheless,

bioleaching is evolving towards the exploitation of ‘unconventional’ resources caused

by the declining trend in mean ore grades [5, 6]. These resources are represented with

unusual features such as very low-grades, complex mineralogy, or high sulphur content.

If heap bioleaching has been the main process option for their treatment until now, it

is not always suitable. The main reasons that precludes heap application are the com-

position of the materials to be treated (presence of carbonate causing heap clogging, or

high concentrations of sulphides that lead to uncontrolled and excessive temperature

increase in the heap) and the lack of sufficient space, especially in densely populated

areas like in Europe. In such cases, bioleaching STR might be a technical alternative

but is mostly too expensive except in very few cases when the metal value is high

enough (e.g. such as in Uganda for the cobalt recovery in flotation tailings [7] or in

Finland for the valorization of nickel from talc mining residues [8, 9]). The expansion

of STR bioleaching requires thus further technical optimization to reach an economic

viability.

As in any chemical engineering process, the management of bioleaching bioreactors

is aimed at optimizing the reacting conditions to accelerate the oxidation processes

of the sulphides and to maximize the solubilization or liberation efficiency of valuable

metals. This optimization of the reacting conditions is closely related to the homogene-

ity of biomass, substrates and dissolved gases throughout the reactor. This is especially

important considering that the interactions between the microorganisms and sulphides

(microbial attachment and biofilm formation) are considered key parameters to im-

prove bioleaching [3]. To this end, improving mixing efficiency would result in a better

mass transfer of the components in the system [10, 11]. Furthermore, significant power

consumption of the process comes from mechanical mixing, which is directly related to

the solid content (through sufficient agitation rate ensuring suspension and gas-liquid

mass transfer efficiency) and its physical properties [12, 13]. Bioleaching in STR in-

volves substantial power consumption, which results in large operating costs and limits,

until now, the use of this technology to the treatment of high added-value resources

(mainly refractory gold ores). Besides these commodities, the expansion of bioleaching

to ‘unconventional’ primary resources with lower value, such as low-grade ores or base
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metal ores and tailings, requires adapting the STR process to the characteristics of

these resources in order to limit investment and operating costs while maintaining high

extraction efficiency [7, 14] as these resources present a wide range of shape, size and

physical properties.

Solid-liquid stirred tanks were widely studied in the literature to define standard

designs in order to optimize their efficiency through a better solid distribution [15, 16].

The power consumption per unit of volume P/V is generally considered as one of the

best criterion for the scale-up of these vessels [17, 18] as it could be related to mass

transfer capacities or mixing times [19, 20]. Dimensional analysis indicates that its value

is provided by dimensionless models relating the power number NP to the Reynolds

number Re, the impeller power number NP being represented by the following equation:

NP = P

ρlN3D5 = f

(
Re = ρlND2

µ

)
(3.1)

with P the power required for the impeller rotation, ρl the fluid density, N the

agitation rate, µ the liquid viscosity and D the impeller diameter. It is a well-known

result that, in baffled vessels, the power number is independent of the Reynolds number

in the turbulent regime (Re > 104) and reaches a constant value that only depends on

bioreactor design [17]. It is also important to emphasize that the required power P

(which is related to the electric power consumption) should be preferentially minimized

to limit the OPEX of the bioleaching process.

Nevertheless, this parameter is not sufficient to describe the suspension quality,

defined by the spatial distribution of the particles within the flow. To describe the

suspension quality, the just-suspended agitation rate Njs, defined as the minimal agi-

tation rate ensuring the suspension of all solid particles, has often been used as a good

compromise between optimal mass transfer and minimal power consumption [21–24].

However, this criterion fails to describe the solid suspension quality [25]. Mak (1992)

used the standard deviation of the local solid concentration as a way to characterize

the solid distribution but the experimental set-up complexity makes difficult the use of

this method to screen a high number of bioreactor designs [26]. Furthermore, the solid

distribution within the liquid phase should be related to the local values of turbulent

dissipation rates [27] which strongly depend on both the vessel and the impeller design

[28]. However, while an increase of power dissipation is expected to sensibly improve the

mixing efficiency of the bioreactor from a physical point of view, the hydromechanical

stress generated by the agitation may also weaken the microbial adhesion or even lower

the process performances. This is particularly detrimental for bioleaching processes

due to the major importance of microbial attachment and biofilm formation [29, 30].

This was observed with Acidithiobacillus ferrooxidans cultures in shaking flasks [31].
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Similar observations were made in STR during thermophilic cultures of Sulfolobus sp.

[32, 33]. Moreover, it was shown by Wang et al. (2014) that, for moderately ther-

mophiles cultures, the proportion of attached cells is higher than of planktonic cells

[34]. Also, altering the capacity of the cell to attach on the mineral surface leads to

a decrease of bioleaching efficiency [35]. Considering the effect of solid loading, it was

demonstrated by Witne and Phillips (2001) that the increase of solid concentration in

continuous STR induced an increase of the leaching rate until a point where it had

a negative effect, which could be caused by the attrition of cells [1]. Similar results

were observed by Raja (2005) in shaking bottles where a decrease in specific oxygen

consumption rate and cell viability was observed at increasing quartzite concentrations

[36]. In the same way, Nemati and Harrison (2000) observed that if a partial suspension

of the pulp was obtained for a concentration of 18 % w/v (corresponding to 16 % w/w

with the hypothesis of ρs = 2610 kg m−3), the rate of iron solubilization was reduced

[37]. However, achieving complete particle suspension led to an apparent cell damage,

as shown by a reduced cell count. More generally, it must be underlined that solid

concentration has not the same influence on mesophilic and moderately thermophilic

bacteria (such as Leptosirillum and Acidithiobacillus sp.), and extremely thermophilic

archaea (such as Acidianus, Metallosphaera, and Sulfolobus sp.). As reviewed by Brier-

ley and Brierley (2013), STR bioleaching with archaea, which have no rigid cell wall,

necessitates a somewhat lower solid concentration than 12.5 % in reactor opposed to

the common 20 % in plants processing sulphidic-gold concentrates with mesophilic and

moderately thermophilic bacteria, due to their difference of shear sensitivity [3].

To understand the previous results, it is important to consider that, in bioleaching

reactors, hydromechanical stresses may impact the process performance following three

phenomena: (i) direct shear of the liquid phase on the microorganisms in suspension

(Fig. 3.1a), (ii) shear stress on particles that potentially hold adhered microorganisms

or biofilms (Fig. 3.1b), and (iii) particle-particle frictions and collisions (Fig. 3.1c). The

occurrence of direct shear is still debated. It is generally assumed, but not completely

demonstrated, that hydrodynamics has no impact on planktonic microorganisms if,

locally, the Kolmogorov length scale lK = (ν3/ε)0.25 is higher than the microorganism

diameter [38]. In this equation, ε (W kg−1) is the power dissipation per unit of mass

(or turbulent dissipation rate) and ν is the kinematic viscosity (m2 s−1). Considering

microorganisms of the micrometer scale, the maximal power dissipation necessary to

induce direct cell damage would be ε ∼ 106 W kg−1, which is unlikely to be reached

in standard stirred tank bioreactors. In comparison, the value of power dissipation

that would induce hydrodynamic stress on particle with a diameter in the range 10-100

µm would be ε ∼ 0.01-100 W kg−1, which is more likely to be observed with usual

mixing conditions. Lastly, particle-particle frictions frequency and intensity depend on

the local volume fraction of particles and the relative velocity between particles, and
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consequently on the design of the bioreactor, the agitation rate and the mean particle

concentration.

Figure 3.1: Description of the hydromechanical stress applied on microorganisms due to:
(a) direct shear of the liquid; (b) shear stress on particles; (c) particle-particle frictions and
collisions.

From a physical point of view, a quantitative description of the bioreactor hydrody-

namics relies on a better knowledge of the coupling between bioreactor design, operating

conditions, solid distribution within the bioreactor and particle stress. Computational

Fluid Dynamics (CFD) can be used as an efficient approach to locally represent or

calculate the hydrodynamics parameters of these processes. Among others, the local

solid concentration, the liquid mean and fluctuating velocities and the impeller torque

are representative parameters [39, 40]. In a gas-mixed leaching tank, Song et al. (2015)

used a gas-liquid Euler-Euler approach to enhance the design of the reactor in terms

of bubble diameter or draft tube diameter [41]. In the study of Gradov et al. (2017),

the rheology of the slurry was modelled using a power law while a gas-liquid Euler-

Euler approach was used to determine the volumetric distribution of the gas-liquid

mass transfer coefficient within the bioreactor [42]. Three-phase flow was simulated in

a vessel equipped with an HEDT impeller by Zheng et al. (2018a) [40]; the authors

showed that a gas-liquid-solid Euler-Euler-Euler combined with a k-ε turbulence model

was able to predict the mechanical power dissipation with an error lower than 15 %.

Recently, Loubière et al. (2019) developed strategies to determine optimal bioreactor

configurations for the culture of mesenchymal stem cells in stirred tank vessels, on

spherical microcarriers by using a coupled CFD-genetic algorithm approach [43]. The

optimization criterion was a minimization of power dissipation encountered by the par-

ticles, at the particle just-suspended state.

Despite the referenced studies, the identification of the impact of impeller geom-

etry choice on bioleaching reactor hydrodynamics remains incomplete, especially in

multi-stage bioreactors, which are the most commonly used at the industrial scale.

Moreover, no studies put into evidence the coupling between power dissipation, solid

homogeneity and occurrence of particle stress. The present work was focused on the
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comparison of the effects of the impellers design on the hydrodynamics of a two-stage

solid-liquid bioleaching reactor. For this, more than 50 CFD simulations based on a

liquid-solid granular Euler-Euler model were carried-out with six radial and axial im-

peller designs. The performance of each impeller was quantified through the power

number NP and compared with literature data. Furthermore, the standard deviation

of the solid concentration distribution was calculated to determine the respective effi-

ciency of the impellers on solid scattering. The spatial distribution of hydromechanical

stress on particles was determined for each bioreactor configuration and for three solid

concentrations of 10, 18 and 26 % w/w.

3.2.2 Material and Methods

Model description

In this work, a steady-state Eulerian-Eulerian multiphase approach was used to sim-

ulate the solid-liquid flow, where the continuous and dispersed phases are considered

as interpenetrating continua. Both phases are identified by their own volume fraction

and are related as:

αs + αl = 1 (3.2)

where αs and αl are the volume fractions of the solid and liquid phases respectively.

The continuity equation for each phase can be written as:

∇ · (αlρlul) = −∇ (γs∇αs) (3.3)

∇ · (αsρsus) = FTD = −∇ (γs∇αs) (3.4)

where ρ and u are the density and velocity of each phase, and FTD is related to

the turbulent dispersion force. This turbulent dispersion force takes into account the

dispersion due to turbulent velocity fluctuations and was modelled using the diffusion-

in-VOF model. The diffusion coefficient γs is related to the turbulent viscosity µt,l by

γs = µt,l/0.75. The momentum conservation equation for each phase is:

∇ · (αlρlulul) = −αl∇p + αlρlg + ∇ · τl + FD,ls (3.5)

∇ · (αsρsusus) = −αs∇p − ∇ps + αsρsg + ∇ · τs − FD,ls (3.6)

where p is the pressure field shared by the two phases, ps is the solid pressure, g

the gravitational acceleration, τ the phase stress strain tensor and FD,ls the interphase

momentum transfer.
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Interphase forces that are generally expected in a multiphase liquid-solid flow in-

clude: turbulent dispersion, drag, virtual mass, Basset and lift forces. Previous studies

have shown that solid-liquid flows in STR are correctly represented using only turbu-

lent dispersion and drag forces with a low effect of other forces on simulation results

[44–46]. The turbulent dispersion force FTD should be modelled when the size of turbu-

lent eddies is larger than the particle size [39, 47] which is a priori expected in standard

bioreactors. Furthermore, the virtual mass, Basset and lift forces may be neglected as

they have a much lower magnitude than the drag forces [16, 48, 49].

The drag force FD,ls between liquid and solid phases was calculated by the following

equation:

FD,ls = Kls (us − ul) (3.7)

with Kls the interphase exchange coefficient between liquid and solid phases respec-

tively, determined by:

Kls = CD,ls
3
4ρl

αsαl

dp
|us − ul| (3.8)

The drag coefficient CD,ls is given by the Schiller and Naumann model [50]:

CD,ls =

24
(
1 + 0.15Re0.687

p

)
/Rep Rep < 1000

0.44 Rep ≥ 1000
(3.9)

with Rep the particle Reynolds number:

Rep = dp (us − ul) /νl (3.10)

The dispersed k-ε model was chosen as it is recommended for multiphase flows con-

sidering a continuous and a dispersed phases with a density ratio between phases equal

or higher to 2.5 (s.n. [51]). This is often validated in bioleaching as most substrates

are sulphidic materials of density higher than 2.5. In our case, water was chosen as the

liquid phase (ρl = 1000 kg m−3, µl = 0.001 Pa s) and particles with the characteristics

of grinded pyrite-rich materials (ρs = 2610 kg m−3, dp = 80 µm, pyrite fraction = 51 %)

were considered for the solid phase. In this approach, turbulence is fully-modelled for

the continuous phase and the turbulence of the dispersed phase is possibly taken into

account through additional interaction terms. The k-ε model provides the transport

equations of the turbulent kinetic energy k and its dissipation rate ε:

∇ · (αlρlulkl) = ∇ ·
(

αl

(
µl + µt,l

δk

)
∇kl

)
+ αlGk,l − αlρlεl (3.11)
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∇ · (αlρlulεl) = ∇ ·
(

αl

(
µl + µt,l

δε

)
∇εl

)
+ αl

εl

kl
(Cε1Gk,l − Cε2ρlεl) (3.12)

µt,l is the turbulent viscosity of the continuous liquid phase:

µt,l = ρlCµ
k2

l
εl

(3.13)

Gk,l is the term of production of turbulent kinetic energy and the constants are

defined as follow: Cµ = 0.09, Cε1 = 1.44, Cε2 = 1.92, δk = 1 and δε = 1.

Lastly, no additional interaction terms were taken into account for turbulence as

preliminary simulations showed no impact of these terms on simulation results (data

not shown).

The particle-particle interactions were modelled by the kinetic theory of granular

flows, which is an extension of the model for molecular motion in a dense gas phase.

It aims at determining the solid pressure ps which represents the normal forces due to

particle interactions. From the kinetic theory, Jenkins and Savage (1983) proposed that

this solid pressure is the sum of a kinetic energy term and of one term that includes

the particle-particle collisions [52]:

ps = αsρsθs + 2ρs (1 + ess) α2
s r0θs (3.14)

The coefficient of restitution of particle collision ess is set to 0.9. The granular

temperature θs is a measure of the kinetic energy due to the fluctuating velocities u′
s

of the particles:

θs = 1
3u′

s
2

(3.15)

Neglecting the convective and diffusive transports, the transport of the granular

temperature within the bioreactor is provided by Ding and Gidaspow (1990) [53]:

(
−psI + τs

)
: ∇us − γθs + ϕls (3.16)

First-term of the left-hand side represents the generation of fluctuating energy due

to the solid pressure and viscous force; the second term is the dissipation of the fluc-

tuating energy and the last term is the exchange of fluctuating energy between liquid

and solid phases respectively. The transfer of fluctuating energy is given by:

ϕls = −3Klsθs (3.17)
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The collisional dissipation of energy γθs is provided by:

γθs = 12 (1 − e2
ss) r0

dpπ0.5 ρsα
2
s θ3/2

s (3.18)

The radial distribution function r0 is a correction factor that modifies the probability

of collisions between particles when the solid granular phase becomes dense:

r0 = a + dp

a
(3.19)

with a the distance between the particles. In our case, this distribution is deter-

mined by:

r0 =
1 −

(
αs

αs,max

)1/3
−1

(3.20)

with αs,max = 82 % w/w (corresponding to 63 % v/v), the particle packing limit.

The solid shear stress tensor τs arises from particle momentum exchange due to

translations and collisions and depends on the solid viscosity:

τs = µs∇us = (µs,col + µs,kin) ∇us (3.21)

The collisional contribution to the shear viscosity is given by:

µs,col = 4
5αsρsdpr0 (1 + ess)

(
θs

π

)1/2

(3.22)

And the kinetic viscosity by:

µs,kin = 10ρsdp
√

θsπ

96αs (1 + ess) r0

[
1 + 4

5r0αs (1 + ess)
]2

(3.23)

Simulation setup

The geometry setup for the simulation of the lab-scale bioreactor is shown on Fig. 3.2;

this bioreactor is routinely used for bioleaching experiments. The tank was a cylindrical

vessel of diameter T = 0.12 m and liquid height H = 0.187 m. The tank was equipped

with four conical baffles of width equal to T/10, placed symmetrically.
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Figure 3.2: Planar view (left), cross-section (middle) and mesh (right) of the two-stage stirred
tank reactor.

A dual impeller configuration was chosen using various bottom impeller designs but

a fixed design for the top impeller (Fig. 3.3). Considering the height on tank diameter

ratio, the choice of a multi-stage design is recommended to provide sufficient liquid

mixing near the surface. As the focus was put on particles suspension and stress, and

to limit the number of configurations simulated, only the bottom impeller design was

modified. The bottom impellers had a fixed diameter D = 0.05 m with an off-bottom

clearance C = D. The top impeller, a three-blade hydrofoil (A310), was positioned

at a spacing S = 0.06 m above the bottom impeller and had a diameter equal to 0.06 m.

Each impeller configuration was simulated at 6 different agitation rates (N = 200,

300, 400, 500, 600 and 700 rpm), ensuring fully turbulent conditions for each case (104

< Re < 5×104). Moreover, the impact of the solid concentration on solid-liquid suspen-

sion was also determined by fixing three different solid concentrations: 10, 18 and 26

% w/w. A non-uniform mesh structure was created to divide the geometry setup using

the Fluent Meshing tool and was composed of 400,000 tetrahedral elements. Refine-

ments were done along the wall and in the impellers regions. Mesh independence was

preliminary verified by comparing velocity vectors fields and volume-averaged power

dissipation.
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Figure 3.3: Impellers used in simulations. (a) 6-bladed Rushton turbine (RT6B); (b) 4-
bladed Rushton turbine (RT4B); (c) R600 spiral backswept impeller (R600); (d) Elephant-
Ear impeller operating in down-pumping mode (EEd); (e) HTPG impeller operating in down-
pumping mode (HTPGd); (f) Lightnin A310 impeller operating in up-pumping mode (A310).

Power consumption

To obtain the power number Np defined in eq.3.1, the power consumption P was

calculated by the following equation:

P = 2πNCw (3.24)

with N the agitation rate and Cw the impeller torque, which was determined by the

numerical simulations. Mechanical energy balance within the bioreactor imposes that

the power consumption P should be of the same order of magnitude as the dissipated

power Pdiss determined by the turbulence model:

Pdiss = ρl ⟨ε⟩ Vl (3.25)

Solid dispersion

Solid dispersion is a key process parameter in solid-liquid bioreactors as it strongly

impacts the mass transfer to the particles but also the microenvironment of substrates

around the particles. One way to determine the suspension quality is to use the Zwi-

etering correlation which models the just-suspended agitation rate of the particles Njs in
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the bioreactor (based on the Zwietering criterion that considers the particles as they do

not remain settled more than 2 seconds near the vessel bottom at the just-suspended

state). It is generally assumed that the bioreactor and impeller geometries have an

impact on Njs but also on the operating conditions of the process:

Njs ∝ ν0.1
l

[
g (ρs − ρl)

ρl

]0.45

· W 0.13
s d0.2

p D−0.85 (3.26)

Thus, for a given bioreactor configuration and operating conditions, the scaling law

Njs ∝ W 0.13
s should be obtained. Despite the interest of determining this criterion, it

is insufficient if the distribution of particle concentrations or stresses are also looked

for. One way to improve the description of the particles suspension behaviour is to

determine the suspension quality Hs which can be calculated as the volume-averaged

difference between the local and the mean concentration of solid particles [26, 45, 54,

55]. This parameter is determined using the local fraction of each elements of the mesh:

Hs = 1 −
√

1
Vtot

·
∫∫∫

Vtot
(αs − ⟨αs⟩)2 dV (3.27)

where αs denotes the local volume fraction of the solid phase and ⟨αs⟩ represents

the volume-averaged value of particle concentration in the vessel. This value of Hs

had to be adjusted to take into account the packing limit of the particles given by the

maximal local solid concentration of 82 % w/w:

Hs,adj = Hs − Hs,min

Hs,max − Hs,min
(3.28)

where 0.75 < Hs,min < 0.85 and Hs,max = 1 are respectively the minimal and maxi-

mal values of Hs for αs = αs,max = 0.82 and αs = αs,min = ⟨αs⟩. The value of Hs,min is

dependent on the volume-averaged concentration of particles considered in the calcu-

lations.

Solution method

The commercial software ANSYS Fluent 2019R3 was used for the numerical simula-

tion of the multiphase flow. The conservation equations presented in Eq.3.2-3.23 were

applied in all meshes and were solved using the steady-state Eulerian method. The

impellers rotation was modelled using the multiple reference frame approach. The ro-

tating domain was positioned at rbottom = 0.035 m, 0.036 m ≤ zbottom ≤ 0.066 m and

rtop = 0.040 m, 0.096 m ≤ ztop ≤ 0.126 m, respectively for the bottom and the top

impellers. The pressure-velocity based solver using the SIMPLE algorithm was used

to solve the set of conservation equations. Discretization of the mass, momentum and

volume fraction equations was carried-out using the second-order upwind scheme while

pressure was spatially discretized using the PRESTO! scheme (s.n. [51]). Convergence
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of the simulations was admitted when transport equations residuals were less than 10−3

and when the local solid volume fraction reached a steady state at three locations of

the vessel (r = 0.025 m and z = 0.025, 0.090 and 0.160 m).

3.2.3 Results and discussion

Liquid flow patterns

Firstly, to validate the accuracy of the CFD model, the flow patterns were qualitatively

compared with data from the literature. The dimensionless liquid velocity profiles

shown in Fig. 3.4 present the flow patterns induced by the dual-impellers bioreactor.

The top A310 showed the predicted pattern of a mixed flow, presenting a one-loop flow

pattern as it operates in up-pumping mode, which was also shown by Vrábel et al.

(2000) on a multiple impellers configuration [56]. The proximity of the liquid surface

promoted the formation of two supplementary liquid loops. For the bottom impeller,

various flow patterns were observed depending on the impeller used: the radial impellers

(RT4B, RT6B and R600) generated a two-loop pattern with a radial ejection of the

liquid towards the reactor wall while the down-flow axial impellers (HTPGd and EEd)

showed a single-loop flow pattern. These results agreed with the experimental results

of previous studies as similar flow patterns were shown for radial impellers by Zhang

et al. (2017) and for down-flow axial impellers by Bouaifi and Roustan (2001) [19, 20].

As expected, the choice of the tip speed utip = πND. as a representative design

parameter is highly questionable, as shown by the variability of the flow pattern from

one configuration to another [38].

Power consumption

The power numbers of each impeller were calculated using eq. 3.1 for each agitation

rates and solid concentrations and the mean value obtained and standard deviation

were compared with data from literature, as shown in Table 3.1.

Table 3.1: Mean value and standard deviation of the calculated impeller power numbers for
each impeller configuration used and comparison with data from literature (referenced Np).

Impeller Calculated Np Referenced Np Literature reference
RT4B 3.1 ± 0.1 4.0 [57]
RT6B 4.0 ± 0.1 4.0 - 6.0 [18]
R600 3.6 ± 0.3 4.2 [57]
HTPGd 0.73 ± 0.07 0.67 [57]
EEd 1.9 ± 0.1 1.7 - 2.1 [43, 58]
A310 0.76 ± 0.05 0.3 - 0.5 [27]
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Figure 3.4: Normalized liquid velocity vectors profiles at 500 rpm for: (a) the RT4B-A310
configuration; (b) the RT6B-A310 configuration; (c) the R600-A310 configuration; (d) the
HTPGd-A310 configuration; (e) the EEd-A310 configuration. The tip speed was given by
utip = πND.

The results showed that for fully turbulent conditions, the variation of agitation

rates induced few variations of the power numbers compared to the expected values,

as classically expected in turbulent regime [17, 59]. Moreover, the predicted values of

Np, calculated for each impeller in the two-stage configurations, are similar to those

reported for single-impeller configurations meaning that the total power consumption

is approximately equal to the additive power consumption of both impellers. This can

be explained by the fact that, with enough spacing between the impellers (S/D > 1),

the respective dissipated power of the impellers in a two-stage reactor is similar to

those obtained in a single-stage reactor [60, 61]. Lastly, the power consumption of the

upper A310 impeller was independent of the bottom impeller design (data not shown),

which confirmed that both impellers were not interacting with each other. The CFD

simulations also showed that the power dissipation calculated by the turbulence model

was, on average over all configurations, equal to 58 % of the power consumption de-

termined by the torque of the impeller. This result is in accordance with most CFD

simulations carried-out with the k − ε turbulence model [62].
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As shown by Loubière et al. (2019) for various designs of impellers, the particle just-

suspended state is clearly related to the total power consumption per unit of volume

Ptot/V , which considers the power demand of both impellers [43]. Thus, the values

of this parameter were evaluated for the different impeller configurations in order to

determine the best configuration in term of particle suspension, at a given agitation

rate (Fig. 3.5). The results showed that, independently of the agitation rate, the

configurations with a bottom axial impeller (HTPGd and EEd) consumed less energy

than the configurations with a bottom radial impeller (RT4B, RT6B and R600). This

agreed with the relative power numbers given in Table 3.1 and with the experimental

results reported by Bouaifi and Roustan (2001) and Wang et al. (2010) [19, 63].

Figure 3.5: Variation of the total power consumption per unit volume Ptot/V with the agi-
tation rate, for each impeller configuration. Particle concentration was 10 % w/w.

Particle mixing degree

To determine the particle mixing degree, the values of Hs,adj were calculated for each

configuration and operating condition of the bioreactor (Fig. 3.6). The values obtained

showed a logarithmic increase with the agitation rate, with values ranging from 35 to

95 %. All configurations showed the same shape of particle mixing profile but with

non-negligible relative differences, especially at low agitation rates. These differences

were up to 40 % at 200 rpm between HTPGd and RT6B impellers but less than 10

% at 500 rpm and below. Independently of the agitation rate, both the RT6B and

the EEd were the best to scatter particles throughout the tank at a given agitation

rate. On the other hand, the HTPGd was the less efficient impeller in term of solid

homogenization, with the lowest Hs,adj for all the simulated agitation rates. This was
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emphasized by the discrepancies observed on the particle distribution, as shown by

Fig. 3.7 (a-b) for 400 rpm. While for the RT6B impeller, the just-suspended state was

clearly observed, the suspension of particles was still partial in the case of the HTPGd

impeller, as indicated by the occurrence of settled particles (αs,max = 0.82 w/w) near

the vessel bottom. Moreover, the radial impellers clearly showed a higher efficiency at

bringing the particles upward (Fig. 3.7a), making the particle bed evolves to a cone

shape at high agitation rate while the axial impellers promoted a pseudo-planar shape

of particle bed.

Figure 3.6: Suspension quality Hs,adj for each impeller configuration. Particle concentration
was 10 % w/w.

Aiming at determining a robust design criterion, the suspension quality Hs,adj vari-

ation with the total power dissipation per unit volume was also determined (Fig. 3.8a).

This variation could be divided into two zones. For power dissipation per unit of vol-

ume less than 600 W m−3 approximately, the parameter Hs,adj rapidly increased till a

value of Hs,adj ≃ 0.90; regarding the particles distribution obtained for this range of

power dissipation, only partial suspension was determined. For Ptot/V higher than 600

W m−3, the value of Hs,adj slowly increased till 0.95 approximately, indicating a pro-

gressive particle homogenization beyond the just-suspended state. Thus, a substantial

increase of mechanical energy consumption is required to achieve a minor enhancement

of the particle homogenization. Moreover, it was also shown that total homogeneity

(Hs,adj = 1.0) is not achievable as all the data tend to stagnate below Hs,adj = 0.95.

This could be explained by the fact that, even for high power dissipation per unit of

volume, a small region near the free surface remained free or poorly concentrated in

particles, as demonstrated by Delafosse et al. (2018) [64]. Lastly, it is interesting to
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note that, for a given power dissipation per unit of volume, the variations of Hs,adj

were approximately independent of the bioreactor designs, meaning that power dissi-

pation per unit of volume could be used not only as scaling parameter for particles

just-suspended state determination but also to predict the quality of particles homog-

enization. Previous experiments by Magelli et al. (1991) have shown similar results in

a single-stage vessel and pointed that it could be a basis for design optimization [65].

Based on these results, it could be advised to promote the use an impeller which can

achieve a high power dissipation per unit volume, even at the lowest agitation rate.

This could indeed allow to get particle suspension at lower values of agitation rate and

tip speed, which should limit the mechanical problems expected at high tip speeds.

Figure 3.7: Simulated particles distribution at N = 400 rpm for: (a) RT6B-A310 configuration
with 10 % w/w solid; (b) HTPGd-A310 configuration with 10 % w/w solid; (c) RT6B-A310
configuration with 26 % w/w solid; (d) HTPGd-A310 configuration with 26 % w/w solid.
Comparison of the particle size with the Kolmogorov length scale (lK/dp) for: (e) RT6B-A310
configuration with 10 % w/w solid; (f) HTPGd-A310 configuration with 10 % w/w solid; (g)
RT6B-A310 configuration with 26 % w/w solid; (h) HTPGd-A310 configuration with 26 %
w/w solid.

140



CHAPTER 3. MODELLING OF PARTICLES SUSPENSION AND
HYDROMECHANICAL STRESS IN MULTI-SCALE BIOLEACHING STR

Figure 3.8: Solid distribution Hs,adj as a function of power dissipation per unit volume Ptot/V
(left) ; Suspension quality Hs,adj as a function of the sheared fraction (right). Particle con-
centration was 10 % w/w.

Particle stress

As discussed in the introductory part, it is generally assumed that only the turbulent

eddies of the same order of length or lower than the particle size are potentially detri-

mental to the particles and thus the microbial adhesion and biofilm formation. Henzler

(2000) stated that turbulent eddies of the same size of the particles are the most likely

to damage the particles [66]. In this case, namely some turbulent eddies are lower than

the particle diameter, particles are transported in the inertial subrange of turbulence

and are subjected to turbulent stresses. To quantify the relationships between particle

stress and hydrodynamics, Thomas (1964) provided the expression of particle stress as

related to the local mean square fluctuating liquid velocities u′
l [67].

σp = ρlu′2
l = 0.7ρl (εdp)2/3 ∝ ε2/3 (3.29)

In isotropic and homogeneous turbulence, the local mean square fluctuating liquid

velocities depends on the local turbulent dissipation rate ε and on particle diameter

dp. If dp < lK, the particles are transported in the viscous subrange of the turbulence

and are mainly subjected to viscous stresses given by:

σp = µG = µ

√
ε

νl
∝ ε1/2 (3.30)

with G (s−1) the local velocity gradient.
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From the preceding results, it appears clear that the determination of hydrome-

chanical stresses acting on particles when suspended in the mixing tank should be

determined locally and considering the relative ratio of the particle size on the Kol-

mogorov length scale. Thus, it was proposed here to assert the hydromechanical stress

by calculating the sheared fraction SF (eq. 3.31), representing the percentage of par-

ticles volume under sheared conditions, namely in areas showing Kolmogorov scales

lower than the particle diameter (lK < dp).

SF = 1
Vs

·
∫∫∫

Vs(lK<dp)
dVs = 1

Vs
·
∫∫∫

Vs(lK<dp)
αs dV (3.31)

The variation of the sheared fraction SF with the suspension quality Hs,adj was

reported in Fig. 3.8. As one could expect, the stress on particles was growing higher

as the suspension quality increased. You et al. (2020) obtained similar results using

bioleaching continuous STR and reported that it was clearly linked to the mechanical

forces acting on microbial productivity through the damaging mechanisms explained

in this work [68]. The variation of SF also showed that all the impeller designs pre-

sented the same linear evolution of SF , meaning that all the configurations would

generate a similar particle stress for a given suspension quality. This could be partially

explained by the previous results that put into evidence the relation between particle

homogenization and total power demand. It is also interesting to note that, reaching

a quasi-consistent homogenization of the particles implied that almost all the particles

would encounter potentially damaging turbulent eddies that could promote biofilm de-

tachment. When particles were not homogeneously distributed in the bioreactor, it is

also important to consider the spatial distribution of the Kolmogorov length scales lK,

as it differed from one impeller to another, as shown in Fig. 3.7e and Fig. 3.7f. In

conclusion, despite each bioreactor configuration generated different turbulent dissipa-

tion fields, the physical link between flow velocity, turbulent dissipation and particle

concentrations led to unique relationships between sheared fraction of particles and

suspension quality, whatever the impeller used. This also potentially questions the

existence of ‘shearing’ or ‘non-shearing’ impellers when the degree of homogenization

is considered as comparison parameter.

Impact of particle concentrations on bioreactor hydrodynamics

Considering that an increase of solid concentrations could potentially simultaneously

promote an increase in bioprocess productivity and detrimental physical phenomena,

the impact of solid concentration (from 10 to 18 and 26 % w/w) on bioreactor hydro-

dynamics was determined. For these simulations, only the designs RT6B-A310 and

HTPGd-A310 were considered. First, regarding the just-suspended state of the parti-

cles, the basic Zwietering’s model predicts that the just-suspended agitation rate would

be related to Njs ∝ X0.13. The influence of X on Njs was confirmed by the CFD simula-
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tions of the particles distributions generated by the RT6B and HTPGd configurations

using solid concentrations of 10 and 26 % w/w as shown in Fig. 3.7 (a-d). Whereas no

particle accumulation was observed for a particle loading of 10 % w/w at an agitation

rate of 400 rpm for the RT6B impeller, settled particles were predicted by the simu-

lations at the same agitation rate for a solid concentration of 26 % w/w, indicating

that the agitation rate switched below Njs (Fig. 3.7a and Fig. 3.7c). For the HTPGd

impeller, the small accumulation observed for a solid concentration of 10 % was clearly

magnified for a solid concentration of 26 % (Fig. 3.7b and Fig. 3.7d). Considering the

Zwietering’s model, for a constant power number expected in the turbulent regime, the

total power demand at the just-suspended state would be Pjs ∝ N3
js ∝ X0.4. On the

basis of this global scaling law, the power demand for a mean solid concentration of 26

% would be P 26%
js ≃ 1.55 · P 10%

js .

The effect of the solid concentration on particle homogenization is shown in Fig.

3.9 for RT6B-A310 and HTPGd-A310 configurations. For both of them, the CFD sim-

ulation results confirmed that the increase in solid concentration led to a rise of power

demand per unit volume to reach a given suspension quality. Moreover, it was also

put into evidence that the asymptotic value of Hs,adj, obtained for the highest Ptot/V

considered in this study, was progressively reduced as long as the solid concentration

increased. For comparison, the power needed to achieve Hs,adj = 0.90 with the RT6B

was (Ptot/V )26% ≃ 2 · (Ptot/V )18% ≃ 6 · (Ptot/V )10%. A similar trend was observed for

the HTPGd with a smaller increase of power demand as the solid concentration rose,

for Hs,adj = 0.87, (Ptot/V )26% ≃ 1.7 · (Ptot/V )18% ≃ 3 · (Ptot/V )10%. Considering the

sheared fraction SF , it was shown that, for a given Hs,adj, a higher fraction of particles

was transported in the inertial subrange at higher solid concentrations. However, for

both configurations and the three solid concentrations, the parameter SF reached a

value close to 1 for the highest degrees of homogenization Hs,adj (Fig. 3.10). This could

explained by the fact that, for the particles that were suspended, the local variations

in solid concentration in the areas where dp > lK were similar between 10 and 26 %

w/w (Fig. 3.7 (e-h)). This was not true near the reactor bottom where settling was

predicted for particle concentration of 26 % w/w and which explained the less efficient

particle homogenization.
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Figure 3.9: Solid distribution Hs,adj as a function of power consumption per unit volume
Ptot/V at different solid concentration for: (left) the RT6B-A310 configuration; (right) the
HTPGd-A310 configuration.

Figure 3.10: Suspension quality Hs,adj as a function of the sheared fraction at different solid
concentration for: (left) the RT6B-A310 configuration; (right) the HTPGd-A310 configura-
tion.

3.2.4 Conclusion

The effect of the impeller design on the solid suspension was determined using 5 dual-

impeller configurations and 3 solid concentrations. For this, the power consumption

per unit of volume, the mixing efficiency and the particle stress were characterized by

50 CFD numerical simulations and theoretical models of particle stress.

The results indicated that the power demand per unit volume could be used to

predict the suspension quality as the variations of Hs,adj were independent of the biore-

actor design for a given Ptot/V . However, due to higher power numbers, the impellers

RT6B and EEd could achieve particle suspension at lower agitation rates. Further-
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more, it was shown that increasing the solid loading let to a significant rise of the

power consumption per unit volume to attain a given suspension quality. Lastly, the

impact of each configuration on particle stress was assessed and the results showed that

particle stress was independent of the reactor design at a given suspension quality. Con-

sequently, it is difficult to advise a specific configuration and experimental conditions

regarding particle stress when using the suspension quality as an optimisation criterion.

The choice of impeller design in a bioleaching STR is critical to ensure the best solid

dispersion within the tank while maintaining a low power consumption and limiting

the impact of shear stress on particles. For higher scales (pilot and industrial scales),

the energy cost due to mixing represents a large part of OPEX expenses and impeller

optimization should be closely considered. Nonetheless, further studies are still nec-

essary to take into account the biological aspect of bioleaching and the impact of the

design and the agitation on biomass.
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3.3 Study of particles dispersion and hydromechanical stress

in a pilot-scale tank

In this section, it was determined whether the main conclusions that were previously

drawn, namely that particle stress remains globally independent of the reactor design

at a given suspension quality, could be confirmed at a larger bioreactor scale. For this

purpose, the impact of the power demand per unit of volume Ptot/V , the suspension

quality Hs,adj and the sheared fraction SH were also modelled at the 800-liter scale

using the same set of previous equations.

3.3.1 Geometry and meshing of the pilot-scale tank

Simulation setup

As scaling of the cylindrical 2-liter bioreactor, the BRGM pilot-scale tank was used as

reference. The tank, shown on Fig. 3.11, had a working volume of 800 l, with a diam-

eter T = 0.950 m, a liquid height H = 1.159 m and was equipped with 4 rectangular

baffles of width equal to a tenth of the diameter and placed symmetrically.

Figure 3.11: Representation of the three-stage stirred tank reactor. Bioreactor volume is
800l.
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Despite a low aspect ratio H/T = 1.22, the tank was initially equipped with a

three-stage impeller configuration, to ensure both solid homogenization and gas dis-

persion ; these impellers were represented on Fig. 3.12. For this, a bottom 6-bladed

radial turbine (6B-DRT) was used with a low clearance C = 0.150 m that is expected

to facilitate solid dispersion even at low agitation rates. The middle and top impellers

were respectively represented by a Robin turbine HPM10 13° (HPM10A) and a Robin

turbine HPM10 18° (HPM10B) ; the degree corresponds to the torsion angle of the

blades. These impellers were placed at a respective distance of 0.300 and 0.450 m to

theoretically ensure macroscopic liquid circulations within the tank.

Figure 3.12: Impellers used in simulations. (a) 6-bladed radial turbine (6B-DRT); (b) Robin
Turbine HPM 10 (HPM10).

The simulations were carried out at 6 different agitation rates (N = 30, 60, 90,

120, 150 and 250 rpm), ensuring fully turbulent conditions for each case (5 × 104 <

Re < 5 × 105). Similarly to the laboratory-scale bioreactor, various solid concentration

conditions were studied, namely 6, 14 and 21% w/w. To ensure comparison between

both simulation setup, the same liquid and solid properties were used. However, the

available experimental data on this bioreactor, which were used for comparison to

validate the model, employed a solid with a density nearing 4000 kg m−3, which could be

responsible for differences in mechanical power consumption and solid homogenization.

Model description and solution method

Additionally to the previously mentioned geometrical characteristics, a rotating do-

main was added for each impellers. They were positioned at rbottom = 0.230 m, 0.050

m ≤ zbottom ≤ 0.200 m, rmiddle = rtop = 0.300 m, 0.375 m ≤ zmiddle ≤ 0.525 m, 0.825 m

≤ ztop ≤ 0.975 m, respectively for the bottom, middle and top impellers. This domain

was later used as a reference frame for rotation but had no influence on the geometry

of the tank. The modelled setup was then divided into a non-uniform mesh structure,

composed of 8.7 million of tetrahedral elements. Multiple mesh refinements were added

along the wall and into the impellers rotating domains. Lastly, improvements of the

mesh quality were done using internal Fluent tools which allowed a minimum orthog-

onal quality of 0.5.
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The SIMPLE pressure-velocity based solver was used to solve the set of conserva-

tion equations. Discretization of the mass, momentum and volume fraction equations

was carried-out using the second-order upwind scheme while pressure was spatially dis-

cretized using the PRESTO! scheme (s.n. [51]). Convergence of the simulations was

admitted when transport equations residuals were less than 10−3 and when the local

solid volume fraction reached a steady state at three locations of the vessel (r = 0.300

m and z = 0.075, 0.675 and 1.050 m). The conservation equations and solving meth-

ods used were the same as for the laboratory-scale tank, with a convergence criterion

admitted when the local solid volume fraction reached a steady-state at three locations

of the vessel (r = 0.300 m and z = 0.075, 0.675 and 1.050 m).

3.3.2 Simulation results

Liquid flow patterns

In the first place, the model was validated using BRGM experimental data of the pilot-

scale STR (data not shown). For this, the liquid flow patterns induced by the three-

stage impellers, which are described in Fig. 3.13, were observed and compared to the

manufacturer and experimental data. The bottom 6B-DRT generated a single-loop flow

pattern supplying a pseudo-vortex in its center. This configuration could be expected

due the low clearance of the impeller, which was chosen to promote solid dispersion.

Due to the high velocities obtained around the bottom impeller, high hydromechanical

stresses were also expected and may have deleterious effects on the solid phase (breaking

down or scattering of solid particles). Concerning the HPM10 recirculating impellers,

they globally showed the expected vertical one-loop flow pattern of axial impellers

and, as suggested by weak slope of their blades. In the present system, they were used

in up-pumping mode, which permits to globally obtain a satisfactory liquid velocity

distribution. Moreover, the spacing between both HPM10 allowed a synergistic effect

by coupling their respective flow patterns. However, it should also be noted that

some central zones showed significantly lower liquid velocities, between bottom and

intermediate impeller but also near the free surface. They could be explained by the

relative mixed flow generated by the HPM10 which limited the liquid flux ”connections”

between top impeller and free surface from one side and intermediate HPM10 and

bottom impeller on the other hand.
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Figure 3.13: Normalized liquid velocity vectors profiles at 150 rpm for the pilot-scale STR.
The tip speed was given by utip = πND.

Power consumption

The power consumption per unit volume (P/V ) was calculated using eq. 3.24 and com-

pared with the experimental measurements for 90, 120 and 150 rpm, as shown by Fig.

3.14. For the three agitation rates that were simultaneously studied experimentally

and numerically, the modeled P/V were on average 35% lower than the experimental

data. As explained previously, the experimentation used a denser solid than the one

studied numerically ; due to the increase of the gas-solid mixture density a higher P/V

could be expected at a given agitation rate as P ∝ ρN3D5. Moreover, a part of the

power difference can be attributed to the mechanical friction of the shaft guidance

system that was probably also given by the torque measurement, which artificially

increased the P/V . These differences may indeed reach 10 to 30% depending on the

agitations conditions applied and on the material used [69]. The power number was

also calculated for each impeller using eq. 3.1. The 6B-DRT showed a calculated power

number of 1.44 ± 0.09 compared to the 1.80 ± 0.02 obtained experimentally. Simi-

larly, both HPM10 presented a power number of 0.22 ± 0.02 while the experimental

power number was 0.30. These differences are the direct consequence of uncertainties

of the torque measurements. Moreover, few to no differences of power numbers were

observed for the different agitation rates, which is expected in turbulent regime [17, 59].
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Figure 3.14: Variation of the total power consumption per unit volume Ptot/V with the
agitation rate and comparison with experimental data. Particle concentration was 10 %
w/w.

3.3.3 Impact of solid concentration on particle distribution

The particle mixing degree Hs,adj was determined, using eq. 3.28, for each solid concen-

trations conditions, as shown on Fig. 3.15. The results showed a logarithmic increased

of Hs,adj ranging from 38 to 99%, which was consistent with the results obtained for

the 2-liter tank. Regarding the solid concentration, its increase had a negative effect

on Hs,adj, with values of H6%
s,adj = 0.53, H14%

s,adj = 0.42 and H21%
s,adj = 0.38 for Ptot/V =

2 W m−3. The effect of particle concentration on Hs,adj decreased at higher Ptot/V

with nearly no differences observed above Ptot/V = 600 W m−3. Comparison of these

results with the laboratory-scale reactor showed a higher particle mixing degree for

a given power dissipation, which could be first explained by the smaller clearance of

the bottom impeller in the pilot-scale reactor ((C/T )2l = 0.42 compared to (C/T )800l

= 0.12) that promoted higher velocities and power dissipation in the bottom region

of the tank. This observation is in agreement with studies that previously reviewed

the impact of impeller clearance on particle suspension [70]. Secondly, whereas the

two bioreactor scales showed a comparable aspect ratio H/T , the pilot-scale bioreac-

tor was equipped with three impellers (vs 2 for the 2 l scale) that limited the lower

particle concentration near the free surface observed for the 2-liter tank and increased

particle homogeneity. Considering the results of both tanks, it could be interesting to

adapt the maximum value of Hs,adj in order to take into account the impeller clear-
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ance. This would have need complementary experiments that were not carried-out in

the present study. Nonetheless, it remains interesting to note that the results revealed

that the maximal Hs,adj was reached for equivalent Ptot/V for both configuration (ap-

proximately 500 W m−3). This thus confirmed that this parameter could be used for

design optimization and scaling as far as particle dispersion is concerned. Regarding

the significant differences of designs between both scales, this may also suggest that

the determination of an ”optimized” impeller design (namely the one that is able to

ensure particle suspension and homogeneity at the lowest power demand) should not

be considered without integrating vessel design, impeller clearance and number of agi-

tation stages. This suggestion was implicitly also made by previous studies on particle

just-suspended state [43] or mixing degree [71].

Figure 3.15: Suspension quality Hs,adj as a function of power dissipation per unit volume
Ptot/V for various solid concentrations. The 2-liter tank data are taken for 10% w/w solid
concentration and a RT6B configuration.

The simulated particle distribution was also depicted for various agitation rates, as

shown in Fig. 3.16(a-b). At low agitation rates, the 6B-DRT impeller was unable to

provide a sufficient solid dispersion, resulting in a low fraction of the solid going to the

upper part of the tank and a relative accumulation of particles. This suggested some

drawbacks of such impeller geometry, especially of the turbine disk that limits the up-

pumping above the disk, as already shown by the velocity vectors field. Compared to

the 60 rpm condition, at 120 rpm, the 6B-DRT supplied enough power to disperse the

particles through the middle and top impellers flow patterns, allowing a near-perfect

particle mixing degree with Hs,adj = 0.98.
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Figure 3.16: Simulated particles distribution of the pilot scale STR with 6% w/w solid for:
(a) 60 rpm; (b) 120 rpm. Comparison of the particle size with the Kolmogorov length scale
(lK/dp) with 6% w/w solid for: (c) 60 rpm; (d) 120 rpm.

3.3.4 Impact of solid concentration on hydromechanical stress

The hydromechanical stresses were quantified by the percentage of particle volumes that

were theoretically sheared, as proposed previously in eq. 3.31. The impact of Hs,adj

on the sheared fraction SF was reported on Fig. 3.17. Similarly to the laboratory-

scale tank, the sheared fraction increased with the suspension quality, as they are both

related to power dissipation. However, the results showed some discrepancies with the

simulation results at the laboratory-scale. Despite, for Hs,adj below 75%, the linear

evolution observed for the laboratory-scale tank was also proven for the pilot-scale

tank, the slope for the pilot-scale tank was steeper, with up to 30% difference of Hs,adj

for SF = 33% but a similar maximum value close to 100%. This result could be due

to the clearance of the bottom impeller that promotes solid dispersion at lower power

dissipation per unit volume. On the other hand, for Hs,adj above 75%, the variation of

SF with mixing degree was less pronounced which could be explained by the occurence

of a partial solid suspension. As the sheared fraction was related to the local ratio of

the Kolmogorov length scale lK, it is interesting to observe the distribution of particles

of size higher than lK, as shown on Fig. 3.16(c-d) (in this figure, only the shearing zones
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were colored). At lower agitation rates, near the just-suspended speed, the particles

under stressed conditions were only located in high turbulent dissipation rate zones,

in the direct vicinity of the impellers such as below the RT-6B or above the HPM10

impellers. However, at higher agitation rates, the sheared fraction rapidly increased

exponentially for only a small gain of solid dispersion, with SF = 93% for Hs,adj =

0.98.

Figure 3.17: Suspension quality Hs,adj as a function of the sheared fraction SF for various
solid concentrations. The 2-liter tank data are taken for 10% w/w solid concentration and a
RT6B configuration.

The impact of solid concentration on the sheared fraction SF was also considered,

as shown by Fig. 3.17. For higher solid concentration, a larger portion of particles

was under stressed conditions at equivalent Hs,adj. From a global point of view and

considering that a relative homogeneity of the particle is looked for (i.e. Hs,adj > 95%),

the impact of bioreactor scale on SF was somehow rather low, which is consistent with

the results obtained on power dissipation impact of particle dispersion. Thus, similarly

to the 2-liter scale, and in the range of operating conditions studied here, it was not

possible to efficiently suspend the particles without transporting them in the inertial

subrange of turbulence (lK < dp). In this case, the particle stress was proportional

to (dp · ε)2/3, meaning that for given particle diameter and turbulent dissipation rate

distributions, the particle stress distribution was also maintained. Thus, a finer grinding

of the particles should sensibly reduce the hydromechanical stress that encounters the

particle in the vessel and also promotes higher lK/dp ratios and possibly a transport of

the particle in the viscous subrange of the turbulence. In viscous subrange, the particle
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stress indeed becomes mainly non-dependent of particle diameter. These results should

be put into perspective with those of chapter 2 that showed that the power demand

to put the particles in suspension was Pjs ∝ d0.25
p . Despite refining, particles clearly

present additional CAPEX and OPEX [72], these results globally suggest that the

particle size distribution should be also considered through the prism of the liquid-

solid bioreactor hydrodynamics.
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3.4 Chapter conclusions

This chapter was dedicated to the study of the impact of impeller design and solid con-

centration on particle suspension and particle stress in a laboratory- and a pilot-scale

bioreactor. For this purpose, liquid-solid CFD numerical simulations and theoretical

models of particle stress were carried-out and validation of the simulations was estab-

lished with the already available data.

The study of the laboratory scale STR was more specifically aimed at determining

the dependency of particle homogeneity and sheared fraction on bioreactor operating

conditions (impeller design, particle concentration). It was found that, independently

of the reactor design, the suspension quality Hs,adj was strongly linked to the power

consumption per unit of volume Ptot/V . Similar results were found for the particles

stress with a weak impact of the reactor design observed. During the transition from

partial to complete suspension, the sheared fraction of particles rapidly increased from

0 to a value close to 100%. Lastly, considering the solid concentration, it was shown

that an increase in solid concentration was linked to a significant rise of power con-

sumption per unit of volume to reach the same suspension homogeneity.

Following the previous results, the impact of bioreactor scale-up was studied at

the pilot-scale. The results on the impact of the solid concentration on the solid dis-

tribution and particle stress concurred with the laboratory-scale bioreactor despite

significant differences in bioreactor design. However, small differences were observed

on the maximum suspension quality Hs,adj, which were probably related to different

values of bottom impeller clearance. Additionally, looking at the relationship between

the sheared fraction SF and suspension quality Hs,adj more significant differences were

obtained between each scale for intermediate mixing degree that most likely arose from

particle partial suspension and bioreactor design modifications.

The results obtained in this chapter proposed original data in the literature for

particle stress estimation in bioleaching mixing tank, especially regarding the impact

of particle diameter on the mechanical micro-environment encountered by the particles

during their transport in the vessel. However, regarding the complexity of the descrip-

tion of turbulent dissipation rate distribution, which is inherent to stirred tank vessels,

it would be risky to draw any conclusions on bioleaching performance of the tank. The

purpose of this study was here to characterize the critical key parameters that seem to

govern the liquid-solid hydrodynamics of the bioleaching reactor ; this study should be,

in the future, coupled with bioleaching experiments in fully-characterized mechanical

environment to determine the critical mechanical operating condition.
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Henzler, P. M. Kieran, G. Kretzmer, P. E. MacLoughlin, D. M. Malone, W. Schu-

mann, P. A. Shamlou, and S. S. Yim, editors, Influence of Stress on Cell Growth

and Product Formation, Advances in Biochemical Engineering/Biotechnology,

pages 35–82. Springer, Berlin, Heidelberg, 2000.

[67] D. G. Thomas. Turbulent disruption of flocs in small particle size suspensions.

160



CHAPTER 3. MODELLING OF PARTICLES SUSPENSION AND
HYDROMECHANICAL STRESS IN MULTI-SCALE BIOLEACHING STR

AIChE Journal, 10(4):517–523, 1964.

[68] J. You, S. K. Solongo, A. Gomez-Flores, S. Choi, H. Zhao, M. Uŕık, S. Ilyas,
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4.1 Introduction

The efficiency of metal extraction through bioleaching in stirred tank reactor is con-

nected to two sets of parameters: (i) the choice of metal sulphide (composition and

particle size), microbial environment and medium composition, and (ii) the parameters

influencing the hydrodynamics, namely the tank and impeller geometries, the medium

temperature, the solid concentration and gas parameters (mass flow rate and bubble

size). The first set is often predetermined as most of metal sulphides used in bioleach-

ing come from tailings and efficient microbial consortia and media have already been

obtained through experimental trials. Considering the second set, temperature is de-

pendent on the chosen microbial consortia and adapted for optimal operation. The

previous chapter considered the impact of geometrical parameters and solid concen-

tration and proposed scaling rules relating these parameters to solid distribution and

hydromechanical stress. Regardless of the chosen conditions, the agitation rate should

be set up on or above the just-suspended speed, which will provide sufficient solid ho-

mogeneity within the medium. To complete this representation, it is also necessary to

model the impact of the gas phase on hydrodynamics knowing that, as mentioned in

the literature review and the second chapter, gas dispersion and mass transfer needs

will require higher agitation rates than solid suspension. Furthermore, as oxygen con-

sumption is rather a fast reaction and, due to low solubilities of oxygen in water, gas

heterogeneities are expected within the tank, especially at industrial scales for which

mixing times may become larger than characteristic consumption times. Therefore,

not only the gas phase hydrodynamics but also the dynamics of oxygen solubilization

and transport in the liquid phase must be carefully considered.

In this chapter, the development of bioleaching STR model was achieved through

the implementation of the gas-liquid hydrodynamics modelling and the coupling with

kinetics models, as summarized by Fig. 4.1. For this, the impact of gas phase on the

hydrodynamics of a bioleaching reactor was studied through gas-liquid CFD simula-

tions of stirred reactors at two scales (2- and 800-liter). This model was validated by

the determination of the mass transfer coefficient kLa based on hydrodynamic param-

eters and comparison with experimental data. On a second study, bioleaching kinetics

were implemented to the model to represent a sulphide mineral dissolution and bio-

logical oxidations. Validation of the model was obtained by comparing modelled and

experimental data obtained previously. The previous models were simplified through

a compartmental approach that modelled oxygen dissolution and transport. This ap-

proach supposed a division of the tank into a relatively small number of compartments,

supposed perfectly mixed, based on liquid and gas velocity fields data. Main hydrody-

namic variables were averaged in each of these and mass balance was applied between

each compartment for both gas and liquid phases. The compartment model could be
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then simulated using MATLAB and validated using a modelled gassing-out method in

order to determine the kLa. This approach allowed to avoid CFD simulation issues that

may appear due to small-scale heterogeneities (such as important gas fraction gradi-

ents) and to facilitate the transposition of the model to industrial scale (V > 100 m3).

Thus, in a last section of the chapter, a scaling study was carried out to predict the

distribution of oxygen in the bioreactor from pilot- to industrial-scale (volume of 0.8,

8, 80, 800 and 2000 m3 were studied).

Figure 4.1: Methodology for developing a hydrokinetic model. Computation times are based
on the 2-liter tank. Frame colors represent the equations solved: (blue) hydrodynamics ;
(yellow) kinetics ; (orange) hydrodynamics and kinetics.
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4.2 CFD modelling of gas-liquid hydrodynamics at 2- and

800-liter scale

Gas-liquid hydrodynamics highly differs from solid-liquid hydrodynamics due to sig-

nificant differences of density and size. Furthermore, mass transfer phenomena must

be taken into account as oxygen have to cross multiple barriers before being usable for

chemical dissolution or biological oxidations.

The following section presents a gas-liquid CFD model of a commonly used bi-

oleaching STR in BRGM. The mass transfer coefficient kLa was determined based on

the tank hydrodynamics and compared with experimental results.

4.2.1 Material and Methods

CFD model description

A steady-state Eulerian-Eulerian multiphase approach was used to simulate the gas-

liquid flow, with the continuous and dispersed phases considered as interpenetrating

continua. Both phases are identified by their respective volume fraction and are related

as:

αg + αl = 1 (4.1)

where αg and αl are the volume fractions of the gas and liquid phases respectively.

The continuity equation for each incompressible phase can be written as:

∇ · (αlul) = 0 (4.2)

∇ · (αgug) = 0 (4.3)

where ρ (kg m−3) and u (m s−1) are the density and velocity of each phase.

The momentum conservation equation for each phase is:

∇ · (αlρlulul) = −αl∇p + αlρlg + ∇ · τl + FD,lg (4.4)

∇ · (αgρgugug) = −αg∇p + αgρgg + ∇ · τg − FD,lg (4.5)

where p (Pa) is the pressure field shared by the two phases, g (m s−2) the gravita-

tional acceleration, τ (kg m−1 s−2) the phase stress strain tensor and FD,lg (kg m−1 s−2)

the interphase momentum transfer.
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Interphase forces in multiphase gas-liquid flows were considered by multiple studies

to observe their impact on hydrodynamics. Joshi (2001) observed in bubble column

reactors that wall lubrication and Basset’s forces could be neglected in relation to the

lift and virtual mass forces [1]. Scargiali et al. (2007) compared the impact of the

turbulent dispersion, the lift and virtual mass forces on gas hold-up in stirred tank

reactors and found no impact of these forces and, therefore, could be disregarded [2].

However, it is important to precisely model drag forces as it is the most significant

interphase force in gas-liquid flows.

The drag force FD,lg between liquid and gas phases was calculated by the following

equation:

FD,lg = Klg (ug − ul) (4.6)

with Klg the interphase exchange coefficient between liquid and gas phases respec-

tively, determined by:

Klg = CD,lg
3
4ρl

αgαl

db
|ug − ul| (4.7)

The drag coefficient CD,lg is given by the Schiller and Naumann model which is

valid for rigid sphere [3], as shown by Eq. 4.8. As bubbles in bioleaching media may be

considered fully contaminated, the slip velocity at the gas-liquid interface is null and

therefore the bubbles may be considered as following the aforementioned drag force [4].

CD,lg =

24 (1 + 0.15Re0.687
b ) /Reb Reb < 1000

0.44 Reb ≥ 1000
(4.8)

with Reb the relative Reynolds number:

Reb = db (ug − ul) /νl (4.9)

Furthermore, a drag modification term, K ′
lg, was considered to adapt the drag

model for a polydispersed bubble flow. Brucato et al. (1998) proposed a correlation

that modify the interphase exchange coefficient Klg based on local turbulence:

K ′
lg = Klg ·

1 + K

(
db

lK

)3
 (4.10)

Where K = 6.5 × 10−6 is a constant adapted for a gas dispersed phase, db (m) the

bubble diameter and lK (m) the Kolmogorov length scale.
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For the studied conditions, turbulence was modelled due to the high Reynolds

numbers (Re > 104). The dispersed k-ε model was chosen as it is recommended for

multiphase flows considering a continuous and a dispersed phases with a density ratio

between phases equal or higher to 2.5, which is validated for a gas dispersed phase (s.n.

Ansys (2019) [5]). In this approach, turbulence is fully modelled for the continuous

phase and the turbulence of the dispersed phase is possibly taken into account through

additional interaction terms but preliminary simulations showed no impact of these

terms on simulation results (data not shown).The k-ε model provides the transport

equations of the turbulent kinetic energy k and its dissipation rate ε:

∇ · (αlρlulkl) = ∇ ·
(

αl

(
µl + µt,l

δk

)
∇kl

)
+ αlGk,l − αlρlεl (4.11)

∇ · (αlρlulεl) = ∇ ·
(

αl

(
µl + µt,l

δε

)
∇εl

)
+ αl

εl

kl
(Cε1Gk,l − Cε2ρlεl) (4.12)

µt,l (Pa s) is the turbulent viscosity of the continuous liquid phase:

µt,l = ρlCµ
k2

l
εl

(4.13)

Gk,l (kg m−1 s−2) is the term of production of turbulent kinetic energy and the

constants are defined as follow: Cµ = 0.09, Cε1 = 1.44, Cε2 = 1.92, δk = 1 and δε = 1.

Modelling of the volumetric gas-liquid mass transfer coefficient kLa

As presented in the literature review, the local mass transfer coefficient kLa may be

estimated by various models which depend on the description of the interface between

gas and liquid [6]. kLa is calculated as the product of the liquid side mass transfer

coefficient kL and the interfacial area a, represented by the mean Sauter diameter of

the bubbles (a = 6 · αg/db).

This work compared three models for the liquid side mass transfer coefficient kL.

The penetration theory of Higbie, which assumes mass transfer as long as there is a

contact between gas and liquid, can be calculated using the following equation [7]:

kpen
L = 2√

π
·
√

Dl ·
(

ε

νl

)1/4
(4.14)

Where Dl (m2 s−1) is the liquid diffusion coefficient, ε (m2 s−1) the turbulent energy

dissipation rate and νl (m2 s−3) the liquid kinematic viscosity.
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A modification of the penetration theory was suggested by Danckwerts who ac-

counted for the surface renewal rate due to the contact of the bubbles with the turbulent

eddies, which led to the following equation [8]:

keddy
L = 0.4 ·

√
Dl ·

(
ε

νl

)1/4
(4.15)

Lastly, Calderbank (1959) suggested a mobile interface of the bubble [9]. This

interface is related to the slip velocity uslip (m s−1) which is the gas-liquid velocity

difference, resulting in the renewal of the liquid at the surface of a bubble. The model

of Calderbank is given by this equation:

kslip
L = 2√

π
·
√

Dl ·
√

uslip

db
(4.16)

From these different relations, the kLa can thus be calculated locally. As it will be

detailed later, the simulation of the gas dissolution and the transport of gaseous and

dissolved oxygen in the two phases may theoretically be obtained using complementary

simulations. However unsolvable numerical divergences were systematically obtained,

probably to erroneous local mass balance arising from the simultaneous use of MRF

approach and species transport equations. These concerns will be specified in the

compartmental model.

Simulation setup of the laboratory-scale bioreactor

The geometry setup for the simulation of the 2-liter laboratory-scale bioreactor is shown

on Fig. 4.2; this bioreactor is routinely used for bioleaching experiments in BRGM.

The tank was a cylindrical vessel of diameter T = 0.12 m and liquid height H = 0.187

m. The tank was equipped with four conical baffles of width equal to T/10, placed

symmetrically.

A dual impeller configuration was chosen using a bottom 6-bladed Rushton tur-

bine with a fixed diameter D = 0.05 m and an off-bottom clearance C = D. The

top impeller, a three-blade hydrofoil (A310), was positioned at a spacing S = 0.06 m

above the bottom impeller and had a diameter equal to 0.06 m. Previous experimental

work showed the efficiency of bottom Rushton impeller for gas dispersion [10, 11]. The

impellers rotation was modelled using the multiple reference frame (MRF) approach.

The rotating domain was positioned at rbottom = 0.035 m, 0.036 m ≤ zbottom ≤ 0.066

m and rtop = 0.040 m, 0.096 m ≤ ztop ≤ 0.126 m, respectively for the bottom and the

top impellers. Fully turbulent conditions were ensured by carrying out the simulations

at N = 700 rpm (Re = 4.5 × 104).
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Figure 4.2: Planar view (left), cross-section (middle) and mesh (right) of the 2-liter two-stage
stirred tank reactor. On the right: the colors represent the divisions of the compartment
model, which used the same mesh as the non-divided simulation.

The gas inlet was described by a 0.025 m circle, placed at the bottom of the tank.

Air was sparged at a flow rate of 0.25 vvm and consisted of bubbles of fixed diameter

(db = 5×10−3 m). The outlet, placed at the top surface of the tank, was represented by

a degassing condition which specified a mass sink focused on the dispersed gas phase

[5]. The gas-liquid free surface was supposed planar with a no-shear condition for the

liquid and outlet for the gas. The gas flow regime was estimated for the system to

ensure that no flooding will occur. This regime is classified using the aeration number

NA (= Qg/ (N · D3)) and the Froude number Fr (= N2 · D/g) [12]. It is considered

that no flooding occurs below NA = 0.035 or for NA/Fr < 0.3 [13]. No flooding nor

gas cavities were thus expected for this configuration as the aeration number NA (=

Qg/ (N · D3)) was equal to 0.006.

A non-uniform mesh structure, shown on Fig. 4.2, was created to divide the geom-

etry using the Fluent Meshing tool and was composed of 400,000 tetrahedral elements.

Refinements were done along the wall and in the impellers regions. Mesh indepen-

dence was preliminary verified by comparing velocity vectors fields and volume-averaged

power dissipation.

Simulation setup of the pilot-scale bioreactor

The pilot-scale tank, shown on Fig. 4.3, had a working volume of 800 l, with a diame-

ter of 0.950 m, a liquid height of 1.159 m and was equipped with 4 rectangular baffles

whose width is equal to a tenth of the vessel diameter, placed symmetrically. This

setup is the digital reproduction of an experimental setup located at the BRGM.
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Figure 4.3: Drawing of the three-stage stirred tank reactor (left) and its mesh (right). The
colors represent the divisions of the compartmental model, which used the same mesh.

Due to its aspect ratio (H/T = 1.22), the tank used a three-stage impeller config-

uration, needed for both solid homogenization and gas dispersion, with the impellers

represented on Fig. 4.4. For this, at the bottom, a 6-bladed radial turbine (6B-DRT)

was used with a clearance of 0.150 m. The middle and top impellers were respectively

represented by a Robin turbine HPM10 13° (HPM10A) and a Robin turbine HPM10

18° (HPM10B), the degree corresponding to the torsion angle of the blades. These

impellers, placed at a respective lower spacing of 0.300 and 0.450 m, facilitated global

homogeneity within the tank.

Figure 4.4: Impellers used in simulations. (a) 6-bladed radial turbine (6B-DRT); (b) Robin
Turbine HPM 10 (HPM10).
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Additionally to the previously mentioned geometrical characteristics, as the im-

pellers rotation was modelled using the multiple reference frame approach, a rotating

domain was added for each impellers. They were positioned at rbottom = 0.230 m, 0.050

m ≤ zbottom ≤ 0.200 m, rmiddle = rtop = 0.300 m, 0.375 m ≤ zmiddle ≤ 0.525 m, 0.825 m

≤ ztop ≤ 0.975 m, respectively for the bottom, middle and top impellers. This domain

was later used as a reference frame for impeller rotation. The simulations were carried

out at an agitation rate N = 150 rpm, ensuring fully turbulent conditions (Re = 5×105).

Similarly to the laboratory-scale tank, the sparger was represented using a circular

inlet of diameter equal to 1.5×10−1 m, placed at the bottom of the tank. A volumetric

flow rate of 0.3 vvm was employed with a fixed bubble size of 5 × 10−3 m. Previous

studies used a similar fixed value to represent the gas flow [14, 15]. A population

balance on bubble size could have been used but was here not performed due to the

difficulty of implementation as well as the high computing cost of such method. The

outlet was described by a degassing condition at the top surface. The gas flow regime

was obtained by calculating the aeration number NA and the Froude number Fr. While

NA was found to be equal to 0.039, NA/Fr = 0.18, indicating a loading regime but no

flooding [12, 16].

The modelled setup was then divided into a non-uniform mesh structure, composed

of 400,000 tetrahedral elements, as shown on Fig. 4.3. In order to avoid any numerical

anomalies, multiple refinements were added along the wall and into the impellers ro-

tating domains. Mesh independence was verified by comparing velocity vectors fields

and volume-averaged power dissipation.

Solution method

The commercial software ANSYS Fluent 2019R3 was used for the numerical simulation

of the multiphase flow. The conservation equations were solved on all meshes using the

steady-state Eulerian method. The pressure-velocity based solver using the SIMPLE

algorithm was used to solve the set of conservation equations. Discretization of the

mass, momentum and volume fraction equations was carried-out using the second-order

upwind scheme while pressure was spatially discretized using the PRESTO! scheme

(s.n. Ansys (2018) [5]). Convergence of the simulations was admitted when transport

equations residuals were less than 10−3.
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4.2.2 Validation of the gas-liquid CFD model

Power consumption

Model validity was ensured by determining whether the mechanical energy balance

within the bioreactor was respected. For this, the power consumption P (= 2πNCw)

and the dissipated power Pdiss (= ρl ⟨ε⟩ V ) were calculated and compared, as shown

by Table 4.1. At the 2-liter scale, the results showed a significant difference between

P and Pdiss with Pdiss/P = 1.72. The impact on kLa values will be proportional to

1.721/4 = 1.14 (see equation 4.14−4.15), which remains a priori acceptable. For the

800-liter, a good match was found between P and Pdiss with only 8% of difference.

Table 4.1: Comparison of the power consumption and dissipated power for the impellers.

P (W) Pdiss (W) Pdiss/P
2-liter tank 2.6 4.5 1.72
800-liter tank 271.4 250.6 0.92

The impeller power numbers NP (= P/ (ρlN
3d5)), mainly of the bottom impeller,

were also looked for and compared with literature data. For the 2-liter tank, the RT6B

showed NP = 3.52, which is slightly lower than the literature values (usually between

4 and 6) [17]. The power number for the 6B-DRT of the 800-liter was equal to 2.62,

which is slightly higher than the experimentally obtained value of 1.80. Once again,

despite these differences, the consequences on the determination of the local oxygen

transfer remain acceptable.

Gas hold-up

The gas hold-up was determined by volume-averaging the local gas volume fraction

and comparison with the literature data. It was found that ⟨αg⟩ = 3.0% for the 2-liter

tank and 5.3% for the 800-liter tank. These value are in accordance with multiple

sources from the literature that estimated a gas hold-up between 3 and 5% for similar

conditions [2, 4, 18].

4.2.3 Determination of the mass transfer coefficient

The gas-liquid flows were simulated and the volume-averaged mass transfer coeffi-

cient kLa was obtained either using the penetration theory, or the Danckwerts or the

Calderbank approach (Table 4.2). These results were compared with the experimental

measurements, namely the results shown Chapter 2 for the laboratory-scale tank and

BRGM data for the pilot-scale tank. Additionally, the local kLa was determined for

the laboratory-scale tank at the position of the dissolved oxygen probe (rprobe = 0.036

m and zprobe = 0.058 m) using a static method.
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Table 4.2: Mass transfer coefficients for the laboratory- and pilot-scale tanks.

kLa (s−1)
CFD Experimental

Higbie Danckwerts Calderbank -
2-liter tank 0.066 0.024 0.006 0.025

800-liter tank 0.077 0.027 0.018 0.030

The results showed that all models were of the same order of magnitude as the ex-

perimental results. The penetration theory of Higbie indicated higher kLa values than

the experimental results (164% for the 2-liter and 157% for the 800-liter). These results

were in agreement with finding of Devi et al. (2017) who also reported an overfitting

using the penetration theory for various configurations using a stirred tank reactor [6].

The model of Calderbank showed a better fit than the penetration theory, especially

considering the pilot-scale tank, but predicted lower values than the experimental re-

sults (76% for the 2-liter and 40% for the 800-liter). Lastly, the model of Danckwerts

displayed the best predictions for both configurations, with less than 4% error for the

2-liter tank and 10% for the 800-liter tank. Thus, comparing the three models, the

Danckwerts model is the best fit but the model of Calderbank may still be acceptable

in the case of the pilot-scale tank.

As previously pointed out, the global kLa only gives a part of the information needed

to fully understand the impact of the tank and impeller geometries on gas-liquid mass

transfer. For this, local considerations are needed to observe the disparity of kLa within

the tank and, following this, the local distribution of kLa was looked at, as shown on

Fig. 4.5. First of all, the comparison of the three models showed similar disparities,

which is expected for the penetration theory and the Danckwerts models as the local

liquid side mass transfer is related to kL ∝ ε1/4. As of the model of Calderbank, it was

shown by Calderbank (1959) that db ∝ ε1/2 and, furthermore, Midoux et al. (1980)

observed that kL ∝ d
1/2
b [9, 19]. This leads to a similar equivalence for the liquid side

mass transfer of kL ∝ d
1/2
b ∝ ε1/4, which explained the similarities for the three models

in terms of local mass transfer distribution. This distribution was also represented by

an histogram using the Danckwerts model, as shown by Fig. 4.6. This showed an

unimodal distribution of the local kLa with the largest bin being for kLa ∈ [0.03; 0.04].

Looking at the local kLa distribution, the tank clearly showed 3 distinct zones of

transfer. The first zone is represented by low values of kLa (kLa ≤ 2 × 10−2 s−1 using

the Danckwerts’ model), located on a ring around the sparger and on top of the A310

impeller. This is explained knowing that kL ∝ ε1/4 and, moreover, a ∝ αg d−1
b ∝

αg ε−1/2, which leads to kLa ∝ αg ε−1/4. The low kLa values around the sparger are

indeed due to low gas concentrations αg, as shown on Fig. 4.7a. Similar considerations

are observed on the outer edge of the tank top and the inner sections are represented
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by low values of ε, which results from the limited capacity of the A310 impeller at

transmitting mechanical power in this area. In the second zone, the values of kLa were

close to the mean values (2 × 10−2 s−1 ≤ kLa ≤ 1 × 10−2 s−1). This section was placed

on the central part of the tank, where the impellers had the most impact on the mixing

of the phases. Lastly, the third zone, represented by kLa ≥ 1 × 10−2 s−1, consisted

mostly of sections with high gas fraction (on top of the sparger) or high ε (in direct

vicinity to the impellers’ blades).

Figure 4.5: Simulated local mass transfer coefficient for the laboratory-scale tank for: (a) the
penetration theory; (b) the Danckwerts model; (c) the Calderbank model.

Figure 4.6: Histogram of kLa distribution in the laboratory-scale tank using the Danckwerts
model. The mesh consisted of 400000 cells.
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Figure 4.7: Simulated (a) gas holdup and (b) turbulence eddy dissipation rate ε for the
laboratory-scale tank.

In addition to this study, the local value of kLa was observed at the position of the

dissolved oxygen probe used experimentally. A local value of 0.032 s−1 was reported

compared to the experimental value of 0.025 s−1, which is higher than the global mod-

elled value. This difference can be explained by the methods to obtain the kLa experi-

mentally. The oxygen probe not only measured the oxygen transfer in the reactor but

also its transport due to the variation of oxygen concentration during the gassing-out

experiment. This led to the measure of a mean value in the tank instead of the local

instantaneous value reported by the CFD simulation and the Danckwerts model.

Considering the results of the pilot-scale tank, shown on Fig. 4.8a, the distribution

of kLa was more homogeneous, mostly due to the more uniform placement of the

impellers throughout the tank. However, despite the presence of the disk on the 6B-

DRT which forced the bubbles to disperse in the tank, the majority of the gas remained

on the central part and only a small fraction was observed on the outer part, as shown

by Fig. 4.8c. In addition, this configuration was responsible for a partial flooding

of the impeller, which was expected for an aeration number NA = 0.039 [12]. This

led to a decrease of the energy consumption and thus a limitation of the dissipated

energy, which may also result in a negative effect on the solid dispersion in the case of

a bioleaching reactor.
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Figure 4.8: Simulated (a) kLa distribution using the Danckwerts’ model, (b) turbulence eddy
dissipation rate ε and (c) gas holdup for the pilot-scale tank.

4.3 Kinetic modelling of main bioleaching reactions at the

laboratory-scale

In this section, in parallel with the development of the CFD based compartmental

gas-liquid model, the development of a kinetic model of bioleaching was carried out.

This modelling step was established at the 2-liter scale and aimed at providing robust

oxygen mass transfer and consumption rates to the compartmental model (presented

in Subsection 4.3.1 and 4.3.2). At this scale, bioreactor homogeneity can be supposed

; thus, the kinetic model was simulated with an hypothesis of perfectly mixed gas and

liquid phases.

4.3.1 Kinetic model description

The kinetic model consisted in biological and chemical reactions that were presented

and discussed in Chapter 1. For validation purpose of the model, the experimental

results obtained in Chapter 2 were used.

Sulphide mineral oxidation

The rate equation representing the mineral dissolution was described by the model

of Bouffard et al. (2003) [20]. The model, presented in Eq. 4.17, related the rate

of mineral dissolution rs (mol kg−1 h−1) through a thermal function K(T ) (h−1), a

chemical function f(C) (−) and a topological parameter g(dp,0, Xc,s) (−).

rs = Gs · dXc,s

dt
= Gs · K(T ) · f(C) · g(dp,0, Xc,s) (4.17)

With Gs (mol kg−1) the initial sulfide mineral grade and Xc,s (−) the mineral con-

version.
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• Thermal function

The thermal function K(T ) may be described using the Arrhenius equation repre-

senting the temperature-dependency on the chemical dissolution:

K(T ) = Kref · exp
[
−Ea

R

( 1
T

− 1
Tref

)]
(4.18)

where Kref (h−1) and Tref (K) represent the reference temperature and kinetic con-

stant value respectively, Ea (J mol−1) is the activation energy and R (=8.314 J mol−1 K−1)

is the ideal gas constant.

• Chemical function

As the experimental data used to validate the model considered pyrite as sulphide

mineral, the chemical function was chosen accordingly. For this, the chemical function

f(C) was modelled by a type III leaching, as presented by Nicol (1993) [21]:

f(C) =
(

[Fe3+]
[Fe2+]

)0.5

(4.19)

where [Fe2+] and [Fe3+] (mol l−1) are the respective concentration of ferrous and

ferric iron.

• Topological parameter

Lastly, the topological parameter g(dp,0, Xc,s) represented the steady decline of avail-

able mineral surface during the leaching. For this, the shrinking core model was used,

as presented by Eq. 4.20:

g(1 − Xc,s) = (1 − Xc,s)φ (4.20)

where φ is a topological parameter depending on the particles characteristics.

The parameters used for the rate equation of the sulphide mineral dissolution con-

sidered the leaching of spherical particles of pyrite in the laboratory-scale stirred tank

reactor described in Chapter 2. The various parameters were reported in Table 4.3.
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Table 4.3: Chemical parameters used for the kinetics equations.

Parameter Value Unit
Mineral oxidation parameters
Gs 4.83 mol kg−1

T 42 °C
K(T ) 3.2 × 10−4 h−1

φ 3/2 −

Initial conditions
[FeS2]ini 100 g l−1

[Fe2+]ini 2.1 × 10−3 mol l−1

[Fe3+]ini 1.8 × 10−2 mol l−1

[O2]ini 2.8 × 10−4 mol l−1

Microbial growth modelling

Microbial growth was modelled using a Monod equation adapted to include the impact

of ferric iron inhibition and dissolved oxygen as a second limiting substrate [22, 23]. Two

separate equations were used for the iron-oxidizing and the sulfur-oxidizing bacteria:

µFO = µmax,Fe · [Fe2+]
KFe · [Fe3+] + [Fe2+] · [O2]

KO2 + [O2]
(4.21)

µSO = µmax,S · [S0]
KS + [S0] · [O2]

KO2 + [O2]
(4.22)

Where µ (h−1) is the specific growth rate, KFe, KS and KO2 (mol l−1) are the

half-velocity constants and the subscripts FO and SO represent the iron-oxidizing and

sulfur-oxidizing bacteria, respectively.

Using the previous equations, the biomass growth rate can be modelled using X

(cell l−1) as the biomass concentration:

rX,F O = µF O · XF O (4.23)

rX,SO = µSO · XSO (4.24)

Similarly, the rate of substrates consumption and product formation can be obtained

using the yield of biomass on substrate Y (cell mol−1):

rF e2+ = rXFO/YXF e2+ (4.25)

rS0 = rXSO/YXS0 (4.26)
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Considering the experimental results obtained using the BRGM-KCC consortia, it

is safe to consider a system with two dominant bacteria, an iron-oxidizing and a sulfur-

oxidizing. The biological parameters modelling the behaviour of these microorganisms

were reported in Table 4.4.

Table 4.4: Kinetic parameters for the bioleaching microorganisms used in the models.

Parameter Value Unit
Biological parameters
µFO 0.20 h−1

µSO 0.01 h−1

KFO 7 × 10−3 mol l−1

KSO 1 × 10−1 mol l−1

KO2 5 × 10−5 mol l−1

YXF e2+ 8.7 × 1011 cell mol−1

YXS0 2 × 1012 cell mol−1

Initial conditions
XFO 1 × 109 cell l−1

XSO 1 × 109 cell l−1

Oxygen mass transfer

Oxygen mass transfer was implemented using the overall model for gas-liquid mass

transfer, as shown by the following equation:

rg→l
O2 = kLa ([O2]l − [O2]∗l ) (4.27)

Where the constants were chosen using the measured values obtained with the

gassing-out experiments, as shown in Chapter 2. Using these, kLa = 85 h−1 and [O2]∗l
= 2.84 · 10−4 mol l−1 were taken.

4.3.2 Simulation of the kinetic model

This model was developed independently from any consideration of hydrodynamic het-

erogeneities ; hence, it was simulated in an homogeneous stirred tank reactor using the

2-liter tank data previously obtained experimentally.

The modelled biomass was obtained and compared with experimental data, as

shown by Fig. 4.9. In the same way as the evolution of the biomass during the exper-

iment, the model shows an evolution following a short latency phase on the first day,

an exponential phase between the second and seven day and finally a stationary phase

for the time remaining. Comparing the two results, a lower concentration of biomass

was observed at all times. Nevertheless, this difference was reduced when approaching
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the stationary phase.

The evolution of pyrite dissolution was also observed, as shown by the conversion

rate in Fig. 4.10. Experimentally, this conversion rate is the amount of cobalt released

over time relative to the total amount contained in the sulfide mineral. The comparison

of this experimental conversion rate with the model data showed a very good fitting with

a relative error of less than 10% before day 6. However, the modeled values deviated

from the experimental values beyond day 6. It is shown that the experimental values

seem to remain around 75% dissolution while the model predicted a dissolution that

rose up to 100% near day 8. Similar observations were obtained using the Fe3+/Fe2+

ratio over time, as shown on Fig. 4.11. The experimental ratio remained constant after

day 6, mainly due to the absence of further mineral dissolution at this point, which

was not observed for the model as the dissolution became exponential. This difference

could be attributed to jarosite precipitation occurring during the experiments. From

the moment the particles are becoming small enough, a layer of jarosite could indeed

form on their surface, strongly limiting the maximum dissolution observed. In the case

of the model, precipitation was not taken into account and even if it were, the model

could not predict a reduction of the reactive surface due to a passivation layer.

Figure 4.9: Comparison of the experimental and modelled biomass concentrations for the
laboratory-scale tank.
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Figure 4.10: Comparison of the experimental and modelled pyrite conversion rate for the
laboratory-scale tank.

Figure 4.11: Evolution of the Fe3+/Fe2+ ratio over time.
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Lastly, the oxygen uptake rate was calculated as the variation of dissolved oxygen

between two time steps, as observed on Fig. 4.12. Similarly to the dissolution rate, the

comparison between the modelled and experimental data showed a good agreement. In

both cases, the evolution of the OUR showed a bell-shaped curve with a slight latency

phase on the first day, followed by a strong consumption over two following days. A

lower maximum OUR was achieved, with OURmod = 291 mg l−1 h−1 compared to the

396 mg l−1 h−1 obtained experimentally. Knowing that assumptions had to be made

to obtain the OUR over time (see section 2.3), the experimentally observed maximum

value was possibly overestimated.

Figure 4.12: Comparison of the experimental and modelled OUR for the laboratory-scale
tank.

The previous results thus showed that the kinetic model represented, with an ac-

ceptable error, what happened during the experiments and could be used to predict the

evolution of the different components of the bioleaching reactor. Thus, in particular,

data regarding the oxygen consumption and transfer were considered as valuable for

implementation in the CFD-based compartmental approach.
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4.4 Development of a gas-liquid CFD-based compartmen-

tal model

Now that full CFD gas-liquid simulations have been carried-out, a coupled kinetic / hy-

drodynamic approach was built in order to observe the impact of local heterogeneity in

a bioleaching stirred tank reactor while limiting the computational cost of kinetic mod-

elling. In the first place, this work attempted to achieve this approach via integration

in the CFD model of the oxygen mass transfer mechanism coupled with a consumption

term. This was done through the implementation of a user-defined function (UDF) de-

scribing a model of gas-liquid mass transfer using the local hydrodynamics conditions.

However, the computational cost for the simulations increased dramatically, even for

the laboratory-scale tank which showed an increase from 3 days to over 3 weeks after

the addition of gas-liquid mass transfer. Furthermore, local numerical diffusion skewed

the results by causing various erroneous sink terms to appear and significant discrepan-

cies in the material balances. After analysis of the results, these errors were identified

as resulting from the difference between the characteristic mass transfer time (of the

order of a minute) and the mixing time (of the order of a few seconds) ; thus, the

system progressed too fast, biasing the mass transfer through the STR. Considering

these issues, a different approach was employed, using a CFD based compartmental

model, developed in this section.

4.4.1 Description of the CFD-based compartmental model

The compartmental model was developed using the gas-liquid simulation showed in

the previous section. For this, the methodology proposed by Gimbun et al. (2017)

was essentially used and adapted [24]. This methodology consisted in dividing the

tank into homogeneous compartments based on a chosen criterion. The compartments

were defined on a radial section of the tank and then extended to the whole tank us-

ing surface revolution of each subsection. In this case, the division criterion was the

velocity field data (liquid and gas) from the previously performed CFD simulation.

The compartments were determined so that the mass transfer between each face of a

given compartment would be predominantly in one direction only. To keep the same

impeller-induced flows as in the CFD model, the previously established rotating zones

were considered as compartments. The circulation loops induced by the different im-

peller motions were represented by two compartments for axial flow impellers and 4

compartments for radial flow impellers. As the sparger was mostly represented by a

vertical gas flow, it was described by a single compartment below the bottom impeller.

Lastly, the top surface was divided into multiple compartments (3 for the 2-liter tank

and 2 for the 800-liter tank) to allow a recirculation in the tank. The laboratory-scale

tank was thus divided into 17 compartments, accounting for the sparger gas discharge
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and the flow patterns induced by the RT6B and the A310 impellers, as shown by Fig.

4.13.

The connection between the compartments was represented by the passage of a

mass flow rate of liquid and gas across the compartment limits (Fig. 4.13). This

mass flow rate Q was calculated by averaging the flow velocities across each surface

depicting the interface between two compartments, as shown by Eq. 4.28. Although

the division method led to a predominantly unidirectional mass flow, bidirectional

flows through each compartment boundary were still considered. For this, inflow and

outflow were represented for each interface and, moreover, the gas and liquid flows were

independently considered for the gas and liquid, as showed in Table 4.6.

Q =
∫∫

S
u dS (4.28)

Figure 4.13: Description of the 2-liter compartmental model division with (left) the link
between the liquid velocity profile and the compartments, and (right) the connections between
the different compartments. The green arrows represent the predominant mass flow directions
and the blue arrows represent the gas inlet and outlet. Scheme based on Gimbun et al. (2016)
methodology [24].

Each individual compartments was considered homogeneous in terms of gas frac-

tion αg, turbulent dissipation ε, pressure and mass transfer coefficient kLa. For this,

the average value of these parameters were calculated by volume averaging across the

calculation cells of the compartment. These averaged values were reported on Table

4.5. Here, the kLa was determined using the model of Danckwerts, as determined to

be the best fit in the previous section [8].
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Table 4.5: Averaged parameter for each compartment of the 2-liter tank.

Compartment Volume ⟨αg⟩ ⟨ε⟩ ⟨P ⟩ ⟨kLa⟩*
(×10−1 l) (w/w) (m2 s−3) (Pa) (s−1)

1 1.09 28.03% 0.50 101632 0.184
2 14.05 3.32% 0.30 101461 0.023
3 7.76 4.35% 0.32 101410 0.031
4 10.09 3.96% 0.57 101376 0.031
5 4.64 6.69% 0.24 101477 0.045
6 5.85 5.82% 0.85 101453 0.049
7 9.04 4.83% 34.33 101450 0.065
8 17.46 4.50% 1.75 101348 0.045
9 14.53 4.22% 0.79 101485 0.038
10 12.07 4.17% 0.75 101396 0.037
11 15.16 4.01% 0.89 101364 0.036
12 8.12 4.12% 14.40 101541 0.050
13 15.73 3.89% 0.53 101376 0.031
14 24.47 3.42% 0.10 101343 0.017
15 15.74 3.40% 0.14 101343 0.019
16 13.39 3.22% 0.05 101326 0.014
17 17.14 3.10% 0.07 101325 0.013

* based on the model of Danckwerts [8].

A similar approach was used for the 800-liter tank, which implied a greater num-

ber of compartments due to the additional recirculation loops induced by the third

impeller, as shown by Fig. 4.14. Furthermore, the low clearance of the bottom im-

peller required the addition of extra compartments near the tank bottom. The mass

flow rates were also represented bidirectionally at the interface of each compartment

(Table 4.8) and the various parameters were averaged for each compartment (Table

4.7). Pressure is an important parameter to take into account when considering mass

transfer as it will impact the saturation concentration of gases. The pilot-scale tank

indeed displayed a pressure 9.4% higher than the atmospheric pressure at the bottom

while the laboratory-scale was less than 0.1% higher. As the equilibrium concentration

c∗
g ∝ Ptot, the transfer rate will be increased. This effect is particularly significant for

industrial-scale tanks and must be carefully considered for the process sizing.

187



CHAPTER 4. DEVELOPMENT OF A HYDRO-KINETIC COMPARTMENT
MODEL OF A BIOLEACHING STR

Table 4.6: Mass in flows and out flows between each compartment of the 2-liter tank.

Flow direction
Liquid Gas

In flow Out flow In flow Out flow
(×10−5 m3) (×10−5 m3) (×10−6 m3) (×10−6 m3)

1 to 2 3.41 0.04 1.79 0.01
1 to 7 0.00 3.38 0.00 9.45
2 to 3 97.85 0.00 35.78 0.00
2 to 5 9.00 2.68 4.73 1.30
2 to 7 0.00 100.80 0.00 37.38
3 to 4 137.98 0.00 64.90 0.00
3 to 5 3.22 43.35 1.51 30.59
4 to 6 138.04 0.07 65.12 0.19
5 to 6 13.41 7.98 10.21 6.37
5 to 8 0.99 40.22 0.54 30.01
6 to 8 143.40 0.00 68.74 0.02
7 to 8 0.00 179.53 0.00 76.13
7 to 9 75.49 0.13 29.32 0.14
8 to 10 29.83 0.65 10.03 0.49
8 to 11 0.02 104.56 0.00 46.49
9 to 10 0.12 66.64 0.12 25.97
9 to 12 142.25 0.37 55.56 0.45
10 to 11 21.53 26.43 9.86 9.90
10 to 13 0.08 32.53 0.01 16.29
11 to 13 0.00 109.43 0.00 46.54
12 to 13 51.17 3.77 23.36 1.29
12 to 14 94.49 0.02 33.07 0.01
13 to 15 0.31 94.80 0.09 40.83
14 to 15 72.45 0.00 28.25 0.00
14 to 16 25.42 3.38 8.63 1.04
15 to 16 1.48 16.27 0.11 7.98
15 to 17 9.02 16.26 1.49 6.21
16 to 17 16.93 9.69 5.34 3.15
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Figure 4.14: Description of the 800-liter compartment model division with (left) the link
between the liquid velocity profile and the compartments, and (right) the connections between
the different compartments. The green arrows represent the predominant mass flow directions
and the blue arrows represent the gas inlet and outlet. Scheme based on Gimbun et al. (2016)
methodology [24].
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Table 4.7: Averaged parameter for each compartment of the 800-liter tank.

Compartment Volume ⟨αg⟩ ⟨ε⟩ ⟨P ⟩ ⟨kLa⟩*
(l) (w/w) (m2 s−3) (Pa) (s−1)

1 0.85 35.79% 0.62 110911 0.274
2 10.63 0.26% 0.45 110935 0.002
3 6.73 0.37% 0.02 110997 0.001
4 17.19 0.63% 0.03 111025 0.003
5 14.44 2.47% 0.03 110570 0.009
6 5.65 1.79% 0.02 110543 0.006
7 8.93 1.57% 2.25 110394 0.016
8 0.73 20.38% 0.62 110341 0.153
9 26.81 8.10% 4.79 109510 0.090
10 56.43 3.99% 0.21 109786 0.020
11 39.00 7.44% 0.26 108086 0.045
12 81.28 4.84% 0.25 108482 0.028
13 32.87 6.06% 0.42 106788 0.039
14 68.85 4.43% 0.06 107050 0.018
15 70.20 5.65% 0.12 104784 0.028
16 146.31 5.12% 0.04 104921 0.019
17 32.87 6.12% 0.46 102721 0.040
18 19.36 6.14% 0.03 102775 0.022
19 49.49 6.24% 0.05 102786 0.025
20 42.43 7.67% 0.12 101299 0.037
21 88.46 5.48% 0.10 101325 0.024

* based on the model of Danckwerts [8].

190



CHAPTER 4. DEVELOPMENT OF A HYDRO-KINETIC COMPARTMENT
MODEL OF A BIOLEACHING STR

Table 4.8: Mass in flows and out flows between each compartment of the 800-liter tank.

Flow direction
Liquid Gas

In flow Out flow In flow Out flow
(×10−3 m3) (×10−3 m3) (×10−5 m3) (×10−5 m3)

1 to 2 9.22 0.00 0.19 0.00
1 to 8 0.00 9.22 0.00 39.72
2 to 3 23.59 0.00 0.80 0.00
2 to 7 4.61 19.00 1.15 1.72
3 to 4 24.49 0.00 1.72 0.00
3 to 6 0.48 1.40 0.00 0.85
4 to 5 24.49 0.04 2.10 0.23
5 to 6 0.00 18.75 0.00 5.02
5 to 10 43.19 0.01 7.41 0.36
6 to 7 0.00 18.30 0.00 3.00
6 to 10 0.65 2.02 0.00 2.76
7 to 8 0.21 3.13 0.30 0.12
7 to 9 7.06 36.85 5.26 8.92
8 to 9 0.00 12.15 0.00 39.47
9 to 10 8.70 48.25 2.04 31.45
9 to 11 20.05 22.91 10.65 25.89
10 to 12 44.78 42.48 11.00 35.34
11 to 12 15.28 21.01 11.41 15.06
11 to 13 9.11 6.06 0.64 14.20
12 to 14 14.20 18.07 1.07 26.40
13 to 14 27.63 0.00 14.43 0.00
13 to 15 1.18 25.97 0.00 26.23
14 to 16 27.36 3.69 2.79 13.08
15 to 16 39.02 0.02 21.04 0.01
15 to 17 0.00 63.58 0.00 49.77
16 to 18 0.03 16.90 0.00 17.07
16 to 19 80.13 0.50 28.88 2.24
17 to 18 22.32 0.39 13.35 0.29
17 to 20 0.11 85.14 0.12 68.03
18 to 19 19.21 0.05 13.38 0.05
18 to 21 0.02 14.09 0.00 17.61
19 to 21 98.97 0.17 41.06 1.55
20 to 21 0.00 84.82 0.00 47.56
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4.4.2 Oxygen mass balance and gas-liquid mass transfer

The compartment model was used in combination with equations modelling the gas-

liquid mass transfer throughout the tank (see Section 4.3). For this, boundary con-

ditions were set for the gas phase to model the gas inlet and outlet. Considering the

2-liter tank, the first compartment was described by a cylinder whose base had the

same diameter as the sparger considered in the gas-liquid simulation. This inlet was

fed using air (ρg = 1.225 kg m−3) with an oxygen molar fraction of 21% adjusted to the

local pressure field. The gas outlet was depicted by the top surface of the compart-

ments 14, 16 and 17.

Oxygen mass balance was established in each compartment and gave the evolu-

tion of oxygen concentration in the liquid and gas phases. Thus, this evolution took

into account four phenomena in each compartment and for each phase: (i) incoming

phase oxygen mass flow rate rj→i
O2 from compartment j to compartment i, (ii) outgoing

phase oxygen mass flow rate ri→j
O2 from compartment i to compartment j, (iii) internal

gas-liquid mass transfer rate rg→l
O2 and (iv) internal consumption rate rcons

O2 . The rj→i
O2

(g l−1 h−1) was obtained using the incoming mass flow rates of the phase considered

Qj→i (l h−1) and assuming that the oxygen concentration in these flows [O2] (g l−1) was

the same as the concentration of the compartment from which it came (compartments

are supposed perfectly mixed). The following equations considered a compartment i

fed by adjacent compartments denoted by the j subscript:

rj→i
O2,l = 1

αl,iVi

∑
j

(
Qj→i

l · [O2]l,j
)

(4.29)

rj→i
O2,g = 1

αg,iVi

∑
j

(
Qi→j

g · [O2]g,j

)
(4.30)

The outgoing mass flow rate ri→j
O2 was retrieved using a similar expression and con-

sidering the concentration of the compartment considered:

ri→j
O2,l =

[O2]l,i
αl,iVi

∑
j

Qi→j
l (4.31)

ri→j
O2,g =

[O2]g,i

αg,iVi

∑
j

Qi→j
g (4.32)

The compartment gas-liquid mass transfer rate rg→l
O2 was calculated based on the

mass transfer coefficient kLa obtained from the Danckwerts’ model:

rg→l
O2,l,i = kLai ·

(
[O2]∗l,i − [O2]l,i

)
= −rg→l

O2,g,i (4.33)
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Where the equilibrium concentration [O2]∗l is determined using the Henry’s law:

[O2]∗l,i = HO2 · PO2,i (4.34)

Using the previous expressions and considering a volumetric consumption of O2

rcons
O2,l , the internal variation of oxygen concentration d [O2] /dt can be obtained:

d [O2]l,i
dt

= rj→i
O2,l − ri→j

O2,l + rg→l
O2,l,i − rcons

O2,l,i (4.35)

d [O2]g,i

dt
= rj→i

O2,g − ri→j
O2,g − rg→l

O2,l,i (4.36)

4.4.3 Validation of gas-liquid mass transfer modelling with the com-

partmental model

The compartmental model was firstly used for the laboratory-scale tank to simulate the

gassing-out method carried out experimentally and observed the evolution of the dis-

solved oxygen concentration in each compartment. For this, the commercial software

MATLAB R2017a was used in combination with the ode23 solver in order to solve the

set of ordinary differential equations in all compartments (Eq. 4.35 − 4.36). As the

model needs the hydrodynamics to be solved, no modification of hydrodynamics may

be done during compartmental approach use. Thus, the oxygen concentration in the

bubbles for each compartment was initialized at 0 g l−1 to model the absence of oxygen

in the tank at the beginning of the experiment. Then, PO2,g was set to 0.21 bar with

a Henry’s constant HO2 = 2.46 × 109 Pa l kg−1. The computation time to perform this

simulation was much lower than the full-CFD model and lasted only a few seconds.

The result of this experiment is shown on Fig. 4.15, with the compartment 8 selected

as the model data as it is the experimental probe location.

The results showed that the model was in very good agreement with the experimen-

tal measurements, with a coefficient of determination r2 = 0.99. The slight variation

observed in the evolution and maximum value could be due to the modelling hypothe-

ses used in the CFD simulation and compartment model. Despite the modelled data

being shown for compartment 8, it was found that few to no differences where observed

between the compartments, with a maximum standard variation of 0.05 mg l−1 for the

dissolved oxygen concentration. This was expected regarding the small volume of the

bioreactor.
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Figure 4.15: Evolution of oxygen saturation along time in a gassing-out experiment and
comparison with the modelled values. For this simulation, rcons

O2,l = 0.

The distributions of ⟨kla⟩ in each compartment were also considered for each tank,

as shown on Fig. 4.16. As expected, the highest ⟨kla⟩ values were at the level of the

sparger and in areas of high turbulence such as in the vicinity of the impellers. The

2-liter tank showed areas of low kla values near the surface of the tank, mainly due to

the low energy dissipation in these areas. In the 800-liter tank, similar low kla values

areas are observed at the bottom of the tank near the outer edge. These areas are a

result of the large aeration number of this system (NA = 0.039), leading to a partial

flooding of the impeller and the difficulty of the impeller in dispersing the gas through-

out the bottom of the tank.

In the section 4.3, it was shown that the maximum oxygen uptake rate was around

396 mg l−1 h−1. The compartment model was used to represent the evolution during the

gassing-out method of various consumption rates on the dissolved oxygen concentra-

tion (Fig. 4.17). For low consumption rates (rcons
O2,l ≤ 180 mg l−1 h−1), as observed in the

first few days of a bioleaching experiment, the dissolved oxygen concentration was near

the maximum value and no oxygen limitation could be detected in these conditions.

At consumption rates similar to the maximum oxygen uptake rate phase observed in

a bioleaching experiment, the oxygen saturation is dropping below the 50% threshold.

Considering that these results are obtained for a global consumption rate, which is not

representative of the experimental heterogeneities, it could mean that this threshold is

the point where dissolved oxygen becomes the limiting substrate. Furthermore, it was

observed for consumption rate past this value that the oxygen concentration dropped

dramatically, down to 0 mg l−1 for rcons
O2,l ≥ 1800 mg l−1 h−1.
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Figure 4.16: Representation of ⟨kla⟩ in each compartment for the laboratory- (left) and pilot-
scale (right) tanks.

The pilot-scale tank was also considered but could not be compared to experimental

bioleaching results due to lack of data. However, the impact of the scale of the tank was

still observed. It was found that, compared to the 2-liter tank, the variation of dissolved

oxygen concentration was higher and differences up to 0.5 mg l−1 were observed between

the compartments during the gassing-out experiments without consumption term. The

addition of a consumption term showed the same results that of the laboratory-scale

tank, leading to a similar consumption rate rcons
O2,l = 400 mg l−1 h−1 responsible for an

oxygen saturation of 50%. These scale-up results will be developed in the following

dedicated paragraph.
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Figure 4.17: Impact of oxygen consumption on the evolution of the dissolved oxygen concen-
tration. Values indicate the dissolved oxygen consumption rate rcons

O2,l .

4.5 Scaling-up the compartmental model and prediction

of bioreactor oxygenation at the industrial scale

One key limitation of the compartmental approach generalization in the chemical and

biochemical industries is the availability of an ”industrial-scaled” compartment ma-

trix that provides not only the circulation between each compartment but also the

compartment-averaged values of main hydrodynamic variables (volume of compart-

ment, gas-liquid mass transfer coefficient, solid and gas fractions, turbulent dissipation

rate). This is jointly explained by the calculation times of CFD simulations for sys-

tems larger than 1 m3 (namely when calculation cell number exceeds 107), the possible

instability of the multiphase calculation and the lack of experimental validations at

the industrial scale. However, the availability of the compartmental matrix at the

pilot-scale allows a more sophisticated scale-up procedure in comparison with classic

approach considering that the bioreactor is perfectly mixed. It was thus proposed here

to scale-up the results for the compartmental matrix at 800 l to industrial scales of

800 and 2000 m3, in complete geometric similarity. Some relatively strong hypothesis

have been discussed but they probably remain sensibly weaker than the hypothesis of

perfectly mixed bioreactor.
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4.5.1 Scale-up strategy

Let us consider a 800 m3 bioleaching bioreactor which is geometrically similar to the

previously studied 800 l bioreactor. Let us define the geometric ratio KL, which is

the ratio between the lengths between two similar points in each bioreactor. More

particularly:

KL = T ′

T
= D′

D
(4.37)

With T ′ (m) and D′ (m) the 800 m3 tank and impeller diameters respectively.

Let us suppose till demonstrated that both bioreactors are decomposed using the

same set of compartments, also in geometric similarities. The number of compartments

c at both scale will be thus the same. For instance, the volume of each compartment

Vi may be extrapolated using the following equation:

∀i ∈ [1; c] V ′
i = K3

L × Vi (4.38)

The classic scale-up strategy based on criteria of power dissipation per unit of

volume P/V and volumetric gas-liquid mass transfer coefficient kLa was here chosen.

This means that:

(
P

V

)′
=
(

P

V

)
(4.39)

Thus, a relationship between agitation rates at both scales can be established in

turbulent regime:

(
ρlN

3D5

V

)′

=
(

ρlN
3D5

V

)
(4.40)

Furthermore, knowing that V ′ ∝ D′3 and V ∝ D3, it comes:

P/V ∝ N3D2 ⇒ N ∝ D−2/3 (4.41)

In turbulent regime, two bioreactors in geometric similarity also present dimension-

less turbulent dissipation rate distributions similarities, which can be written:

ε(x, y, z)
N3D2 = A(x, y, z) (4.42)

The variable A depends on the bioreactor design but not on its scale. For the two

scales considered, this means that:

ε(x, y, z)
N3D2 =

(
ε(x, y, z)

N3D2

)′

(4.43)
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Namely:

ε(x, y, z) = ε′(x′, y′, z′) (4.44)

and thus:

∀i ∈ [1; c] ⟨ε′⟩i = 1
V ′

i

∫
Vi

ε′dV ′
i = 1

K3
LVi

∫
Vi

ε · K3
LdVi = ⟨ε⟩i (4.45)

Similar developments can be made for liquid velocities ul with the bioreactor:

ul

ND
= B (x, y, z) (4.46)

With B a constant that does not depend on the bioreactor scale. This means that:

ul ∝ ND ∝ D−2/3D ∝ D1/3 (4.47)

and that:

u′
l =

(
D′

D

)1/3

= K
1/3
L × ul (4.48)

This allows to set up the volumetric flow rate scale-up rule:

Q′ ∝ u′
l × D′2 ∝ D1/3D2 = D5/3 (4.49)

and thus:

Q′ = Q × (KL)5/3 (4.50)

The previous relationship allows to predict the variation of liquid flow rate within

the compartmental matrix when bioreactor scale is modified. To calculate the local

oxygen saturation, il is also necessary to determine the mean pressure in each compart-

ment. For a compartment i at a mean depth z from the surface, the mean pressure in

the compartment is approximately equal to:

⟨P ⟩i = Patm + ρLgz (4.51)

At the industrial scale, this mean pressure thus becomes:

⟨P ′⟩i = Patm + ρlgz′ = Patm + ρlgKLz (4.52)

It can be then demonstrated that:

⟨P ′⟩i = kL ⟨P ⟩i + (1 − KL) Patm (4.53)
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The determination of the change in inlet gas flowrate is based on the experimental

results obtained in Chapter 2 and transposed to 800 l design as no complementary data

are available at this scale. It was established that, at constant P/V , kLa ∝ Q0.3
g . Thus,

considering a constant kLa strategy, and that the kLa are classically related to the

superficial gas velocity ug, it comes:

ug ∝ 1 → QgD2 ∝ 1 → Qg ∝ D−2 (4.54)

and:

Q′
g = K2

LQg (4.55)

The strongest hypothesis concerns the behaviour of the gas phase within the biore-

actor and the similarity of the gas distribution within the vessel. Let us suppose that

the spatial distribution is unchanged from one scale to another:

αg(x, y, z) = C(x, y, z) (4.56)

with C that is independent of bioreactor scale. Considering both spatial invariance

of gas fraction and turbulent dissipation rate, it may be supposed that the spatial

distribution of the kLa values remained also unchanged, consequently:

∀i ∈ [1; c], ⟨kLa′⟩i = ⟨kLa⟩i (4.57)

4.5.2 Results of bioreactor scale-up

Bioreactor scale-up without oxygen control

The 800 l bioreactor was scaled-up using the previous strategy and the oxygen disso-

lution / consumption model was applied in the compartments. To simplify the kinetic

modelling, the maximal oxygen consumption rate of 360 mg l−1 h−1 was supposed (hy-

pothesis of independence of the reactions towards the local concentrations of substrates

/ microorganisms). The concentrations of the dissolved and gaseous oxygen in each

compartment was determined once the equilibrium between the oxygen uptake and

transfer was achieved. Five bioreactor scales were considered: 0.8, 8, 80, 800 and

2000 m3. A complementary simulation at a scale of 2000 m3 and a 5 times higher oxy-

gen consumption rate of 1800 mg l−1 h−1 was also carried out. It is expected that, as

the oxygen consumption is supposed constant within the bioreactor, the increase of

mixing time with bioreactor scale will progressively promote oxygen gradients. Also,

for this first situation, the operating conditions applied were directly transposed to

larger scales ; this situation thus does not consider any oxygen control in the system.
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The variation of mean and standard deviation of dissolved oxygen concentrations over

bioreactor compartments are given in Fig. 4.18.

Figure 4.18: Variation of mean and standard deviation of oxygen concentrations in the biore-
actor. Circled data correspond to V = 2000 m3 and rO2 = 1800 mg l−1 h−1.

Without any oxygen concentration control, the compartmental model results indi-

cated that the mean dissolved oxygen concentrations globally increased in the bioreac-

tor when reactor scale was increased. This can be explained by the increase of liquid

height that promoted a higher oxygen saturation in the liquid phase. However, in the

mean time, the standard deviation of dissolved oxygen concentrations evolved from 2

% in the 800 l bioreactor to 29 % at a scale of 2000 m3. When oxygen consumption was

increased to 1800 mg l−1 h−1, the mean oxygen concentration was close to 0 indicating

a complete oxygen limitation in the liquid phase. As the quantity of oxygen in the

gaseous phase was thus far from being limiting. This limitation clearly came from from

insufficient gas-liquid mass transfer and global homogenization of the tank.

To put into evidence the occurrence of gradients of oxygen concentrations in the

liquid phase, it was arbitrary chosen to determine the ratio between dissolved oxygen

concentration in compartment i and in compartment 10, which was supposed to be

implemented with an oxygen probe. Results of the simulations are presented in Fig.

4.19 (the condition V = 2000 m3 with highest oxygen consumption rate was not shown

due to zero local concentrations).
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Figure 4.19: Ratio of dissolved oxygen concentration between compartment i and compart-
ment 10. Impact of bioreactor scale and oxygen consumption rate.

It could be first noticed that the probe, placed in compartment 10, was systemati-

cally in one of the most favourable compartment regarding oxygen concentration (with

compartments 9 and 11). This can be essentially explained by the important mass flow

coming in this compartment through the ejection flux of the bottom impeller. The

consequence of this result is that, for the system modelled here, the oxygen concentra-

tion was most of the time overestimated by the oxygen probe placed in compartment

10. Except in compartment 1 that showed high values of oxygen concentrations (zone

of gas injection), the bottom compartments were progressively oxygen-deprived due

to lack of bubbles recirculation in these zones. At the 800 and 2000 m3, the decrease

reached 30% in comparison with compartment 10. In the same way, the top compart-

ments of the bioreactor were also less oxygenated due to the decrease of total pressure

and oxygen saturation. The oxygenation concentrations in these zones were 50% lower

than in compartment 10. These differences had probably weak impacts on bioreactor

operation as far as oxygen concentrations remain sufficiently high to prevent oxygen

limitations.

Bioreactor scale-up with oxygen control

Another strategy would consist in controlling the dissolved oxygen concentration in

the bioreactor at all operation scales. For this purpose, it was supposed that the dis-

solved oxygen concentration was controlled at the probe (compartment 10) to the value

obtained at the scale of 800 l without control (O2,l,10 ≃ 5 mg l−1). To carry out this
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control, agitation rates and gas flow rates are generally modified to adjust the kLa val-

ues of the bioreactor. Nevertheless, in the present study, this choice would have involve

important modifications of the compartmental matrix and thus complementary CFD

simulations with undefined operating conditions. To evaluate the impact of oxygen

control, it was thus decided to tune the volume fraction of oxygen in the gas injected

at the bioreactor bottom.

Thus, the oxygen fraction in the inlet gas was slightly decreased to 0.16 at the

800 m3 scale to get approximately the targeted value of 5 mg l−1 in the compartment

next to the impeller. Distribution of mean dissolved oxygen concentrations in each

compartment was reported in Fig. 4.20. Spatial distributions of dissolved oxygen

concentrations observed at 800 m3 with and without oxygen control were also reported

in Fig. 4.21.

Figure 4.20: Distribution of dissolved oxygen concentrations at two bioreactor scales with
and without oxygen control at the probe point.

It can be seen that, at the 800-liter scale, the homogeneity of the bioreactor per-

mitted to maintain the set-point of dissolved oxygen to the targeted value everywhere

in the vessel, even with a non- O2 controlled process. However, at the 800 m3 scale, im-

portant differences of O2 distributions could be observed between non- and controlled

systems. Using the scale-up strategy, in case of non-controlled oxygenation, all oxy-

genation concentrations have thus exceeded the set-point, except in the top-zones where
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lower pressure are encountered. Importantly, in the case of the O2-controlled process,

the overestimation of the value at the probe location (compartment 10) in comparison

with other compartments involved significantly lower concentrations, especially for the

zones near the bioreactor surface (< 2 mg l−1). These results thus suggested that, at

the industrial scale, (i) compartmental modelling should be carried out prior to process

design to define the best locations for O2 measurements and (ii) the oxygen set-point

should be reconsidered to ensure that each zone of the vessel is sufficiently aerated.

Figure 4.21: Distribution of dissolved oxygen concentrations in the 800 m3 bioreactor without
(on left) and with (on right) oxygen control at the probe point. Color scale were adapted to
specific range of values.
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4.6 Chapter conclusions

This chapter has presented the different steps in the development of a hydrokinetic

model of a bioleaching reactor, from the simulation of a gas-liquid CFD model to its

reduction into a compartmental model.

First, a CFD model of a stirred reactor was developed to determine the gas-liquid

flow induced by the considered geometry. From this model and the experimental results

previously obtained, it was shown that the kLa model of Danckwerts was the best to

represent the experimental gas-liquid mass transfer.

Subsequently, a kinetic model was developed to simulate the bioleaching kinetics

in ”ideal” hydrodynamic conditions. This model was validated using the experimental

data obtained on Chapter 2 and showed a good match for the various kinetics involved,

such as chemical dissolution and biological oxidations. From the results obtained, oxy-

gen dissolution model and maximal consumption rate could also be validated.

In a third part, the CFD gas-liquid model was simplified to a compartmental model

using the simulated velocity fields. Liquid and gas exchanges between the compart-

ments were then defined by mass balances at their interfaces as well as by their homo-

geneous content, such as kLa, turbulent dissipation rate or pressure. Lastly, this model

was completed using ordinary differential equation to represent oxygen dissolution and

consumption and was validated through a gassing-in gassing-out experiment.

On the last section of this chapter, an original scaling-up study was performed

using the compartmental model to predict the oxygen distribution with the bioreactor

evolution from the pilot- to the industrial-scale. It was shown that scaling of the

bioreactor resulted in a better oxygen concentration overall for higher scales due to

pressure increase but also promoted the appearance of strong gradients within the

tank. Adaptive rules for oxygen control were also suggested for industrial-scale STR.

204



CHAPTER 4. DEVELOPMENT OF A HYDRO-KINETIC COMPARTMENT
MODEL OF A BIOLEACHING STR

Bibliography

[1] J. B. Joshi. Computational flow modelling and design of bubble column reactors.

Chemical Engineering Science, 56(21):5893–5933, November 2001.

[2] F. Scargiali, A. D’Orazio, F. Grisafi, and A. Brucato. Modelling and Simulation of

Gas–Liquid Hydrodynamics in Mechanically Stirred Tanks. Chemical Engineering

Research and Design, 85(5):637–646, January 2007.

[3] L. Schiller. A Drag Coefficient Correlation. Zeit. Ver. Deutsch. Ing., 77:318–320,

1933.

[4] J. Morchain, J.-C. Gabelle, and A. Cockx. A coupled population balance model

and CFD approach for the simulation of mixing issues in lab-scale and industrial

bioreactors. AIChE Journal, 60(1):27–40, 2014.

[5] J. Abrahamson. Fluent Theory Guide. page 962, 2019.

[6] T. T. Devi and B. Kumar. Mass transfer and power characteristics of stirred tank

with Rushton and curved blade impeller. Engineering Science and Technology, an

International Journal, 20(2):730–737, April 2017.

[7] R. Higbie. The rate of absorption of a pure gas into a still liquid during short

periods of exposure. Trans. AIChE, 31:365–389, 1935.

[8] P. Danckwerts. Significance of liquid-film coefficients in gas absorption. Industrial

& Engineering Chemistry, 43(6):1460–1467, 1951.

[9] P. Calderbank. Physical rate processes in industrial fermentation. Part II—Mass

transfer coefficients in gas–liquid contacting with and without mechanical agita-

tion. Trans. Inst. Chem. Eng, 37:173–185, 1959.

[10] M. Laakkonen, P. Moilanen, V. Alopaeus, and J. Aittamaa. Modelling Local

Gas–Liquid Mass Transfer in Agitated Vessels. Chemical Engineering Research

and Design, 85(5):665–675, January 2007.

[11] J. Gimbun, C. D. Rielly, and Z. K. Nagy. Modelling of mass transfer in gas–liquid

stirred tanks agitated by Rushton turbine and CD-6 impeller: A scale-up study.

Chemical Engineering Research and Design, 87(4):437–451, April 2009.

[12] G. R. Kasat, A. B. Pandit, and V. V. Ranade. CFD Simulation of Gas-Liquid

Flows in a Reactor Stirred by Dual Rushton Turbines. International Journal of

Chemical Reactor Engineering, 6(1), 2008.

[13] P. H. Calderbank. Gas absorption from bubbles. The Chemical Engineer, pages

CE209–CE233, 1967.

[14] B. Murthy, R. Ghadge, and J. Joshi. CFD simulations of gas–liquid–solid stirred

reactor: Prediction of critical impeller speed for solid suspension. Chemical Engi-

neering Science, 62(24):7184–7195, December 2007.

[15] R. Panneerselvam, S. Savithri, and G. D. Surender. CFD modeling of

gas–liquid–solid mechanically agitated contactor. Chemical Engineering Research

and Design, 86(12):1331–1344, December 2008.

205



CHAPTER 4. DEVELOPMENT OF A HYDRO-KINETIC COMPARTMENT
MODEL OF A BIOLEACHING STR

[16] A. R. Khopkar, G. R. Kasat, A. B. Pandit, and V. V. Ranade. Computational

Fluid Dynamics Simulation of the Solid Suspension in a Stirred Slurry Reactor.

Industrial & Engineering Chemistry Research, 45(12):4416–4428, June 2006.

[17] D. Chapple, S. M. Kresta, A. Wall, and A. Afacan. The Effect of Impeller and Tank

Geometry on Power Number for a Pitched Blade Turbine. Chemical Engineering

Research and Design, 80(4):364–372, May 2002.

[18] A. R. Khopkar and P. A. Tanguy. CFD simulation of gas–liquid flows in stirred

vessel equipped with dual rushton turbines: Influence of parallel, merging and

diverging flow configurations. Chemical Engineering Science, 63(14):3810–3820,

July 2008.

[19] N. Midoux, A. Laurent, and J. C. Charpentier. Limits of the chemical method for

the determination of physical mass transfer parameters in mechanically agitated

gas-liquid reactors. AIChE Journal, 26(1):157–162, 1980.

[20] S. Bouffard. Understanding the Heap Biooxidation of Sulfidic Refractory Gold

Ores. PhD thesis, University of British Columbia, 2003.

[21] M. J. Nicol. The role of electrochemistry in hydrometallurgy. In Nicol,

M.J. <http://researchrepository.murdoch.edu.au/view/author/Nicol, Mike.Html>

(1993) The Role of Electrochemistry in Hydrometallurgy. In: 4th International

Symposium on Hydrometallurgy, 1 - 5 August 1993, Salt Lake City, UTAH, Salt

Lake City, UTAH, 1993.

[22] S. C. Bouffard and D. G. Dixon. Modeling pyrite bioleaching in isothermal test

columns with the HeapSim model. Hydrometallurgy, 95(3):215–226, February

2009.

[23] A. Ahmadi, M. Ranjbar, M. Schaffie, and J. Petersen. Kinetic modeling of bi-

oleaching of copper sulfide concentrates in conventional and electrochemically con-

trolled systems. Hydrometallurgy, 127-128(Supplement C):16–23, October 2012.

[24] J. Gimbun, S. Y. Liew, Z. K. Nagy, and C. D. Rielly. Three-Way Coupling Simula-

tion of a Gas-Liquid Stirred Tank using a Multi-Compartment Population Balance

Model. Chemical Product and Process Modeling, 11(3), January 2016.

206



Conclusion

The aim of the present work of thesis was to model and simulate the effect of transport

phenomena on the bacterial microenvironment through the development of a coupled

bioleaching STR hydrokinetic model. All along this PhD work, key features on possible

impacts of hydrodynamics on the operation of bioleaching STR were investigated such

as particle suspension and stress or oxygen dissolution and transport. From a general

point of view, this demonstrated that the development and use of new modelling tools

to address the underlying scientific questions of bioleaching reactor scale-up are clearly

worthwhile. This work has answered some of the scientific questions identified by

descriptive modelling of a 2-liter laboratory-scale and a 800-liter pilot-scale bioreactor

and offered some insights for their operation improvement but also by a predictive

modelling of industrial scales, as summarized by Fig. 4.22.

Figure 4.22: Main results of this work.
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Concluding results

Experimental characterization of bioleaching conditions in STR

In order to obtain validation data for the models but also to propose sizing rules of

particle suspension and mass transfer, a complete description of a laboratory-scale bi-

oleaching stirred tank reactor was obtained through biotic and abiotic experiments.

Bioleaching experiments dedicated to kinetics determination

Bioleaching experiments were conducted to obtain key parameters: sulphide mineral

dissolution kinetics, bacterial oxidation kinetics, bacterial growth and dissolved oxygen

kinetics. In addition to the bacterial growth kinetics, a molecular biology study was

performed to highlight the distribution of the different bacterial species in the medium.

The expected BRGM-KCC bacterial strains were identified, namely L. ferriphilum, At.

caldus and Sb. thermosulfidooxidans. It was also found that L. ferriphilum acted as

the main iron-oxidizer and At. caldus as the main sulfur-oxidizer. Furthermore, qPCR

allowed to define their respective attachment to the solid or their suspension in the

liquid. Lastly, a relationship between cell count and the gene copy number was estab-

lished.

Abiotic experiments dedicated to hydrodynamics study

In addition to the previous study, abiotic parameters were defined to quantify the

hydrodynamics of the considered STR. The just-suspended speed Njs and gas-liquid

mass transfer were measured for 120 and 72 different operating conditions respec-

tively, including solid fraction, solid concentration, impeller configuration and gas flow

rate. Supplementary studies were done to model the just-suspended speed using the

Zwietering correlation and a new correlation to represent the impact of the presence

of a gas phase. Similarly, the gas-liquid mass transfer was modeled using a power law

with a common power superscript for all results.

Modelling of particles suspension and hydromechanical stress

The second part of this thesis presented the impact of impeller design and solid con-

centration on particles suspension and hydromechanical stress for a laboratory- and

a pilot-scale bioreactors. These parameters were determined through CFD numerical

simulations and theoretical models of particle distribution and stress.

Study of the suspension quality

The suspension quality Hs was determined for different operating conditions including

geometrical parameters (tank scale, impeller design), solid concentration and agita-

tion speed. On one hand, varying the impeller design or the tank scale showed no
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significant impact on particle suspension at a given dissipated power per unit volume.

On the other hand, increasing the solid concentration had a negative impact on solid

dispersion as a significant rise of power consumption per unit volume was needed to

achieve a given suspension quality.

Parameters affecting particle hydromechanical stress

The hydromechanical stress quantified by the sheared fraction of particles SF was also

obtained varying the same conditions as for the suspension quality. The variation of

SF with the power consumption per unit volume showed similar results than the sus-

pension quality as no impact of the reactor design was observed. Both parameters,

SF and the suspension quality Hs,adj, were compared for the considered parameter of

design and solid concentration and were related for all the conditions tested except a

negligible, positive impact of the solid concentration. Lastly, it was also shown that

this comparison could represent a way to obtain the just-suspended criterion.

The power consumption per unit volume: an effective design criterion

To sum up the previous results, the power consumption per unit volume could be

used as a design criterion due to the independence of most parameters considered

on the suspension quality and the hydromechanical stress on particles. However, for

bioleaching processes, it should be noted that a similar generalized modelling should be

applied to gas-liquid mass transfer to definitively confirm this scale-up rule proposal.

Development of a hydro-kinetic compartment model

The last part focused on the development of a hydro-kinetic compartment model that

consisted in a CFD-based gas-liquid compartmental model and its coupling with a ki-

netic model.

Modelling gas-liquid mass transfer using a compartment-based approach

The gas-liquid model of the bioleaching STR was obtained using CFD simulations

and used to determine the optimal mass transfer coefficient model. It was found that

the model of Danckwerts offered the best fit and could predict the experimental mass

transfer coefficient within a 4% margin for the laboratory-scale tank and 10% for the

pilot-scale tank. The CFD gas-liquid model was then divided into homogeneous com-

partments based on velocity field data. Critical parameters such as phases fraction,

turbulent energy dissipation, pressure and kla were extracted from volume averaged

data of each compartments. The compartment model was validated through gassing

in gassing out experiments and establish the first CFD-based compartmental model of

a bioleaching reactor in literature.

209



Conclusion

Hydrokinetic coupling of the models and prediction of large-scale bioreactor oxygenation

The gas-liquid compartmental approach was enriched with kinetic information resulting

from a dedicated kinetic model validated by the experiments of chapter 2. From the

experimental and modelled data, the maximal oxygen demand, which imposes critical

operating conditions in terms of agitation and aeration, was extracted and implement

in the compartmental approach. Using dedicated scale-up rules of the bioreactor, it

was shown that the compartmental approach could be then used to predict the spatial

distribution of oxygenation.

Future works

Bioleaching process characterization and modelling doubtless need further investigation

to decipher the couplings between biological phase and the multiphase transport of

substrates. A non-exhaustive list of perspectives to this PhD work is proposed below.

• Solid composition:

For development purpose, this work focused on pyrite as substrate, being the

most common sulphide mineral. This choice made it possible to have as many

comparative studies as possible. However, a recurrent aspect of bioleaching pro-

cesses is the wide range of resources encountered [1–3]. These resources react

differently depending on the environment and the metal they contain will there-

fore be more or less difficult to extract. Therefore, a short-term development of

the model would be to adapt its functioning for most metal sulphides, allowing

a better versatility.

• Microbial population dynamics modelling:

The operation of bioleaching process comes from the observation of acid mine

drainage for which microorganisms naturally assist the dissolution process. A

wide variety of microorganisms was observed, most of the time functioning as

consortia [4, 5]. The characterization of this diversity for modelling purposes

is extremely complex due to a lack of precise knowledge on the microorganisms

involved [6]. This work considered a two-bacteria system consisting of one iron-

oxidizing and one sulfur-oxidizing bacteria. The development of a model con-

sidering on all bacterial species of a given consortium, their inner interactions

and distributions on the solids and in the liquid phase could allow a predictive

adaptation of the model to the local biochemical environment which should ef-

fectively represent more accurately experimental observations. The transposition

of microbial population balance modelling coupled with CFD simulations from

one pure strain culture is clearly an interesting option that should be considered

in the near future [7].
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• Carbon dioxide impact on growth:

As for oxygen, carbon dioxide plays an important role in bioleaching processes

as its supplementation in air sparging assists microorganisms growth with a non

negligible impact [8, 9]. Currently, no growth model taking into account local CO2

concentrations are available for bioleaching process. Thus, it could be interesting

to consider an implementation of carbon dioxide in Monod’s growth equation

but also to consider its solubilization in the compartmental approach.

• Impact of geometry on gas dispersion:

As developed in this study, tank and impellers geometries have a critical impact

on solid dispersion and hydromechanical stress. Furthermore, it is well-known

that dissolved oxygen plays an important role in bioleaching processes and is

linked to the system efficiency for gas-liquid mass transfer [10, 11]. Although the

literature has focused on the study of gas dispersion and the impact of a given

geometry on this parameter, few studies have addressed the issues encountered

in bioleaching. For that, it would be interesting to study the coupling of the gas

dispersion to the solid suspension and to the particle hydromecanical stress,

and this for different tank and impeller geometries.

• Implementation of the biological model in the compartmental approach

The implementation of a complete biological model to a compartmental approach

is far from being trivial and relies on a complex knowledge that could not be de-

veloped in the present work. Whereas the compartmental approach is expected

to predict with a good accuracy the distribution of mass fluxes, the modelling of

biological response to potentially fluctuating concentrations along the microor-

ganism path needs intense experimental studies. For instance, depending on

the substrate or on the microorganism, the biological response may be adaptive,

related to the mean value of substrate concentration along the microorganism

path or to its instantaneous value [12]. It is therefore strongly encouraged to

collect biological data allowing to characterize the microbial response to these

potentially fluctuating environments. Such ”scale-down” studies are indeed now

routinely performed in pure strain cultures [13].
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5.1 Introduction

La biolixiviation est un procédé d’extraction qui a été mise en œuvre avec succès

au cours des dernières décennies pour récupérer les métaux provenant de ressources

sulfurées en utilisant des procédés à grande échelle (statiques ou dynamiques). Ce

procédé a connu un grand nombre d’améliorations de ses mécanismes réactionnels et

des consortia microbiens impliqués suite à un nombre important de travaux scientifiques

dédiés. Compte-tenu des continuels progrès de la modélisation et des outils de calcul,

l’évolution digitale de la biolixiviation est attendue et doit s’intensifier dans les années

à venir afin de proposer des règles améliorées de conduite et d’extrapolation en évitant

notamment la multiplication d’applications expérimentales coûteuses. Globalement, la

plupart de ces apports en terme de modélisation se sont concentrés sur les procédés

statiques en tas ; les études relatives à la modélisation des applications dynamiques

en bioréacteurs ont été pour la majorité interrompues, bien qu’il s’agisse de l’une des

applications d’hydrométallurgie les plus prometteuses pour faire face au problème mon-

dial à venir concernant l’épuisement des ressources. Ce travail de thèse s’inscrit dans le

projet Intercarnot MODELIX, qui vise à modéliser l’hydrodynamique local d’un réac-

teur de biolixiviation, la construction d’un modèle compartimental basé sur ces études

hydrodynamiques et une première proposition de couplage de l’hydrodynamique aux

cinétiques de biolixiviation.

Ainsi, la recherche d’un outil complet adaptable à de multiples échelles, qui cou-

ple cinétique et hydrodynamique en réacteur agité de biolixiviation afin d’établir des

critères de conduite et / ou d’optimisation de ces réacteurs a été le fil conducteur de ce

travail de thèse. Pour cela, une première phase expérimentale a été effectuée dans le but

de décrire le comportement d’un procédé de biolixiviation à l’échelle laboratoire, per-

mettant l’obtention d’un ensemble complet de données, cinétiques et hydrodynamiques,

nécessaires à la calibration des différents modèles utilisés dans ce projet. Le développe-

ment du modèle complet s’est orienté sur l’analyse de mécanismes clés de l’optimisation

”physique” d’un réacteur de biolixiviation, à savoir l’homogénéisation des composants

ainsi que le transfert de masse gaz-liquide dans le réacteur. Pour cela, le développe-

ment des modèles a débuté par la description d’un modèle de mécanique des fluides

numérique (MFN) multi-échelle solide-liquide. L’objectif de ce premier modèle était de

décrire l’impact de différents paramètres sur l’homogénéité du solide et la contrainte

mécanique perçue par les particules. Par la suite, la description des phénomènes de

transfert de masse gaz-liquide a été réalisée au travers de l’utilisation d’un modèle MFN

décrivant l’écoulement gaz-liquide. En parallèle, un modèle décrivant les cinétiques de

dissolution chimique, d’oxidations biologiques et de transfert de masse gaz-liquide a été

développé et validé par les résultats expérimentaux précédemment établis. Ce dernier

a été utilisé pour valider les modèles de transfert de masse gaz-liquide. Enfin, par

simplification du modèle MFN gaz-liquide et injection des résultats de cinétique de
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transfert et de consommation d’oxygène, un modèle compartimenté a été obtenu puis

utilisé dans une étude d’extrapolation pour établir des codes de conduite permettant

d’optimiser l’oxygénation des procédés à l’échelle industrielle.

5.2 Etat de l’art

5.2.1 La biolixiviation : une solution face à l’appauvrissement des

ressources minérales

Vers l’exploitations de ressources nouvelles

Au cours des dernières décennies, la demande en métaux a rapidement augmenté en

raison des besoins croissants de la société moderne. Ces besoins reflètent l’importance

des métaux, qui sont devenus une ressource de base essentielle à la fabrication et le

fonctionnement de la plupart des produits de la vie quotidienne, et ce en raison de

leurs propriétés particulières. Cette consommation importance a accru la pression

sur les ressources naturelles suivant l’intensification de l’exploitation minière, ce qui

a provoqué (i) une diminution des réserves de ressources récupérables [1] et (ii) une

baisse constante de la teneur moyenne des minerais [2].

Dans une logique d’optimisation de la rentabilité, l’industrie minière s’est ma-

joritairement concentrée sur les gisements les plus riches. Néanmoins, ces gisements

s’amenuisent, forçant l’exploitation de gisements de moindre valeur pour couvrir la

demande croissante en matériaux. Malgré une optimisation toujours plus poussée

des procédés d’extractions, l’augmentation des coûts d’exploitation (OPEX) demeure

supérieure à l’augmentation des rendements d’extractions [3]. De plus, préoccupations

croissantes concernant l’impact écologique de l’exploitation minière a entrâıné une révi-

sion de la châıne de valeur économique des métaux. À cet égard, de nouvelles façons

d’extraire les ressources ont été développées dans le monde entier afin de maintenir un

approvisionnement suffisant en ressources critiques. Ces améliorations se sont notam-

ment tournées vers l’exploitation de la mine urbaine, représentée par des ressources

provenant de produits finis et comportant des métaux précieux en quantité non nég-

ligeables, ce qui est le cas des cartes électroniques.

Généralités sur le procédé de biolixiviation

Parmi les différents procédés liés à l’extraction des métaux, cette étude s’est concentrée

sur la biolixiviation en raison de sa polyvalence et de son potentiel pour l’extraction des

métaux provenant des ressources de demain (mine urbaine, faible teneur en métaux,

forte teneur en soufre, etc.). La biolixiviation est un procédé hydrométallurgique qui

utilise des solutions aqueuses et des microorganismes pour l’extraction des métaux.

Son principe repose sur deux étapes :
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• Une étape de lixiviation permettant la libération ou la solubilisation du métal

via l’utilisation de milieux acide et oxydant. Par exemple pour l’oxydation de la

pyrite (FeS2) :

FeS2 + 14 Fe3+ + 8 H2O −−→ 15 Fe2+ + 2 SO 2−
4 + 16 H+ (5.1)

• Une étape de régénération de l’oxydant afin d’entretenir l’étape lixiviante. Con-

trairement aux procédés abiotiques qui emploient une régénération chimique,

la biolixiviation utilise des micro-organismes permettant une régénération bi-

ologique de l’oxydant. Cet oxydant sera le plus souvent du fer ferrique (Fe3+) en

raison de sa régénération possible par des bactéries ferro-oxydantes. En reprenant

notre exemple précédent, on obtient donc cette équation :

14 Fe2+ + 3.5 O2 + 14 H+ −−→ 14 Fe3+ + 7 H2O (5.2)

On note également une étape d’oxydation du soufre élémentaire, qui s’accumule en

surface des particules de minerai, bloquant alors la dissolution et donc la libération

des métaux. Pour cela, des bactéries sulfo-oxydantes prennent en charge le soufre

élémentaire pour empêcher la formation de cette couche, comme montrée par l’éq. 5.3.

Cette étape participe aussi à l’acidification du milieu, indispensable à la réaction de

dissolution mais aussi à la limitation de réactions secondaires de précipitations.

S0 + 1.5 O2 + 2 H+ −−→ H2SO4 (5.3)

L’utilisation de microorganismes dans les procédés d’extraction offre comme avan-

tages une diminution des coûts d’exploitation en raison des températures de conduites

plus faibles, une diminution des composants nécessaires à la pérennisation de la réac-

tion de dissolution et enfin une durabilité du procédé grâce à des méthodes plus re-

spectueuses de l’environnement. Depuis sa première mise en place à l’échelle indus-

trielle, la technologie a été continuellement étudiée et affinée pour une meilleure com-

préhension de ses mécanismes physiques, biochimiques et microbiens. Aujourd’hui,

cette technologie est utilisée dans des dizaines de procédés à grande échelle pour la

récupération de métaux et est encore en cours de développement pour élargir son util-

isation à de nouvelles ressources [4, 5]. Néanmoins, les applications commerciales de

la biolixiviation ont été principalement ciblées sur les minerais sulfurés, qui sont les

minerais les plus courants dans la nature, et ont donc fait l’objet de ce travail.

Développement des applications en bioréacteur

Industriellement, deux techniques principales de biolixiviation sont utilisées : la méth-

ode statique (percolation) et la méthode dynamique (agitation) [6]. La lixiviation par
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percolation est centrée sur l’irrigation d’un tas de matériaux sulfurés avec une solution

acide chargée de micro-organismes. Cette méthode est essentiellement utilisée pour

les minerais à faible teneur, tels que les sulfures de cuivre. En outre, le processus est

lent (plusieurs mois, voire années) avec un faible rendement, mais il est intéressant en

raison de ses faibles coûts opérationnels (OPEX) [7].

La méthode dynamique utilise des réacteurs agités en combinaison avec des micro-

organismes pour la solubilisation ou la libération des métaux. Compte tenu des ressources

utilisées, elle s’oppose à la méthode statique en raison des coûts d’investissement

(CAPEX) et des OPEX élevés. Pour cette raison, les bioréacteurs sont surtout utilisés

pour les minerais et les concentrés de haute valeur, contenant des métaux tels que l’or,

le nickel ou le cobalt. Cependant, le processus d’extraction est rapide (plusieurs jours)

et le rendement global est généralement important (plus de 90%) [8]. L’intérêt principal

du procédé de biolixiviation en cuve agitée est la possibilité de contrôler précisément

les différents paramètres opératoires tels que les paramètres physico-chimiques (tem-

pérature, pH, aération, agitation), les paramètres biologiques (consortium microbien)

et la géométrie de la cuve, notamment les mobiles d’agitation, le sparger et les chicanes

[9, 10].

Si la biolixiviation en tas a été jusqu’à présent la méthode préférentielle pour le

traitement des déchets miniers, elle n’est pas toujours la meilleure solution. Les prin-

cipales raisons qui s’opposent au traitement en tas sont la composition des matériaux

à traiter (présence de carbonate ou de fortes concentrations en sulfures) et le manque

d’espace suffisant, en particulier dans les zones densément peuplées comme en Europe.

Des optimisations techniques sont donc encore nécessaires pour que cette technologie

atteigne une viabilité économique pour toutes ressources. Néanmoins, des avancées

récentes ont montré qu’il s’agit d’une technologie appropriée pour répondre aux préoc-

cupations écologiques liées à l’extraction des ressources.

5.2.2 Amélioration de la compréhension du procédé de biolixiviation

par la modélisation

La révolution numérique offre désormais des outils puissants pour aider l’industrie

minière à optimiser ses procédés d’extraction, tels que la modélisation des écoulements,

les méthodes reliées à l’intelligence artificielle et l’apprentissage automatique. Ces out-

ils ont le potentiel d’utiliser les connaissances d’une technologie afin d’optimiser ses

procédés, limitant grandement la nécessité de campagnes expérimentales longues et

coûteuses.

La biolixiviation a été étudiée parmi les procédés de biohydrométallurgie à l’aide
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d’outils de modélisation pour améliorer certains aspects de son fonctionnement. En

tant que processus d’ingénierie biochimique, les modèles existants ont été modifiés

et appliqués pour représenter des phénomènes tels que la croissance microbienne, le

transfert d’oxygène, l’oxydation du minerai, les bilans énergétiques et les phénomènes

de transport [11, 12]. Ces modèles ont été ajustés pour tenir compte de leur corréla-

tion avec les paramètres physico-chimiques du système considéré, comme examiné par

Mahmoud et al. (2017) [13]. Dans notre cas d’étude de la biolixiviation en cuve agitée,

les interrelations entre les facteurs microbiens, minéralogiques, physico-chimiques et

géométriques doivent être pris en compte pour optimiser la conception et l’efficacité du

procédé (Fig. 5.1).

Figure 5.1: Facteurs influençant la biolixiviation en cuve agitée. Figure reproduite de Mah-
moud et al. 2017 [13].

Modélisation des cinétiques biologiques et chimiques

Il est possible de modéliser une partie des réactions chimiques et biochimiques à l’aide

de modèles cinétiques. En particulier, il est nécessaire de décrire les cinétiques chim-

iques (dissolution du minerai) et biologiques (oxydations par les microorganismes).

Dans le mécanisme de lixiviation, la dissolution du minerai sulfuré est une réaction

d’oxydo-réduction. Ainsi, la cinétique de la dissolution est liée aux conditions chimiques

et électrochimiques de l’environnement [14]. De plus, en raison de la nature particulaire

du minerai sulfuré dans les processus de biolixiviation, la variation de la taille des

particules pendant la dissolution joue un rôle important. Compte tenu de ces facteurs,
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Bouffard et al. (2006) ont représenté la vitesse de dissolution d’un minéral sulfuré rs

comme fonction de 3 facteurs [15] :

rs = Gs · dXc,s

dt
= Gs · K(T ) · f(C) · g(dp,0, Xc,s) (5.4)

avec Gs la teneur initiale en minéraux sulfurés, Xc,s le taux de conversion du minerai,

K(T ) une constante de vitesse dépendante de la température, f(C) une fonction chim-

ique dépendant de la composition du milieu et g(dp,0, Xc,s) une fonction topologique

représentant la variation de taille d’une particule sulfurée de taille initiale dp,0.

Ce premier mécanisme est assisté des réactions d’oxydations biologiques du fer

ferreux ainsi que du soufre élémentaire, réalisées par différentes bactéries. Ces dernières

s’obtiennent à partir de la croissance microbienne, usuellement représentée par des

modèles qui la décrive en fonction d’un ou plusieurs substrats limitants et en considérant

ou non des inhibitions provenant de sources variées. Le modèle le plus courant est la loi

de Monod, qui est un modèle empirique simple se basant sur un substrat limitant sans

inhibition [16]. Ce modèle est néanmoins insuffisant pour représenter complètement la

croissance. Dans le cas de la biolixiviation, un modèle à double substrat limitant est

usuellement utilisé, se basant sur le substrat principale de l’oxydation (Fe +
2 ou S0) ainsi

que sur l’oxygène en tant qu’accepteur final des électrons dans la réaction d’oxydation

[17, 18]. Par exemple pour la croissance des bactéries ferro-oxydantes :

µ = µmax ·

[
Fe +

2

]
KFe +

2
+
[
Fe +

2

] · [O2]
KO2 + [O2]

(5.5)

avec µ le taux de croissance,
[
Fe +

2

]
la concentration en fer ferreux, [O2] la concen-

tration en oxygène et KFe +
2

et KO2 les constantes de demi-saturation respective du fer

ferreux et de l’oxygène.

La croissance des bactéries sulfo-oxydantes s’obtient de manière similaire en rem-

plaçant la concentration en fer ferreux par la concentration en soufre élémentaire. Des

modifications additionnelles peuvent être apportées à ces équations pour prendre en

compte l’effet de facteurs physico-chimiques additionnels tels que la température ou

encore le pH.

La grande difficulté de l’utilisation de telles équations est l’obtention des constantes

cinétiques associées. Ces dernières sont dépendantes de la souche bactérienne considérée

et, compte tenu de la grande diversité de microorganismes utilisés en biolixiviation, il

est souvent difficile d’avoir ces données pour tous les constituants d’un consortium

malgré les nombreuses études existantes. De plus, en raison de la variété des consortia

existants, une même bactérie peut présenter différentes constantes selon le milieu dans

lequel elle évolue.
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Modélisation de l’hydrodynamique des réacteurs de biolixiviation

Les modèles cinétiques présentés précédemment n’intègrent de base pas les effets de

l’hydrodynamique du bioréacteur sur la distribution spatiale des concentrations en sub-

strats. Cette hypothèse est presque satisfaite pour les systèmes à petite échelle tels que

les installations de laboratoire, mais elle est probablement rarement atteinte lorsqu’on

considère les processus de biolixiviation habituels à l’échelle industrielle. Les processus

dynamiques sont souvent réalisés dans de multiples cuves dont la taille peut atteindre

1000 m3. De ce fait, les phénomènes de transport peuvent jouer un rôle important sur

l’efficacité du procédé.

La plupart des modèles cinétiques pour les approches en cuve agitée proviennent

des modèles existants pour les procédés statiques, car les constantes cinétiques dépen-

dent principalement des substrats et des micro-organismes utilisés. De plus, des mod-

èles théoriques classiques de transfert de masse gaz-liquide peuvent être utilisés pour

représenter le transfert de masse de l’oxygène dans le milieu de culture [19]. Cependant,

les phénomènes de transport diffèrent fortement des processus statiques car le système

est mélangé mécaniquement. Divers paramètres se sont avérés avoir une influence sur

la distribution des scalaires transportés par l’écoulement, comme le montre la Fig. 5.2.

Un meilleur contrôle de ces paramètres devrait donc améliorer l’efficacité du processus

[20].

Figure 5.2: Représentation d’une cuve agitée solide-liquide-gaz de biolixiviation et des com-
posants influençant le transport des scalaires.

Actuellement, des représentations expérimentales de l’efficacité du mélange du solide
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en cuve agitée existent [20]. De plus, quelques études récentes ont utilisé la modéli-

sation MFN pour représenter l’hydrodynamique triphasique d’un réacteur agité de

bio-oxydation [21, 22]. Cependant, malgré la disponibilité d’études cinétiques et hy-

drodynamiques, aucun modèle ne représente pleinement le couplage de ces méthodes en

cuve agitée, ce qui est critique compte tenu de la complexité et de la taille des réacteurs

industriels de biolixiviation.

5.3 Description expérimentale d’un réacteur de biolixivi-

ation

5.3.1 Etude en présence de microorganismes

Comme mentionné précédemment dans l’état de l’art, la modélisation des procédés de

biolixiviation a permis un certain nombre d’améliorations de la méthode au travers

d’augmentations de productivité. Néanmoins, ces modèles se sont surtout concentrés

sur la méthode en tas et les données disponibles pour les méthodes dynamiques restent

insuffisantes pour représenter complètement un réacteur agité de biolixiviation. Pour

cela, cette partie s’est concentrée sur la description d’un réacteur de biolixiviation à

l’échelle laboratoire au travers d’une étude expérimentale complète. Les expériences

ont été réalisées au travers de 10 réacteurs fermés (batch) de 2 litres, partageant les

mêmes conditions opératoires. Toutes les expériences ont été effectuées en utilisant

le consortium BRGM KCC sur milieu 0Km et un minerai sulfuré majoritairement

composé de pyrite cobaltifère. Des résultats détaillés ont été obtenus au cours du

temps via analyse des métaux (Fe, Co, Cu), des composants majeurs et des gaz.

Pour tous les essais, la cinétique de dissolution de la pyrite a été représentée par

deux phases. Une première phase de lancement, représentée par une activité bactéri-

enne faible car la biomasse contenue dans l’inoculum n’est pas encore fixée au matériau

sulfuré. Durant cette phase, on observe une lente augmentation de la concentration en

cobalt dans le milieu qui traduit la dissolution de la pyrite. A partir du troisième jour,

on entre progressivement dans une seconde phase, marquée par une croissance expo-

nentielle des microorganismes qui est représentée par une augmentation importante du

potentiel électrochimique en raison de la régénération importante du fer ferrique. De

plus, le taux de régénération du fer ferrique devenant supérieur à sa consommation par

la dissolution chimique, on observe une lente augmentation du rapport
[
Fe3+

]
/
[
Fe2+

]
.

Cette phase est également marquée par une diminution rapide du pH en raison de

l’oxydation du soufre élémentaire S0 en H2SO4 par les bactéries sulfo-oxydantes. En

fin de cette phase exponentielle, la population bactérienne se stabilise car sa croissance

est limitée par la formation de Fe2+ et S0. À ce stade, vers le cinquième jour, la vitesse

maximale instantanée de dissolution de la pyrite a été calculée à 434±75 mg l−1 h−1. Il a
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CHAPTER 5. RÉSUMÉ DU TRAVAIL DE THÈSE

été montré qu’après 10 jours d’expérience, le taux de dissolution de la pyrite atteignait

99% de la pyrite initiale.

Des analyses de gaz ont également été réalisées au long des expériences et utilisées

pour observer le taux de consommation d’oxygène (OUR) par la biomasse. Il a été mon-

tré que la tendance de l’OUR suivait celle de la dissolution de la pyrite et atteignait un

OUR maximum de 396±116 mg l−1 h−1, ce qui concorde avec les données précédem-

ment obtenues du taux de dissolution de la pyrite. Après ce maximum observé vers

5 jours, la valeur diminue lentement en raison de l’épuisement de la pyrite accessible.

Ceci est marqué par une diminution de la croissance et de l’activité microbienne.

La cinétique biologique a également été observée en utilisant le comptage de la

biomasse et des méthodes de biologie moléculaire. Dans un premier temps, une anal-

yse des séquences ADN des échantillons par PCR spécifique et SSCP ont permis de

valider la présence des souches bactériennes attendues pour le consortium BRGM-KCC

utilisé, à savoir Leptospirillum ferriphilum, Acidithiobacillus caldus, Sulfobacillus ther-

mosulfidooxidans. A noter que Sulfobacillus benefaciens, normalement présente dans ce

consortium, n’a pas été détectée, ce qui n’est pas anormal compte tenu des conditions

expérimentales choisies.

Dans un second temps, l’influence de la localisation sur la distribution de la biomasse

a été évaluée par qPCR des échantillons précédents. L’observation de ces résultats in-

dique que plus de 99% de la biomasse se trouvait dans le liquide. Cependant, ces

résultats peuvent être discutés compte tenu des inconvénients de la méthode de sépa-

ration utilisée, qui se base sur la gravité. Les abondances relatives des souches ont

également été déterminées dans la pulpe, le solide et le liquide, comme le montre la

figure 5.3. Les résultats montrent que L. ferriphilum était principalement en suspen-

sion dans le liquide tandis que At. caldus et Sb. thermosulfidooxidans se trouvaient

plutôt fixées sur le solide. En examinant l’évolution de ces ratios dans le temps, At.

caldus et Sb. thermosulfidooxidans ont montré une meilleure croissance que le L. fer-

riphilum pendant les deux premiers jours, avec L. ferriphilum ne représentant que 15%

de la biomasse en comparaison des 50% de l’inoculum. Considérant l’importance de

l’élimination de la couche de soufre à la surface du minerai et du fait que At. caldus

est la principale bactérie sulfo-oxydante, la dissolution du minerai est limitée par la

fixation et la croissance de At. caldus. Comme Sb. thermosulfidooxidans est à la fois

sulfo-oxydante et ferro-oxydante, elle assiste le processus d’élimination du soufre tout

en permettant au fer ferreux d’être réoxydé en fer ferrique. Après les premiers jours,

la tendance à la croissance du consortium s’inverse rapidement, car L. ferriphilum

devient la principal bactérie ferro-oxydante, représentant 45% de la biomasse. Cela

entrâıne également une diminution relative de Sb. thermosulfidooxidans jusqu’à 3% de

la biomasse car moins efficace pour convertir le fer ferreux. Enfin, At. caldus était la

sulfo-oxydante principale, comme le montre son ratio de 55% de la biomasse totale en

fin d’expérience.
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(a) Liquid ratio (b) Solid ratio

Figure 5.3: Abondance relative des différentes souches microbiennes dans le réacteur.

5.3.2 Etude abiotique d’un réacteur de biolixiviation

Une étude abiotique a également été réalisée pour caractériser la capacité de la cuve

agitée à homogénéiser le solide, le liquide et les gaz. Ceci a été fait en déterminant

deux paramètres différents : la vitesse minimale de mise en suspension du solide et le

coefficient de transfert de masse gaz-liquide. Les deux paramètres ont été obtenus pour

une large gamme de conditions telles que la taille de particule, la concentration solide,

la configuration du système d’agitation et le débit de gaz.

Les vitesses minimales de mise en suspension du solide ont été modélisées en

l’absence de gaz via la corrélation de Zwietering et déterminées pour deux configu-

rations différentes du système d’agitation. Il a été constaté que tous les résultats pou-

vaient être modélisés à l’aide de la corrélation avec une erreur quadratique moyenne

de moins de 20% de différence entre les valeurs expérimentales et modélisées. Simi-

lairement, en présence de gaz, la corrélation de Zwietering a été adaptée pour prendre

en compte le débit de gaz : en utilisant modèle additif Njsg,add ou un modèle adimen-

sionnel Njsg,na, qui se base sur le nombre d’aération (comme montré Fig. 5.4). Il a été

constaté que Njs,add offrait un bon ajustement aux valeurs expérimentales, avec une

erreur d’approximation moyenne de 4,0% pour les constantes déterminées. Concernant

le second modèle Njs,na, les résultats ont montré une excellente corrélation entre les

résultats expérimentaux et le modèle, représenté par un R2 = 0.95. Ces deux modèles

peuvent donc aisément être utilisés dans la gamme de paramètres employés par cette

étude pour estimer la vitesse de suspension minimale, avec ou sans aération.

Le coefficient de transfert de masse gaz-liquide kla a aussi été déterminé pour des

conditions variées, proches de celles utilisées pour les expériences de biolixiviation. Il

a été montré que l’utilisation d’une configuration avec deux turbines Rushton offrait

un meilleur kla que la configuration avec une turbine Rushton et une hélice A310, et

ce pour toutes les conditions testées. Aussi, considérant la concentration en solide, son
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Figure 5.4: Comparaison des modèles de Njsg en présence de gaz pour plusieurs configurations
d’agitation. Deux modèles ont été étudiés, le modèle additif Njsg,add (gauche) et le modèle
adimensionnel Njsg,na (droite).

augmentation a provoqué un effet positif sur le kla, ce qui peut être due à l’interaction

entre les particules solides et les bulles. Enfin, la corrélation des résultats avec une loi

puissance s’est avérée satisfaisante avec un coefficient de corrélation R2 > 0.90 pour

toutes les conditions testées.

5.4 Modélisation de la suspension des particules et des

contraintes hydromécaniques dans un réacteur de bi-

olixiviation

Ce chapitre s’est concentré sur l’impact de divers paramètres sur la suspension des

particules et sur la contrainte hydromécanique, connus comme des paramètres critiques

pour l’optimisation des conditions de réaction. Pour cela, deux modèles de mécanique

des fluides numériques (MFN) de réacteurs multi-étagés solide-liquide, un à l’échelle

laboratoire et l’autre à l’échelle pilote, ont été simulés. Ces deux modèles ont été validés

en utilisant les boucles d’écoulement du liquide et les nombres de puissance des mobiles

d’agitation utilisés. L’impact de la géométrie du mobile d’agitation inférieur et de la

concentration solide a été évalué sur la puissance nécessaire, l’efficacité du mélange et

la contrainte hydromécanique perçue par les particules.

5.4.1 Impact de la géométrie et de la concentration en solide sur la

dispersion du solide

Afin de décrire le comportement des particules en suspension, la qualité de la suspen-

sion Hs a été estimée. Elle a été calculée comme la moyenne volumique de la différence
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entre la concentration locale et la concentration moyenne en particules solides [23].

Dans le but de déterminer des règles de conduite robustes, la variation de la qualité de

la suspension Hs,adj a été déterminée en fonction de la puissance dissipée par unité de

volume Ptot/V (Fig. 5.5a).

Figure 5.5: Impact du mobile d’agitation sur qualité du mélange Hs,adj (gauche) et sur la
fraction cisaillée SF (droite). Concentration solide : 10% w/w.

La variation de Hs,adj se divise en deux zones distinctes. Pour Ptot/V inférieure à 600

W m−3, Hs,adj a rapidement augmenté jusqu’à une valeur d’environ 0.90 ; concernant

la distribution des particules obtenue pour cette gamme de puissance dissipée, seule

une suspension partielle a été observée. Pour Ptot/V supérieur à 600 W m−3, la valeur

de Hs,adj a lentement augmenté jusqu’à environ 0.95, indiquant une homogénéisation

progressive des particules au-delà de l’état de juste-suspension. Ainsi, une augmenta-

tion substantielle de la consommation d’énergie mécanique est nécessaire pour obtenir

une amélioration mineure de l’homogénéisation des particules. De plus, il a également

été démontré que l’homogénéité totale (Hs,adj = 1.0) n’est pas réalisable car toutes les

conditions testées stagnent en dessous de Hs,adj = 0.95. Ceci pourrait s’expliquer par

le fait que, même pour une forte dissipation de puissance par unité de volume, une

petite région proche de la surface est restée libre ou peu concentrée en particules [24].

Enfin, il est intéressant de noter que, pour une dissipation de puissance par unité de

volume donnée, les variations de Hs,adj étaient approximativement indépendantes de

la conception du réacteur, ce qui signifie que la dissipation de puissance par unité de

volume pourrait être utilisée non seulement comme paramètre d’échelle pour la déter-

mination de l’état de particules juste-suspendues mais aussi pour prédire la qualité de

l’homogénéisation.

L’impact de la concentration solide a également été considéré pour deux échelles

de réacteur différentes, comme le montre la Fig. 5.6. Les résultats des simulations

MFN ont confirmé que l’augmentation de la concentration en solide entrâınait une

élévation de Ptot/V pour atteindre une homogénéisation donnée. De plus, il a également
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été mis en évidence que la valeur asymptotique de Hs,adj obtenue, pour la valeur la

plus élevée de Ptot/V considérée dans cette étude, se réduisait progressivement avec

l’augmentation de concentration du solide. Par exemple pour l’échelle laboratoire,

la puissance nécessaire pour atteindre Hs,adj = 0.90 avec la turbine Rushton était de

(Ptot/V )26% ≃ 2 · (Ptot/V )18% ≃ 6 · (Ptot/V )10%. En ce qui concerne l’échelle pilote, les

résultats ont montré une augmentation logarithmique allant de 38 à 99%, proche des

résultats obtenus à l’échelle laboratoire. Néanmoins, un Hs,adj maximum plus élevé a

été observé à cette échelle, ce qui pourrait s’expliquer par (i) une plus faible hauteur

du mobile d’agitation inférieur ((C/T )2l = 0.42 comparé à (C/T )800l = 0.12) et (ii) une

configuration tri-étagée de l’agitation, permettant une meilleure homogénéisation de la

surface du réacteur. Néanmoins, la valeur maximale de Hs,adj pour chaque configuration

est atteinte pour une valeur de Ptot/V équivalente, ce qui valide l’hypothèse selon

laquelle ce paramètre pourrait être utilisé pour l’optimisation de la conception du

réacteur et le scale-up du procédé.

Figure 5.6: Impact de la concentration en solide sur la qualité du mélange à l’échelle labora-
toire avec une turbine Rushton inférieure (gauche) et à l’échelle pilote (droite).

5.4.2 Impact de la géométrie et de la concentration en solide sur le

stress hydromécanique

En dehors de la détermination de l’efficacité du mélange, ce chapitre a également con-

sidéré l’impact de la contrainte hydromécanique perçue par les particules. Selon la

littérature, les contraintes hydromécaniques agissant sur les particules lorsqu’elles sont

en suspension dans la cuve doivent être déterminées localement et en considérant le rap-

port de la taille des particules dp sur l’échelle de longueur de Kolmogorov lK. Ainsi, ce

paramètre a été affirmé en calculant la fraction cisaillée SF , représentant le pourcent-

age du volume des particules en conditions cisaillées, à savoir dans les zones présentant

des échelles de Kolmogorov inférieures au diamètre des particules (lK < dp).
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La variation de la fraction cisaillée SF avec la qualité de la suspension Hs,adj a été

rapportée dans la Fig. 5.5 et 5.7. Comme on pouvait s’y attendre, la contrainte sur

les particules a augmenté avec la qualité de la suspension pour le réacteur laboratoire

comme pour le réacteur pilote. Cependant, les résultats à l’échelle pilote ont montré

que l’évolution n’était pas strictement linéaire comme observé à l’échelle laboratoire,

pouvant être attribué à une hauteur plus faible du mobile d’agitation inférieur, qui

favoriserait alors la dispersion du solide à des Ptot/V faibles pour lesquelles la fraction

cisaillée est moindre. Dans le cas du réacteur à l’échelle laboratoire, il a également été

montré que toutes les configurations de mobiles d’agitation présentaient la même évolu-

tion linéaire de SF , ce qui signifie que toutes les configurations génèrent une contrainte

similaire sur les particules pour une qualité de suspension donnée. Il est également

intéressant de noter que l’obtention d’une homogénéisation quasi-consistante des par-

ticules implique que presque toutes les particules rencontrent des tourbillons turbulents

potentiellement endommageant, qui pourraient favoriser le détachement du biofilm dans

le cas d’une expérience contenant de la biomasse. En conclusion, bien que chaque con-

figuration et échelle de bioréacteur aient généré des champs de dissipation turbulente

différents, le lien physique entre la vitesse d’écoulement, la dissipation turbulente et les

concentrations de particules a conduit à des relations uniques entre la fraction cisaillée

des particules et la qualité de la suspension.

Figure 5.7: Impact de la concentration en solide sur la fraction cisaillée à l’échelle laboratoire
avec une turbine Rushton inférieure (gauche) et à l’échelle pilote (droite).

L’impact de la concentration en solide sur la fraction cisaillée a également été consid-

éré aux deux échelles, comme le montre la Fig. 5.7. Il a été montré que, pour un Hs,adj

donné, une fraction plus élevée de particules était transportée dans le sous-domaine

inertiel à des concentrations solides plus élevées, entrâınant un SF plus important.

Cependant, pour toutes les concentrations en solide considérées, le paramètre SF a

atteint une valeur proche de 1 pour les degrés d’homogénéisation les plus élevés.
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5.5 Développement d’un modèle compartimenté d’un réac-

teur de biolixiviation multi-échelles

Dans ce chapitre, le développement du modèle de biolixiviation en réacteur agité a été

complété par l’implémentation de la phase gazeuse et l’ajout de modèles cinétiques.

Pour cela, l’impact du gaz sur l’hydrodynamique d’un réacteur de biolixiviation a été

introduit par simulations MFN gaz-liquide à plusieurs échelles (2 et 800 litres). En par-

allèle, une étude cinétique, validée experimentalement, a permis de valider les modèles

de transfert de masse gaz-liquide d’oxygène en présence de bactérie. Une simplifica-

tion du modèle MFN a ensuite été effectué et validée par modélisation d’expérience

de kLa en méthode statique. Enfin, ce modèle a été utilisé dans une étude de montée

en échelle afin de déterminer des critères de conduite de réacteurs allant de l’échelle

pilotes à industrielle.

5.5.1 Modélisation du coefficient de transfert de masse gaz-liquide

Modélisation MFN gaz-liquide des réacteurs de 2 et 800 litres

Les écoulements gaz-liquide ont été simulés par MFN et le coefficient de transfert de

masse kLa a été calculé en utilisant la théorie de la pénétration d’Higbie et les ap-

proches de Danckwerts et Calderbank (Tableau 5.1). Ces résultats ont été comparés

aux mesures expérimentales, à savoir les résultats présentés au chapitre 2 pour le réac-

teur à l’échelle du laboratoire et les données du BRGM pour le réacteur à l’échelle

pilote.

Table 5.1: Coefficients de transfert de masse pour le modèle à l’échelle laboratoire et à l’échelle
pilote.

kLa (s−1)
MFN Expérimental

Higbie Danckwerts Calderbank -
Réacteur 2 l 0.066 0.024 0.006 0.025

Réacteur 800 l 0.077 0.027 0.018 0.030

Les résultats ont montré que tous les modèles présentent un kLa du même ordre

de grandeur que les résultats expérimentaux. La théorie de la pénétration de Higbie a

indiqué une valeur de kLa plus élevée que les résultats expérimentaux (164% pour le

2 litres et 157% pour le 800 litres). Le modèle de Calderbank a montré un meilleur

ajustement que la théorie de la pénétration, en particulier en considérant le réacteur à

l’échelle pilote, mais a prédit des valeurs inférieures aux résultats expérimentaux (76%

pour le 2 litres et 40% pour le 800 litres). Enfin, le modèle de Danckwerts a affiché

les meilleures prédictions pour les deux configurations, avec une erreur de seulement

4% pour le réacteur de 2 litres et 10% pour celui de 800 litres. En comparant les trois
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modèles, le modèle de Danckwerts se montre le plus adapté mais le modèle de Calder-

bank pourrait aussi être utilisé dans le cas du réacteur à l’échelle pilote.

Modélisation cinétique d’un réacteur de biolixiviation

En parallèle de l’étude précédente, un modèle cinétique de biolixiviation a été développé,

en l’absence d’hydrodynamique. Ce dernier intègre les équation cinétiques représen-

tant la dissolution chimique de minerais sulfurés, les oxydations biologique de fer et

de soufre, et le transfert de masse gaz-liquide de l’oxygène. Le bon fonctionnement du

modèle cinétique ainsi que la validité des paramètres cinétiques choisis ont été atestés

par utilisation des résultats expérimentaux obtenus dans le chapitre 2.

L’évolution des paramètres principaux de biolixiviation ont été observés, notam-

ment via l’observation du taux de conversion du matériau sulfuré et de l’évolution de

la concentration en biomasse au cours du temps. La comparaison du taux de conver-

sion modélisé avec celui obtenu expérimentalement a montré un très bon ajustement

avec une erreur relative inférieure à 10% pour la durée de l’expérience. Des observa-

tions similaires ont été faites par observation de l’évolution de la concentration de la

biomasse et du taux de consommation de l’oxygène (OUR) (montré sur la figure 5.8).

Cependant, une vitesse maximale de consommation d’oxygène plus faible a été atteinte,

avec OURmod = 291 mg l−1 h−1 contre les 396 mg l−1 h−1 obtenus expérimentalement.

Sachant que des hypothèses ont dû être formulées pour obtenir l’OUR expérimental au

cours du temps, la valeur maximale observée expérimentalement pourrait éventuelle-

ment être surestimée. Ces résultats montrent que le modèle cinétique a représenté, avec

une erreur acceptable, ce qui s’est passé pendant les expériences. Le modèle peut être

utilisé pour prédire l’évolution des différents composants d’un réacteur de biolixiviation.
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Figure 5.8: Comparaison du taux de conversion expérimental et modélisé pour le réacteur à
l’échelle laboratoire.

5.5.2 Modélisation et prédiction de l’oxygénation d’un bioréacteur de

l’échelle laboratoire à industrielle

Développement d’un modèle compartimenté de transfert, transport et consommation

d’oxygène

Le modèle MFN gaz-liquide précédemment établi a été simplifié par une approche com-

partimentée afin de permettre son utilisation plus rapide et à plus grande échelle. La

division des modèles en compartiments s’est basée sur les données du champ de vitesse

(liquide et gaz) des simulations MFN réalisées précédemment. Selon ces critères, le

réacteur de 2 l a été divisé en 17 compartiments et celui de 800 l en 21 comparti-

ments. La connexion entre les différents compartiments est représentée par un débit

massique de liquide ou de gaz à travers l’interface entre chaque compartiment. Chaque

compartiment a été considéré comme homogène en termes de fraction gazeuse αg, de

dissipation turbulente ε, de pression et de coefficient de transfert de masse kLa. Pour

cela, la valeur moyenne de ces paramètres a été calculée par moyenne volumique sur

l’ensemble des cellules du compartiment.

Le modèle compartimenté a été simulé à l’aide du code commercial MATLAB

R2017a pour représenter la méthode statique de désoxygénation-réoxygénation utilisée

expérimentalement. L’évolution de la concentration en oxygène dissous a été observée

dans chaque compartiment. Le résultat de cette expérience est montré sur la Fig. 5.9,

avec le compartiment 8 sélectionné comme donnée modèle.
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Figure 5.9: Évolution de la saturation en oxygène dissous au cours du temps dans une ex-
périence de désoxygénation-réoxygénation et comparaison avec les valeurs modélisées.

Les résultats ont montré que le modèle était représentatif des mesures expérimen-

tales, démontré par un coefficient de détermination R2 = 0.99. La légère variation

observée dans l’évolution et la valeur maximale pourrait être due à l’hypothèse de

modélisation utilisée dans la simulation CFD et le modèle de compartiment. Bien que

les données modélisées soient présentées pour le compartiment 8, il a été constaté que

peu ou pas de différences ont été observées entre les compartiments, avec une variation

standard maximale de 0.05 mg l−1 pour la concentration d’oxygène dissous.

Montée en échelle du modèle compartimenté afin établir des règles de conduite

Dans cette dernière étude, une extrapolation du réacteur de 800 l a été effectué en se

basant sur les données du modèle compartimenté précédemment établi. Pour cela, une

méthode basée sur des similarités géométriques entre deux échelles a été appliquée, se

basant sur le rapport de taille KL entre deux points similaires de chaque réacteur.

A partir de cette méthode, le réacteur a pu être extrapolé à plusieurs échelles :

8, 80, 800 et 2000 m3. Les différents modèles ainsi obtenus ont été utilisés dans des

expériences d’oxygénation supposant un terme de consommation bactérienne constant

en tout point du réacteur. Dans notre cas, le taux de consommation maximum de

360 mg l−1 h−1 observé expérimentalement a été utilisé. Les résultats, présentés en

Fig. 5.10, montrent que plus l’échelle du réacteur est importante et plus la concen-

tration globale moyenne en oxygène augmente dans le milieu. Cela s’explique par

l’augmentation de la hauteur de liquide qui permet l’accroissement de la saturation en

oxygène. Néanmoins, l’écart standard de concentration en oxygène dissous entre deux

compartiments augmente aussi avec l’échelle. En effet, on observe seulement 2 % de

différence entre les compartiments pour le réacteur de 800 l mais plus de 29 % pour

celui de 2000 m3.
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Figure 5.10: Variation de la moyenne et de l’écart type en concentration en oxygène dis-
sous dans le réacteur. Les données entourées correspondent à V = 2000 m3 et rO2 =
1800 mg l−1 h−1.

Une seconde stratégie a été menée en ajoutant une consigne sur la concentration

en oxygène dissous dans le réacteur pour chaque échelle, représentée par un comparti-

ment donné. Cette consigne a été fixée à 50 % de la saturation en oxygène d’un air à

pression atmosphérique (O2,l ≃ 5 mg l−1) et agissait sur la fraction d’oxygène injectée

par le sparger afin de représenter son impact avec les données disponibles. Ces résul-

tats se sont avérés satisfaisant pour le 800 l où la consigne a permis de maintenir une

concentration en oxygène dissous constante partout dans le réacteur. Néanmoins, des

différences importantes ont été observées pour le réacteur de 2000 m3, influencées par

la position de la sonde. Ces résultats suggèrent qu’à l’échelle industrielle, (i) une mod-

élisation compartimentée devrait être effectuée en amont de la conception du procédé

afin de déterminer la position optimale de la sonde permettant la régulation d’oxygène

et (ii) la consigne doit être reconsidérée à la hausse pour permettre que chaque zone

du réacteur soit suffisamment aérée.

5.6 Conclusion et perspectives

L’objectif du présent travail de thèse était de modéliser et de simuler l’effet des phénomènes

de transport sur le microenvironnement bactérien à travers le développement d’un mod-

èle hydrocinétique couplé de biolixiviation en réacteur agité. Comme expliqué dans ce

manuscrit, l’hydrodynamique a un impact critique sur l’efficacité des réactions de bi-

olixiviation.
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Une description complète d’un réacteur de biolixiviation a été effectuée au travers

d’une campagne expérimentale approfondie. Cette campagne a permis d’obtenir un cer-

tain nombre de paramètres cinétiques (dissolution de la matière sulfurée, oxydations

biologiques, transfert de masse gaz-liquide de l’oxygène) nécessaires à la validation des

modèles établis dans ce travail. De même, des paramètres abiotiques ont été déterminés

(Njs, kLa) pour quantifier l’hydrodynamique du réacteur. Suite à cette campagne, un

premier modèle MFN solide-liquide a été établi pour présenter l’impact de la géométrie

de l’agitation et de la concentration en solide sur la suspension des particules solides et

sur le stress hydromécanique perçu par les particules. Ensuite, un second modèle MFN

gaz-liquide a été décrit et utilisé pour représenter le transfert de masse gaz-liquide de

l’oxygène. Ce modèle a ensuite été simplifié en utilisant une approche compartimentée

puis utilisé avec succès pour représenter l’évolution de l’oxygène au cours du temps

dans le réacteur. Une extrapolation des modèles de l’approche compartimenté a été

effectué avec succès pour établir des critères de conduite de réacteurs allant de l’échelle

laboratoire (2 l) à l’échelle industrielle (jusqu’à 2000 m3).

En perspectives pour ce travail, des ajouts seraient appréciables pour le modèle

afin de permettre sa généralisation. Dans notre cas, l’étude complète a été réalisée sur

deux échelles, à 2 et 800 l et l’étude à plus haute échelle s’est effectuée sur le transfert

de masse gaz-liquide seul. Une étude élargissant l’extrapolation à la suspension des

particules et aux cinétiques biologiques et chimique serait intéressante. De plus, cette

étude pourrait aussi prendre en compte l’impact de la géométrie sur la dispersion du

gaz et la suspension du solide car cruciale dans le procédé de biolixiviation. Enfin, con-

sidérant le modèle cinétique, seuls un seul type de solide et une bactérie de chaque type

(ferro-oxydante et sulfo-oxydante) ont été considérés. L’ajout de la plupart des solides

ainsi que des bactéries communément utilisées en biolixiviation en réacteur élargirait

le champ d’utilisation du modèle. Le modèle de base ainsi que ces améliorations of-

friraient alors un outil modulable d’optimisation d’un réacteur de biolixiviation, peu

importe l’échelle considérée.
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Abstract

Extractive bioleaching is a range of technologies aiming at recovering metals contained

in mineral resources using biological means. It was successfully implemented at the

industrial scale and used either in the form of dump or heap treatments, or by using

large-scale stirred tank reactors (STR). Recently, bioleaching is evolving towards the

exploitation of unusual resources (very low-grades, complex mineralogy, or high sul-

phur content) caused by the declining trend in mean ore grades. Bioleaching STR have

proven to be more efficient than the dump or heap treatments for the treatment of

high-value resources (such as refractory gold ores) mainly thanks to the better con-

trol over the process. However, it still needs further technical optimization to reach

economic viability in the case of unconventional resources. In this PhD work, a cou-

pled bioleaching STR hydrokinetic model was developed to model and simulate the

bacterial microenvironment / response to the local heterogeneities of the tank in or-

der to establish optimization criteria. First, an experimental study was performed at

laboratory-scale to obtain the data necessary for the calibration of the various models.

This includes bioleaching tests in STR to gather kinetics parameters and abiotic stud-

ies to determine essential hydrodynamics parameters (Njs, kla). On a second study, a

multi-scale solid-liquid CFD model was developed and simulated using various condi-

tions of impeller geometries, solid concentrations, and agitation rates. The impact of

these conditions on solid homogeneity and particle stress was assessed and basic sizing

rules were extrapolated from the results. Lastly, a hydro-kinetic model of a multi-scale

bioleaching STR was developed. For this, a CFD model describing the gas-liquid flow

was developed and simplified using a compartment approach. This approach was mod-

elled on MatLab and combined with previous results on kinetic and solid-liquid models.

Finally, the compartment hydro-kinetic model was used to characterize the kinetics of

bioleaching and was compared with experimental data.
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Résumé

La biolixiviation extractive est un ensemble de technologies visant à récupérer les

métaux contenus dans les ressources minérales via l’assistance de microorganismes.

Ces technologies ont été mises en œuvre avec succès à l’échelle industrielle et utilisées,

soit sous la forme de traitements en tas, soit en utilisant des réacteurs à cuve agitée à

grande échelle. Récemment, la biolixiviation a évolué vers l’exploitation de ressources

non communes (très faibles teneurs, minéralogie complexe ou forte teneur en soufre)

causée par la tendance à la baisse des teneurs moyennes en métaux contenus dans les

minerais. La biolixiviation en cuve agitée s’est avérée plus efficace que les traitements

en décharge ou en tas pour le traitement des ressources de grande valeur (comme les

minerais d’or réfractaire), principalement grâce à un meilleur contrôle du processus.

Cependant, ce traitement doit encore être optimisé sur le plan technique pour attein-

dre une viabilité économique dans le cas des ressources non conventionnelles. Dans ce

travail de thèse, un modèle couplé hydrocinétique de biolixiviation en réacteur a été

développé pour modéliser et simuler le microenvironnement bactérien et sa réponse aux

hétérogénéités locales du réacteur afin d’établir des critères d’optimisation. Pour cela,

une étude expérimentale a été réalisée à l’échelle laboratoire afin d’obtenir les données

nécessaires à la calibration des différents modèles. Cette étude comprenait des tests de

biolixiviation en cuve agitée pour recueillir les paramètres cinétiques, et des études abio-

tiques pour déterminer les paramètres hydrodynamiques essentiels (Njs, kla). Dans une

seconde étude, un modèle CFD multi-échelle solide-liquide a été développé et simulé en

utilisant différentes conditions de géométries de mobiles d’agitation, de concentrations

en solide et de vitesses d’agitation. L’impact de ces conditions sur l’homogénéité du

solide et la contrainte mécanique perçue par les particules a été évalué et des règles de

base de dimensionnement ont été extrapolées à partir des résultats. Enfin, un modèle

hydrocinétique d’un réacteur de biolixiviation multi-échelle a été développé. Pour cela,

un modèle CFD décrivant l’écoulement gaz-liquide a été formulé et simplifié en util-

isant une approche par compartiments. Cette approche a été modélisée sur MatLab et

combinée avec les résultats précédents sur les modèles cinétiques et d’hydrodynamique

solide-liquide. Enfin, le modèle hydrocinétique compartimenté a été utilisé pour carac-

tériser la cinétique de biolixiviation puis comparé aux données expérimentales.
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